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Abstract 
Carbon dioxide (CO2) has been seriously considered as an alternate refrigerant for HCFC and HFC fluids, 
due to the increasing interest of environmentally safe refrigerants in air-conditioning and refrigeration systems. In 
this study, CO2 flow boiling heat transfer coefficients and pressure drop are measured in macro-scale (6.1 and 3.5 
mm) tubes at evaporation temperatures of –15 and –30 °C. The measured results show that the nucleate boiling is a 
main heat transfer mechanism in the 6.1 mm tube and the contribution of convective boiling becomes greater with 
the decrease of tube diameters and the increase of mass fluxes. The surface roughness of the 6.1 and 3.5 mm tube 
are presented by SEM and AFM images and surface profiles, and it is shown that the rougher surface of the 6.1 mm 
tube can affect the flow boiling heat transfer. The CO2 heat transfer coefficients and pressure drop are measured in a 
mini-scale (0.89 mm) multi-ported tube at the evaporation temperature of –30 °C. Also, R410A and R22 flow 
boiling heat transfer coefficients and pressure drop in a macro-scale (6.1 mm) tube were measured, and they are 
compared with CO2. This comparison presents that the CO2 flow boiling heat transfer coefficients are higher than 
R410A and R22 at low vapor qualities, and CO2 pressure drop is significantly lower than R410A and R22. This 
advantageous characteristic for CO2 could be explained by properties such as surface tension, reduced pressure, and 
the density ratio of liquid to vapor. The prediction of heat transfer coefficients and pressure drop was performed by 
general correlations and the calculation results are compared with measured values. Two-phase flow patterns were 
visualized for CO2 and R410A in the 6 and 3 mm glass tubes, and they are compared with the Weisman et al. and 
the Wojtan et al. flow pattern maps. The flow pattern maps can determine the flow patterns relatively well, except 
the transition from intermittent to annular flow. 
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Chapter 1. Introduction 
1.1 Background 
Carbon dioxide (CO2) has been seriously considered as an alternate refrigerant of HCFC and HFC fluids, 
due to the increasing interest of environmentally safe refrigerants in air-conditioning and refrigeration systems. The 
higher operating pressure of CO2 system compared to conventional refrigerants was an important restriction to retard 
applying CO2 to air-conditioning and refrigeration systems. However, with the development of materials and 
production technology for high pressure systems, some commercial products using CO2 as a working fluid, 
including mobile and stationary air-conditioning systems, and hot water heat pumps, are already on the market. As 
the application of CO2 to real systems increases, accurate measurements of the flow boiling heat transfer and 
pressure drop, and a better understanding of the heat transfer mechanisms are required for good heat exchanger and 
system designs over wide ranges of operating conditions. According to these needs of manufacturers, many studies 
have been performed to measure flow boiling heat transfer measurements. Most of these studies are focused on 
evaporation temperatures above –5°C, which is the temperature range for air-conditioners. These studies showed 
that the CO2 flow boiling heat transfer coefficients were much higher than conventional refrigerants at low vapor 
quality regions, and they decreased with the increase of vapor quality at the evaporation temperatures above 0°C, 
approximately. The CO2 flow boiling heat transfer coefficients with evaporation temperatures below –10°C started 
to be reported by Bredesen et al. (1997). Their measurement presented that the high CO2 heat transfer coefficients 
did not decrease with the increase of vapor quality. Although this potential advantage for CO2 application to 
refrigeration systems exists, the flow boiling heat transfer data for CO2 at low evaporation temperatures are very 
limited and they showed discrepancy. Also, the pressure drops and flow patterns for CO2 have been reported only by 
a small number of open literatures, even though they are important for heat exchanger designers and heat transfer 
researchers.  
1.2 Research Objectives and Scopes 
This study was motivated by two objectives. One was providing experimental results of CO2 flow boiling 
heat transfer, pressure drop and flow patterns in round tubes with different sizes at low evaporation temperatures. 
The other was an experimental comparison of CO2 with R410A and R22 for the characteristics of heat transfer 
coefficients, pressure drop and flow patterns at low evaporation temperatures. In order to achieve the above research 
objectives, the following studies were performed:  
• measuring the CO2 flow boiling heat transfer coefficient and pressure drop in macro-scale (6.1 and 3.5 
mm) tubes and in a micro-scale (0.89 mm) multi-ported tube at evaporation temperatures of –15 and –
30°C,  
• examining the tube size effect on CO2 heat transfer and pressure drop,   
• measuring R410A and R22 flow boiling heat transfer coefficients and pressure drop in a macro-scale 
(6.1 mm) tube,  
• comparing CO2 heat transfer coefficients and pressure drop with R410A and R22 at low evaporation 
temperatures, 
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• investigating the effect of CO2, R410A, and R22 thermophysical properties on heat transfer 
coefficients, pressure drop, and flow patterns, 
• comparing the measured heat transfer coefficient and pressure drop with calculated values by general 
correlations to predict heat transfer coefficient and pressure drop, 
• visualizing CO2 and R410A flow patterns in 3 and 6 mm glass tubes, and comparing with flow pattern 
maps. 
1.3 Thesis Structure 
In this thesis, Chapter 2 provides a fundamental theory about flow boiling heat transfer, pressure drop and 
flow patterns. A literature review of previous studies about CO2 heat transfer coefficient, pressure drop, and flow 
patterns is presented in Chapter 3. The information about the test facility, data reduction method, and uncertainty 
analysis is provided in Chapter 4. Chapter 5 presents the measured flow boiling heat transfer coefficients for CO2, 
R410A, and R22 in the 6.1, 3.5 and 0.89 mm tubes, and the coefficients are compared with the heat transfer 
correlations in this chapter. The investigation of the two-phase flow pressure drop is shown in Chapter 6 for CO2, 
R410A, and R22 in the 6.1, 3.5 and 0.89 mm tubes. Finally, visualized flow patterns are provided in Chapter 7 for 
CO2 and R410A in the 6.1 and 3.5 mm tubes, and the patters are compared with flow pattern maps. 
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Chapter 2. Introduction to Two-Phase Flow 
2.1 Flow Boiling Heat Transfer 
2.1.1 Background 
Flow boiling in tubes and channels is a very complex heat transfer process with phase change. Generally, it 
is known that the in-tube flow boiling is characterized by the two-phase flow pattern and the dominant heat transfer 
mechanism. As flow boiling proceeds along tubes, the velocity of liquid and vapor increases, and the velocity 
difference between the two phases becomes larger. Two-phase flow pattern is determined by void fraction, gravity, 
surface tension, and shear force between liquid and vapor phases. For horizontal flow, bubbly flow is usually 
observed at very low quality and the bubbles mainly occupy the upper part of a tube due to their buoyancy. As 
quality increases, bubbly flow develops to plug, slug, stratified, wavy, annular, and mist (droplet) flow as shown in 
Figure 2.1. Small bubbles in bubbly flow coalesce into larger plug-type bubbles with the increase of quality. The 
plug-type bubbles flow at the upper part of a tube. This type of flow is called plug flow. At high liquid flow rate, 
liquid slug, which may contain small bubbles, can span the entire cross-section of a tube in slug flow. At somewhat 
higher qualities and low flow rates, stratified flow can be observed. In the stratified flow, liquid flow at the bottom 
of a tube is separated from vapor flow at the upper part of the tube by a smooth interface. With the increase of 
quality or flow rate, the smooth interface in stratified flow becomes Helmholtz-unstable. As a result, the interface 
becomes wavy and this type of flow is referred to wavy flow. Annular flow is observed at higher quality regions. In 
annular flow, vapor flows in the core of the tube, while liquid flows in a continuous annulus along the tube wall. 
Due to buoyancy effect, the liquid film on the top part of the tube tends to be thinner than the film on the bottom 
part. Strong lateral Reynolds stresses caused by high vapor flow rates and the shear resulting from secondary flows 
can distribute liquid more evenly around the tube parameter. As a result, gravity force is small compared to shear 
forces. After the liquid film in annular flow dries out, mist (droplet) flow follows. In mist (droplet) flow, tiny liquid 
droplets flow in vapor flow with no remaining liquid film on the tube wall. Two-phase flow patterns can also be 
classified by four types of flow patterns, such as dispersed, intermittent, separated, and annular flow. Based on this 
classification, bubbly flow is a form of dispersed flow, and intermittent flow can include slug and plug flow. 
Stratified and wavy flow can be categorized as a form of separated flow.  
Since Chen (1966) analyzed saturated flow boiling with the combination of two different heat transfer 
mechanisms, many researchers have explained the flow boiling mechanism as the superimposed effect of nucleate 
boiling and convective evaporation. Pure nucleate boiling is a pool boiling regime ranging from the onset of 
nucleate boiling to maximum heat flux. In the nucleate boiling regime, vapor bubbles are initiated on a heated 
surface, and their growth, detachment from the wall and movement in a liquid phase occur. Nucleate boiling heat 
transfer is a strong function of surface condition, heat flux and wall superheat, because nucleate boiling is a 
phenomenon in a pool which excludes the influence of mass flux and vapor qualities on heat transfer. Pure 
convective evaporation includes heat transfer in a liquid film on a surface without any bubble formation and 
evaporation at the liquid-vapor interface. Convective evaporation heat transfer depends on liquid and vapor 
velocities, which are determined by mass flux and vapor quality. As a result, if a heat flux or a wall superheat is 
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insufficient for the onset of nucleate boiling in a flow boiling condition, the flow boiling heat transfer is independent 
of a heat flux because only the convective boiling occurs.  
 
Figure 2.1 Two-phase flow patterns in horizontal tubes at evaporation process. Reproduced from Collier and 
Thome (1994) 
 
Figure 2.2 Qualitative variation of the heat transfer coefficient and flow regime with quality for internal flow 
boiling in a horizontal tube. Reproduced from Carey (1992) 
Figure 2.2 presents the schematics for a low heat flux vaporization process in a tube in which subcooled 
liquid enters and superheated vapor leaves. In the vaporization process, the mean flow velocity for liquid and vapor 
phase should increase significantly in order to maintain a specified mass flow rate because the mean density of a 
flow decreases. This velocity change for liquid and vapor results in the development of two-phase flow pattern from 
bubbly to plug, plug to annular, and annular to mist flow as shown in Figure 2.2. With a continuous change of flow 
patterns, the heat transfer mechanism also varies along a heated tube, which makes the flow boiling heat transfer 
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more complicated. Nucleate boiling is a dominant heat transfer mechanism near the onset of nucleate boiling and at 
low quality regions where void fraction is small. As flow boiling progresses along a tube, void fraction increases in 
the tube and the contribution of convective evaporation at liquid-vapor interface to flow boiling heat transfer 
increases. At low to moderate qualities, nucleate boiling and convective evaporation are important heat transfer 
mechanisms. However, convective film evaporation becomes the dominant heat transfer mechanism with increasing 
quality because the liquid film thickness becomes thinner. In a thin liquid film, nucleate boiling may be suppressed 
because the bubble generation cannot be generated and convective evaporation remains an active heat transfer 
mechanism as presented in Figure 2.2. The thinning process of liquid film is caused not only by liquid film 
evaporation, but also by the entrainment of liquid droplets which occurs on the liquid-vapor interface at the latter 
annular flow regime. Eventually, the liquid film disappears on a part of tube surface, which is called dryout or 
partial dryout, and it usually occurs at the top part of tube surface in horizontal flow due to the gravity effect.  
Generally, flow boiling heat transfer coefficients tend to continuously increase with the increase of vapor 
quality prior to the onset of dryout, because the heat transfer across a thin liquid film becomes more effective as the 
film becomes progressively thinner. After partial dryout occurs, flow boiling heat transfer coefficients start to 
decrease. It is because the film evaporation, which is a significantly more effective heat transfer mechanism than 
convective heat transfer for a single-phase, can exist only at the partially wetted part of the tube surface. With the 
progress of evaporation in a tube, the wetted area on the tube surface decreases, which causes the decrease of heat 
transfer coefficient, and the liquid film completely disappears on the tube surface. Even though the liquid film does 
not remain on the tube wall, entrained liquid droplets still exist in the vapor flow. The flow pattern for this regime is 
mist flow because of the entrained liquid droplets. The droplets can be vaporized by a combination of mechanisms, 
such as radiation, convection through the gas, and collisions and near collisions of droplets with the tube surface. 
This heat transfer mechanism is significantly ineffective. As a result, the heat transfer coefficient is much lower than 
the values associated with nucleate boiling or convective evaporation heat transfer. The heat transfer coefficients for 
mist flow decrease with the quality increase, and they are eventually equivalent to the value for single-phase vapor 
flow. 
2.1.2 Scale effect on heat transfer 
The flow boiling phenomena explained in section 2.1.1 are general heat transfer mechanisms for 
conventional tubes which usually have a diameter of 6 mm or larger. Recently, with the technology development of 
manufacturing small scale channels and heat exchangers, the studies of flow boiling heat transfer in small channels 
have been performed for the application of heat sinks for electronic chip cooling and compact heat exchangers. 
These studies, which were reviewed by Kandlikar (2002), presented significantly different heat transfer and flow 
pattern phenomena from the transport phenomena observed in conventional tubes. The difference between flow 
boiling in conventional and in small scale channels can be characterized by the effect of surface tension and pressure 
drops. Surface tension, which influences two-phase flow patterns and bubble generation on a surface, becomes more 
important in small channels. As a result, stratified flow can exist only in very low flow rates and a two-phase flow 
usually has isolated bubble, confined bubble, and annular flow patterns in flow boiling processes, as presented in 
Figure 2.3. In the confined bubble, also called slug (plug) and churn flow, the slip velocity is small and most of the 
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liquid flows in a thin liquid film along the wall, while the vapor flows mostly in the core of the channel due to the 
effect of surface tension. Kandlikar (2002) proposed that the pressure drop characteristics in small channels should 
be influenced by the evaporation of the liquid phase because an acceleration pressure drop component could be quite 
larger at higher heat fluxes due to the small channel dimension.  
 
Figure 2.3 Schematic of flow patterns observed in 1.2 × 0.9 mm2 parallel rectangular channels. Reproduced from 
Cornwell and Kew (1992) 
Based on flow patterns in small channels, Kew and Cornwell (1997) proposed flow boiling heat transfer 
mechanisms, such as nucleate boiling, confined bubble evaporation, convective boiling and partial dry-out. The 
contribution of single-phase convection to liquid slug was assumed to be insignificant for flow boiling in a single 
small channel. In the isolated bubble flow pattern, nucleate boiling was proposed as a dominant heat transfer 
mechanism. Either nucleate boiling or confined bubble evaporation was assumed to be an important heat transfer 
mechanism in the confined bubble flow pattern because the conduction heat transfer through a liquid layer on a tube 
surface, bubble generation in the liquid layer, and evaporation on the liquid-vapor interface could occur, 
simultaneously. The convective boiling, which included conductive and convective heat transfer through a liquid 
film and evaporation of the liquid film, was considered to be an important heat transfer contribution in the annular 
flow pattern. It was noted that a certain heat transfer mechanism was not consistent exactly with a flow pattern in a 
small channel.  
A threshold diameter, which divides small channels and conventional large diameters, should be considered 
seriously, because the analysis of flow boiling heat transfer mechanisms and the application of general correlations 
should be different according to the tube diameters. Many researchers suggested the threshold diameter, and the 
three criteria which are most widely cited in open literature are summarized in Table 2.1. Kew and Cornwell (1997) 
proposed a parameter, the confinement number (Co), in order to present the border of applying existing correlations 
and Eq. (2.1) presents the definition of Co. 
)(
1Co
vlh gD ρρ
σ
−=  (2.1) 
They presented that the existing general correlations for predicting flow boiling heat transfer coefficients were not 
appropriate to calculate the heat transfer coefficients for narrow channels having a confinement number of the order 
of 0.5 and above. Also, they commented that the evaporative heat transfer was dominated by conduction through a 
thin layer of liquid on the heated surface and evaporation at the interface of the thin layer and vapor core in very 
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small gaps with confinement numbers on the order of 10 and above. The threshold diameters, proposed by Kew and 
Cornwell (1997), Menhendale et al. (2000), and Kandlinkar (2002) are presented in Figure 2.4 for CO2, R410A and 
R22 with respect to saturation temperatures. Mehendale et al. (2000) gave the classification of hydraulic diameters 
based on the channel applications to heat exchangers as follows: Micro-heat exchangers: Dh = 1 – 100 μm; meso-
heat exchangers: Dh = 100 μm – 1 mm; compact heat exchangers: Dh = 1 – 6 mm; conventional heat exchangers: Dh 
> 6 mm. Also, Kandlikar (2002) arranged the ranges of hydraulic diameters with the scale of application devices: 
microchannels: Dh = 10 – 200 μm; minichannels: Dh = 200 μm – 3 mm; conventional channels: Dh > 3 mm. 
Although a few publications proposed some guidelines for the scales of hydraulic diameters which affect the heat 
transfer, it seems that any principle is not enough to predict the threshold diameter which defines the heat transfer 
mechanism transition between large and small tubes.  
Table 2.1 Existing classifications of tube diameters 
Kew and Cornwell (1997) Menhendale et al. (2000) Kandlinkar (2002) 
Description Co Description Dh Description Dh 
Evaporative heat 
transfer dominant > order of 10 
Micro heat 
exchanger 1 – 100 μm Microchannel 10 – 100 μm 
Deviating much 
from existing HTC 
correlations 
0.5 – order of 10 Meso heat exchanger 100 μm– 1 mm Minichannel 
200 μm – 3 
mm 
Following existing 
HTC correlation < 0.5 
Compact heat 
exchanger 1 – 6 mm 
Conventional 
channels > 3 mm 
  Conventional heat exchanger > 6 mm   
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Figure 2.4 Threshold diameters for CO2, R410A and R22 with respect to saturation temperatures based on Kew 
and Cornwell (1997), Menhendale et al. (2000), and Kandlinkar (2002) 
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2.1.3 General correlations for saturated flow boiling in macro-scale tubes  
In order to analyze and predict the heat transfer coefficients for a flow boiling process in tubes and channels 
where liquid phase enters and vapor phase leaves, empirical correlations are required for the two-phase flow and 
phase change phenomena; onset of nucleate boiling, subcooled flow boiling, saturated flow boiling, critical heat flux 
conditions including dryout, and post critical heat flux conditions with convective film boiling and mist flow 
evaporation. Extensive overview and explanation about the phase-change phenomena and correlations are presented 
by Collier and Thome (1994), and Carey (1992). In this chapter, the correlations for saturated flow boiling are 
discussed because the purpose of this study is focused on the characteristics of CO2 in saturated flow boiling. Based 
on equation forms, Webb and Gupte (1992) classified the general correlations for saturated flow boiling condition 
into three models; superposition, asymptotic, and enhancement model. Table 2.2 presents the equation form and 
general correlations for each model. It is not necessary to show all correlations here in detail because most of the 
correlations can easily be found in the papers and text books referred to in this study. Instead, each model is 
explained carefully with presenting one typical correlation. 
Table 2.2 Classifications of general correlations for macro-scale tubes based on equation forms 
 Equation form General equations 
superposition 
model cenb hhh +=  Chen (1966), Bennett and Chen (1980), Gungor  and Winterton (1986) 
asymptotic model nn
ce
n
nb hhh
1
])()([ +=
 
Liu and Winterton (1991) , Steiner and Taborek (1992), 
Wattelet et al. (1994), Kattan et al. (1998c) 
enhancement 
model lhEh ⋅=  Schrock and Grossman (1959), Shah (1982), Gungor and Winterton (1987), Kandlikar (1990) 
nb: nucleate boiling contribution, ce: convective evaporation contribution, 
E: enhancement factor, l: liquid phase 
 
The superposition model assumes that the flow boiling heat transfer coefficients can be calculated by 
adding two contributions of heat transfer mechanisms; nucleate boiling and convective evaporation heat transfers. 
The Chen (1966), Bennett and Chen (1980), and Gungor and Winterton (1986) correlations applied the 
superposition concept. The Gungor and Winterton (1986) correlation was developed based on water, refrigerants, 
and ethylene glycol data for vertical upward and downward flows and horizontal flows. The basic equation form of 
Gungor and Winterton (1986) correlation is shown as Eq. (2.2).  
lNcBTP hEhSh ⋅+⋅=  (2.2) 
In the right hand side of Eq. (2.2), the first term, which consists of S (empirical boiling suppression factor) and hNcB 
(nucleate pool boiling coefficient), is the nucleate boiling heat transfer contribution and the second term, including E 
(convection enhancement factor) and hl (single-phase convection coefficient), presents the convective evaporation 
heat transfer contribution. The factors and heat transfer coefficients in Eq. (2.2) are as follows. 
86.016.1 )/1(37.1Bo240001 ttXE ++=  (2.3) 
)/(PrRe023.0 4.08.0 Dkh llll ⋅=  (2.4) 
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)Re00000115.01(/1 17.12 lES +=  (2.5) 
67.05.055.012.0 )ln4343.0(55 qMPPh redredNcB
−−−=  (2.6) 
Eq. (2.4) is the Dittus-Boelter correlation based on the local liquid fraction of the flow, G(1–x) and Eq. (2.6) is the 
Cooper (1984) correlation which has units of W/m2K with the units of q (heat flux) as W/m2. Also, Gungor and 
Winterton (1986) considered the effect of flow direction on heat transfer coefficients. For a horizontal flow, 
stratified flow is assumed to occur when the Froude number is below 0.05, and the E and S should be corrected by 
multiplying by E2 and S2, respectively.  
)Fr21.0(
2 Fr loloE
−=  (2.7) 
5.0
2 FrloS =  (2.8) 
The asymptotic model applies the two contributions with power-type addition as Eq. (2.9) shows.  
nn
ce
n
nb hhh
/1])()([ +=  (2.9) 
For the choice of the exponent n, there is no theoretical criteria. Liu and Winterton (1991) used n=2, and Steiner and 
Taborek (1992), and Kattan et al. (1998c) applied n=3. Wattelet et al. (1994) developed an asymptotic model based 
on heat transfer coefficient data for R12, R22, R134A, and R410A with n=2.5 as presented as Eq. (2.10). 
5.2/15.283.05.2 ]])925.11[([ RhXhh lttNcBTP
−++=  (2.10) 
2.0Fr32.1 loR= , for 25.0Fr <lo  (2.11a) 
1=R ,  for 25.0Fr ≥lo  (2.11b) 
In Eq. (2.10), hNcB is calculated by the Cooper (1984) correlation presented by Eq. (2.6) and hl is estimated by the 
Dittus-Boelter correlation shown in Eq. (2.4). R is a correction factor for separated flow caused by low mass flux 
effects, and it is selected by a value of the Froude number as presented in Eq. (2.11a and b).  
The enhancement model was introduced by Shah (1976) with a chart presenting enhancement factors which 
should be multiplied to single-phase convective heat transfer coefficients in order to obtain flow boiling heat transfer 
coefficients. Schrock and Grossman (1959), Gungor and Winterton (1987) and Kandlikar (1990) used this model to 
develop their general correlations. Shah (1982) proposed the following computational scheme which was based on 
his previous chart correlation.  
lsTP hh ⋅=ψ  (2.12) 
In Eq. (2.12), hl can be obtained by Eq. (2.4), the Dittus-Boelter equation and ψs (enhancement factor for single-
phase convective heat transfer) is a complicated function of vapor quality, densities of liquid and vapor, the Boiling 
number, and the Froude number. ψs can be divided into three types; ψcb (for convective boiling regime), ψnb (for 
nucleate boiling regime), and ψbs (for boiling suppression regime), and ψs can be obtained by comparing ψcb with ψnb 
and ψbs for each regime. 
5.08.01
⎟⎟⎠
⎞
⎜⎜⎝
⎛⎟⎠
⎞⎜⎝
⎛ −=
l
v
S x
xN ρ
ρ
, for 04.0Fr ≥lo  (2.13a) 
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5.08.0
3.0 1Fr38.0 ⎟⎟⎠
⎞
⎜⎜⎝
⎛⎟⎠
⎞⎜⎝
⎛ −= −
l
v
loS x
xN ρ
ρ
, for 04.0Fr <lo  (2.13b) 
8.08.1 −= Scb Nψ  (2.14) 
7.14=SF , for 41011Bo −×≥  (2.15a) 
4.15=SF , for 41011Bo −×<  (2.15b) 
For 0.1>SN : 
0.5Bo230=nbψ , for 4103.0Bo −×>  (2.16a) 
0.5Bo461+=nbψ , for 4103.0Bo −×≤  (2.16b) 
sψ  is the larger of nbψ  and cbψ  (2.17) 
For 0.1≤SN : 
)74.2exp(Bo 1.00.5 −= SSbs NFψ , for 0.11.0 ≤< SN  (2.18a) 
)47.2exp(Bo 15.00.5 −= SSbs NFψ , for 1.0≤SN  (2.18b) 
sψ  is the larger of bsψ  and cbψ  (2.19) 
The general correlations presented in Table 2.2 were developed from flow boiling heat transfer data for 
conventional refrigerants. As a result, the flow boiling characteristics for CO2 was not considered in the correlations. 
Compared with conventional refrigerants at an identical evaporation temperature, CO2 has higher reduced pressure 
and density ratio of vapor to liquid, and it has lower surface tension. As a result, some correlations were known to be 
inappropriate to predict CO2 flow boiling heat transfer coefficients as presented by Høgaard Knudsen and Jensen 
(1997). Recently, Thome and El Hajal (2004) presented a correlation to estimate CO2 flow boiling heat transfer 
coefficients based on the Kattan et al. (1998a, b, and c) correlation for a horizontal smooth tube. Kattan et al. 
(1998c) proposed an asymptotic-type correlation which combines heat transfer on wet and dry surface as shown 
from Eq. (2.20) to (2.25). 
π
θπθ
2
)2( wetdryvdry
TP
hh
h
−+=  (2.20) 
3/133 )( cbnbwet hhh +=  (2.21) 
67.05.055.012.0 )ln(55 qMPPh redrednb
−−−=  (2.22) 
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⎛⎟⎟⎠
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⎜⎜⎝
⎛
−
−=  (2.23) 
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⎡ −+⎟⎟⎠
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xxxx
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D
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⎞⎜⎝
⎛⎟⎟⎠
⎞
⎜⎜⎝
⎛= μαμ  (2.25) 
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Eq. (2.22) is a modified Cooper (1984) correlation which excludes its surface roughness correction term and the 
surface multiplier, 1.7, for copper surface. Kattan et al. (1998c) applied a single-phase convection correlation for 
film flow in Eq. (2.23) and they used the Rouhani and Axelsson (1970) drift flux model to calculate void fraction. 
Thome and El Hajal (2004) commented that the direct application of the Kattan et al. (1998c) correlation tend to 
significantly underestimate CO2 flow boiling heat transfer coefficients, due to the larger contribution of nucleate 
boiling heat transfer to flow boiling heat transfer for CO2 than for conventional refrigerants. Thome and El Hajal 
(2004) corrected the hnb in Eq. (2.21) with a modified nucleate boiling heat transfer correlation and a boiling 
suppression factor for CO2, and proposed a correlation for heat transfer coefficients for a wet surface as shown from 
Eq. (2.26) to (2.28). 
[ ] 3/133, )( 2 cbCOnbwet hhSh +⋅=  (2.26) 
397071.0
2,
+= nbCOnb hh  (2.27) 
225.05.0
)1(
)1(4
121.0
)1(
−
⎟⎟⎠
⎞
⎜⎜⎝
⎛
−
−−=
l
xGxS μα
δ
 (2.28) 
2.1.4 General correlations for saturated flow boiling in mini- and micro-scale channels 
The flow boiling heat transfer in mini- and micro-scale channels are different from those in macro-scale 
tubes mainly due to an enlarged effect of surface tension in small channels. General issues about the flow boiling 
phenomena and threshold diameters are explained in section 2.1.2, and Kandlikar (2002) and Thome (2004) 
presented overviews for flow boiling in mini- and micro-scale channels. In principle, general correlations for 
saturated flow boiling heat transfer coefficients in macro-scale tubes are not appropriate to predict heat transfer 
coefficients in mini- and micro-scale tubes. This is because the correlations for macro-scale tubes were developed 
for liquid-turbulent and vapor-turbulent flow conditions, while the flow conditions in mini- and micro-channels are 
usually liquid-laminar and vapor-turbulent flow. As a result, it is necessary to develop general correlations for mini- 
and micro-scale channels. However, the heat transfer coefficient database for small channels are not sufficient to 
understand physical phenomena and to develop correlations which can be applicable for various fluids at a wide 
range of flow boiling conditions. Consequently, flow boiling heat transfer correlations, presented in this study, can 
be applied to limited fluids and evaporation conditions. Also, there is a controversial interpretation about the 
dominant heat transfer mechanism in mini- and micro-scale channels, and it is discussed in this study. 
There are two points of view to explore a main heat transfer mechanism, an important factor for 
determining a basic form of a correlation to predict heat transfer coefficients in mini- and micro-scale channels. One 
is the dominance of nucleate boiling, characterized by the strong dependence of heat transfer coefficients on heat 
flux, and the other is the domination of convective evaporation heat transfer where heat transfer coefficients are a 
function of vapor quality and mass flux. Both of these interpretations come from the understanding of heat transfer 
mechanisms for macro-scale tubes, and the difference between main heat transfer mechanisms can be caused by the 
characteristics of working fluids in researches and test conditions. Table 2.3 presents some correlations for heat 
transfer coefficients in mini-scale channels based on the modified theory for macro-scale tubes. Besides the 
correlations in Table 2.3, Zhang et al. (2004) proposed the modified Chen correlation to apply the flow conditions, 
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such as liquid-laminar and vapor-turbulent flows, in mini-scale channels. However, the complex correlation 
presented by Zhang et al. (2004) is not shown in this study. 
Table 2.3 Correlations for saturated flow boiling heat transfer coefficients in mini-scale channels 
Reference Channel size and 
dominant heat transfer 
mechanism 
Correlation 
Lazarek and 
Black (1982) 
Circular,  
Dh=3.15 mm 
Nucleate boiling h
llo
TP D
kh
714.0857.0 BoRe30=
 
Tran et al. 
(1996) 
Circular,  
Dh=2.46 mm 
Rectangular,  
Dh=2.4 mm 
Nucleate boiling 
4.0
3.025 )WeBo)(104.8(
−
⎟⎟⎠
⎞
⎜⎜⎝
⎛×=
v
l
loTPh ρ
ρ
, σρ l
h
lo
DGWe
2
=
 
Tran (1998)  5.0
)(
1 ⎥⎦
⎤⎢⎣
⎡
−= vlhconf gD
N ρρ
σ
 
⎟⎟⎠
⎞
⎜⎜⎝
⎛
⎟⎟⎠
⎞
⎜⎜⎝
⎛=
h
l
l
v
confloTP D
kBoNh
297.0
62.0)(Re770 ρ
ρ
 
Yan and Lin 
(1998) 
Circular,  
D=2.0 mm 
Nucleate boiling 
lolo
CC
TP hxFrBoCCoCh
8.0
31 )1)(( 42 −+=  
hllo Dkh /364.4= , 5.08.0 )/(]/)1[( lvxxCo ρρ−=  
)/( 22 hllo gDGFr ρ= , 32Re1 mm CredClomm TCC =  
Lee and Lee 
(2001b) 
Rectangular, 
Dh=0.78 – 3.63 mm, 
Convective boiling 
598.03.10 llTP hh φ= , 726.02 Re10185.6 loC −×=  
2
2 11
XX
C
l ++=φ
, 
5.05.0
1
⎟⎟⎠
⎞
⎜⎜⎝
⎛⎟⎠
⎞⎜⎝
⎛ −⎟⎟⎠
⎞
⎜⎜⎝
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l
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x
x
f
fX ρ
ρ
 
25.0
079.0
−
⎟⎟⎠
⎞
⎜⎜⎝
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v
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v
xGDf μ
, 
59.0
)1(
24
1
⋅⎟⎟⎠
⎞
⎜⎜⎝
⎛ −=
−
l
h
l
xGDf μ
 
438.0)/(235.8 ⋅= hll Dkh  
Yu et al. (2002) Circular,  
Dh=2.98 mm 
Nucleate boiling 
2.0
27.026 )WeBo)(104.6(
−
⎟⎟⎠
⎞
⎜⎜⎝
⎛×=
v
l
loTPh ρ
ρ
, σρ l
h
lo
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2
=
 
Warrier et al. 
(2002) 
5 rectangular channels,  
Dh=0.75 mm 
Nucleate and convective 
boiling 
])Bo8551(3.5Bo0.61[ 65.016/1 xhh loTP −−+=  
)/(PrRe023.0 4.08.0 hlllolo Dkh ⋅=  
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Reference Channel size and 
dominant heat transfer 
mechanism 
Correlation 
Tu and Hrnjak 
(2004) 
 
crxx ≤ , pbllTP hhh +=
719.1985.0 φ
 
crxx > , vcr
cr
xxlTP hx
xx
Coh
cr )1(
)(
42.18 719.1,
356.1
−
−+= =φ
 
)/(039.01 Gx lcr ρ−= , lφ  from Table 2.6 presented by Tu 
(2004) 
Koşar et al. 
(2005) 
5 rectangular channels, 
Dh=0.223 mm 
Nucleate and convective 
boiling 
Bo1073.259.163Re 4×−=cr  
crlo ReRe < , nucleate boiling dominant 
64.0068.1 qhTP =  
crlo ReRe > , convective boiling dominant 
02.0
8.012.04 1)1(Re10068.4 ⎟⎠
⎞⎜⎝
⎛ −−×=
x
xxh loTP
 
 
Instead of applying the nucleate boiling mechanism for macro-scale tubes, a creative concept was proposed 
by Jacobi and Thome (2002) to explain the strong dependence of heat transfer coefficients on heat flux in mini- and 
micro-scale channels. Jacobi and Thome (2002) suggested a heat transfer model for evaporation in an elongated 
bubble flow regime, which can exist in small channels up to a vapor quality of 0.7, and they demonstrated that the 
transient thin film evaporation heat transfer mechanism could predict the recent experimental data for flow boiling 
heat transfer in small channels. This model is truly opposed to the previous studies which used the nucleate boiling 
mechanism to implement the heat transfer dependence on heat flux. Thome (2004) insisted that some methods for 
macro-scale appeared to reasonably predict measured heat transfer coefficients in small channels, but this was 
probably only by chance. However, more studies seem to be required for fully verifying this model, because it is a 
nonlinear algebraic-differential equation set, which is not simple to solve, and the two parameters (effective nucleate 
superheat and initial film thickness) in this model are not easy to calculate or measure. 
2.2 Pressure Drop 
2.2.1 Background 
General analysis and development of full unsteady three-dimensional governing equations for liquid-vapor 
two-phase flow are very difficult. Even though a simplified analysis for one-dimensional and steady condition may 
lose some information such as instantaneous local flow behavior, it can give a basic knowledge of two-phase flow in 
a tube as presented by Collier and Thome (1994), and Carey (1992). Before citing correlations about two-phase 
flow, the fundamental one-dimensional unsteady model is summarized in this study. With mass conservation, force-
momentum balance for vapor and liquid in an axial direction, and interfacial shear force balance for steady flow, a 
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momentum equation, Eq. (2.29), associated with pressure drop gradient can be derived for a simplified two-phase 
flow shown in Figure 2.5.   
[ ] Ω+−+⎟⎠
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Figure 2.5 Idealized model of liquid-vapor two-phase flow in an inclined tube. Reproduced from Carey (1992) 
In Eq. (2.29), four contributions to the total pressure gradient are shown. They are the pressure gradient caused by 
the change of a tube cross-section area, frictional effect, gravitational effect, and acceleration (or deceleration) 
effect, as presented from the first to fourth term on the right side of Eq. (2.29), respectively.  
In order to progress a further development of Eq. (2.29), four assumptions are required. The first 
assumption is that the two phases are in local thermodynamic equilibrium. The second is that α (void fraction) can 
be predicted. The third is that the two-phase flow pressure gradient caused by friction effect can be quantified by 
simplified empirical correlations which include one of the two-phase multipliers as shown from Eq. (2.30) to (2.32). 
2/1
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l
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l dzdP
dzdPφ  (2.30) 
2/1
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lo dzdP
dzdPφ  (2.31) 
2/1
)/(
)/(
⎥⎦
⎤⎢⎣
⎡=
v
fr
v dzdP
dzdPφ  (2.32) 
The last assumption is that the velocities of the liquid and vapor phases are uniform over the part of the channel 
occupied by each phase at a given axial location. However, the velocities are not necessarily equal. If it is assumed 
that the velocities of liquid and vapor phases are identical, the flow can be analyzed by a homogeneous flow model 
which includes the additional assumption that the two-phase flow behaves like a single phase with the mean value 
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properties of liquid and vapor phases. With the homogeneous flow model, Eq. (2.33) can be derived from Eq. (2.29) 
for a constant area tube. 
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For the assumption that the velocities of liquid and vapor phase are not equal, the flow can be analyzed by a 
separated flow model. The separated flow model is a more general two-phase flow model because the model’s 
simplest form, which is for the flow condition of identical mean velocities for liquid and vapor phases, reduces to 
the homogeneous flow model. With the separated flow model, Eq. (2.36) can be developed from Eq. (2.29) for a 
constant area tube. 
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In order to predict pressure drop for a two-phase flow with the separated flow model, the two-phase multipliers in 
Eq. (2.38) and void fraction should be determined. Since Martinelli and his co-workers in the 1940s successfully 
quantified the values of the two-phase multipliers and void fraction, some methods to predict these values were 
suggested based on semi-theoretical ideas and empirical evidence. Some correlations to calculate the two-phase 
multipliers are presented in section 2.2.2. Recently, the Rouhani and Axelsson (1970) drift flux model, Eq. (2.24) in 
this study, is widely used to calculate void fraction. Butterworth (1975) summarized some void fraction correlations 
and models with a general form and the equation form, correlations, and models are shown in Eq. (2.39) and Table 
2.4. 
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Table 2.4 Values of constants in Eq. (2.39) by the various correlations and models 
Correlation or model A p q r 
Homogeneous model 1 1 1 0 
Zivi (1963)model 1 1 0.67 0 
Turner and Wallis (1965) model 1 0.72 0.40 0.08 
Lockhart and Martinelli (1949) 0.28 0.64 0.36 0.07 
Thom (1964) 1 1 0.89 0.18 
Baroczy (1963) 1 0.74 0.65 0.13 
2.2.2 Two-phase flow pressure drop correlations for macro-scale tubes 
A simple equation form to calculate two-phase flow pressure drop can be shown in Eq. (2.40) for a constant 
cross-section area tube. The subscripts “tot”, “fr”, “mom”, and “sta” mean total, friction, momentum, and static 
pressure drop, respectively.  
stamomfrtot dz
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⎞⎜⎝
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 (2.40) 
If a two-phase flow is in an adiabatic condition, then the momentum pressure drop is zero. The static pressure drop 
is zero for a horizontal flow condition. General pressure drop equations for homogeneous and separated flow model 
are presented in Eq. (2.33) and (2.36), respectively. The absolute value of the friction pressure drop can be expressed 
as Eq. (2.41a, b, c, and d) with two-phase multipliers. 
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The friction factors (f) can be calculated by Eq. (2.42a, and b) for a laminar and turbulent flow. 
1Re16 −⋅=f , for 2000Re ≤  (2.42a) 
25.0Re079.0 −⋅=f , for 2000Re >  (2.42b) 
For macro-scale tubes, the pressure drop correlations based on homogeneous and separated flow model are 
presented in Table 2.5 
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Table 2.5 Two-phase flow pressure drop correlations for macro-scale tubes  
Reference Correlation 
Homo-geneous 
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Reference Correlation 
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(2.42a, and b) with llo GD μ/Re =  and vvo GD μ/Re = . 
2.2.3 Two-phase flow pressure drop correlations for mini- and micro-scale tubes 
As explained in section 2.1.2, the two-phase flow in mini- and micro-scale channels is significantly 
influenced by the effect of surface tension, while the gravity effect is small, which means that the stratified flow 
rarely occurs except very low mass flux conditions. Also, the liquid phase in small channels is usually a laminar 
flow condition, which is not common in macro-scale tubes. Based on these differences of two-phase flow 
characteristics between small channels and macro-scale tubes, it can be derived that the correlations for macro-scale 
tubes may not be good correlations to predict two-phase flow pressure drop in mini- and micro-scale channels. 
However, some studies showed that the Müller-Steinhagen and Heck (1986) correlation for macro-scale tubes was a 
good predictor for small-scale channels at low and moderate vapor quality regions, amazingly. Table 2.6 presents 
the two-phase flow pressure drop correlations. Most of the correlations are based on the basic methodology for 
macro-scale tubes, which means that the method is still useful for mini- and micro-scale tubes. Due to the limited 
data for various liquids, tube dimensions, and test conditions, the pressure drop correlations still need more 
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development. Some researchers commented that the correlations shown in Table 2.6 may predict significantly 
different values for an identical test condition. As a result, the application of the correlations in Table 2.6 should be 
limited because the extrapolation of the equations can significantly reduce the prediction accuracy.  
Table 2.6 Two-phase flow pressure drop correlations for mini- and micro-scale tubes 
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Chen et al. 
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2.3 Two-phase Flow Pattern Map 
2.3.1 Introduction 
To analyze in-tube flows with phase-change phenomena, two-phase flow patterns are very important 
parameters because the heat transfer and pressure drop mechanisms are determined by the flow patterns. For this 
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reason, flow pattern maps used to predict the two-phase flow pattern for vertical and horizontal tubes are presented 
from 1950s. In this chapter, some two-phase flow pattern maps are overviewed for horizontal flows in macro-scale 
tubes and small scale channels. Brief descriptions and schematics of flow patterns in horizontal macro-scale tubes 
are presented in section 2.1.1.  
2.3.2 Flow pattern maps for horizontal flows in macro-scale tubes 
Among flow pattern maps presented before the 1980s, the maps proposed by Baker (1954), Mandhane et al. 
(1974), Taitel and Dukler (1976), and Weisman et al. (1979) are well known. In order to determine a flow pattern, 
Baker (1954) used superficial liquid and vapor mass fluxes, and correction factors which included the effect of the 
density ratio, viscosity, and surface tension of a fluid. Based on a assumption that the effect of diameter was 
adequately considered by using superficial velocities, Mandhane et al. (1974) applied the superficial vapor ( Gx/ρv ) 
and the liquid ( G(1–x)/ρl ) velocity on the x and y-axes, respectively. Based on a flow-pattern data bank, the 
transition lines were provided without considering fluid properties. As a result, the applications of the Mandhane et 
al. (1974) flow pattern map should be limited if the thermophysical properties of a fluid are significantly different 
from the fluid used for generating the flow pattern map. Taitel and Dukler (1976) suggested a theoretical model 
which determined flow regime transitions based on the relations of the following parameters: gas and liquid mass 
flow rates, properties of the fluids, the pipe diameter, and the angle of inclination to the horizontal. The transition 
mechanisms were derived from physical concepts and no flow pattern data were used in the development. 
Amazingly, this theoretical model showed a similar flow pattern map to the Mandhane et al. (1974) map for water-
air mixture at room temperature. However, the model was not verified with other fluids at various conditions, and 
the process to decide the flow regime with five dimensionless groups is complicated. Weisman et al. (1979) obtained 
flow pattern data including the effect of fluid properties and pipe diameter on flow transitions in horizontal tubes 
over wide velocity ranges, and they suggested correlations for flow transitions. The correlations for the transitions 
are presented from Eq. (2.43) to (2.46) and the Weisman et al. (1979) flow pattern map is shown in Figure 2.6 for 
water-air mixture in a 25.4 mm diameter tube at standard conditions.  
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From intermittent or annular flow to mist (dispersed) flow; 
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In Eqs. (2.43, 44, 45, and 46), the superficial liquid (jl) and vapor (jv) velocities are Eqn. (2.47 and 48), respectively. 
ll xGj ρ/)1( −=  (2.47) 
vv Gxj ρ/=  (2.47) 
 
Figure 2.6 Weisman et al. (1979) flow pattern map (water-air mixture, 1-in.-diameter) for standard conditions. 
Reproduced from Weisman et al. (1979) 
Recently, Kattan et al. (1998a) proposed a flow pattern map based on flow pattern data for refrigerants 
(R134A, R123, R402A, R404A, and R502), and for the convenience of using the map, quality and mass flux were 
applied to the x- and y-coordinate, respectively. Kattan et al. (1998a) suggested some transition mass fluxes as 
functions of quality, fluid properties, and tube geometries. Based on the Kattan et al. (1998a) map, Wojtan et al. 
(2005) presented a flow pattern map with a new mass flux function for the transition to dryout region and with an 
updated mass flux function for the transition to mist flow region. The mass flux functions for flow pattern transitions 
are presented from Eq. (2.48) to (2.52) and an example of Wojtan et al. (2005) flow pattern map for R22 in a 13.84 
mm tube is shown in Figure 2.7. 
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From slug or stratified wavy flow to intermittent or annular flow; 
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From stratified wavy or annular flow to the dryout region; 
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From the dryout region to mist flow; 
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In the equations from Eq. (2.48) to (2.52), void fraction was calculated from the Rouhani and Axelsson (1970) drift 
flux model presented as Eq. (2.24). 
 
Figure 2.7 Wojtan et al. (2005) flow pattern map for R22 for an evaporation temperature of 5 °C and a tube 
diameter of 13.84 mm at a mass flux of 300 kg/m2s and heat fluxes: (a) 7.5 and (b) 17.5 kW/m2. Reproduced 
from Wojtan et al. (2005) 
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2.3.3 Flow characteristics for horizontal flows in mini- and micro-scale channels 
Characterizing liquid-vapor (or liquid-gas) flow patterns in mini- and micro-channels is an important task 
because heat transfer and pressure drop depend on flow patterns. Unfortunately, flow pattern data in small-scale 
channels are too limited to derive general transition criteria for flow patterns. With the decrease of tube (or channel) 
diameter, the surface tension effect increases, and stratified flow pattern is rarely observed except at very low mass 
flux conditions. Coleman and Garimella (1999) showed that with decreasing tube diameters, the transition line to 
bubble and dispersed flow was shifted to higher superficial liquid velocities as presented in Figure 2.8. Most of the 
studies about mini-scale channels, a hydraulic diameter around 1 mm, concluded that the flow pattern map for 
micro-scale tubes could not predict the flow pattern transitions in small-scale channels. Also, they reported that the 
flow patterns in macro-scale tubes were observed in mini-scale tubes except stratified flow as shown in Figures 2.9 
and 2.10. One of the main issues in flow patterns for small channels is a lowest limit of tube diameter where the 
flow patterns are significantly different from those in macro-scale tubes. Chung and Kawaji (2004) approached this 
issue with a nitrogen gas and water mixture in circular channels of 530, 250, 100, and 50 μm diameters. The flow 
patterns in 250 and 530 μm channels showed similar flow patterns in mini-scale channels: bubbly, slug, churn, slug-
annular, and annular flow. However, Chung and Kawaji (2004) reported that only slug-type flows were observed in 
50 and 100 μm channels due to the significant viscous and surface tension effects as presented in Figure 2.11. For a 
general explanation about the phase-change phenomena in mini- and micro-scale channels, more studies are needed. 
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Figure 2.8 Effect of the decrease of tube diameters on flow pattern transitions for air-water mixture: (a) 1.30 
mm; (b) 1.75 mm; (c) 2.60 mm; (d) 5.50 mm inner diameter round tube. Reproduced from Coleman and 
Garimella (2005) 
 
Figure 2.9 Flow patterns of R-134a for 92.0 × 951.6 μm microchannel (a) bubbly flow (b) plug flow (c) slug 
flow (d) annular flow. Reproduced from Tu and Hrnjak (2004) 
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Figure 2.10 Flow patterns of R-134a for 0.5 mm tube diameter and mass flux of 500 kg/m2s at evaporation 
temperature of 3 °C: (a) bubbly flow at x=0.02; (b) bubbly/slug flow at x=0.04; (c) slug flow at x=0.11; (d) 
slug/semi-annular flow at x=0.19; (e) semi-annular flow at x=0.4; (f) wavy annular flow at x=0.82; (g) smooth 
annular flow at x=0.82. Reproduced from Revellin et al. (2006) 
 
Figure 2.11 Three different flow patterns for the same flow conditions (jl = 0.38 m/s, jg = 4.97 m/s): (a) single-
phase liquid flow; (b) gas slugs with thin-smooth liquid film; (c) gas slug with ring-shaped liquid film; (d) 
serpentine-like gas core. Reproduced from Chung and Kawaji (2004) 
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Chapter 3. Previous Studies for CO2 
3.1 Introduction 
Even though fundamental theory about flow boiling heat transfer, two-phase flow pressure drop and 
visualization was presented in Chapter 2, it is needed to review literature about CO2 phase-change phenomena. This 
is because the experimental research about CO2 is recent, and the reported characteristics of heat transfer and 
pressure drop for CO2 are different from those for conventional refrigerants. In this chapter, the publications on CO2 
flow boiling heat transfer in macro- and micro-scale tubes, pressure drop, and flow pattern visualization are 
summarized and they are underlined to distinguish from other literature. 
3.2 CO2 Flow Boiling Heat Transfer in Macro-scale Tubes 
3.2.1 Experimental studies for CO2 in macro-scale tubes 
Recently, CO2 flow boiling heat transfer in macro-scale tubes has been investigated by several researchers. 
The list of publications, including the test conditions and tube descriptions for each study, is presented in Table 3.1. 
All tests proposed in Table 1 were performed in horizontal tubes except Jeong et al. (2003). Wang et al. (2003) 
commented that the heat transfer coefficients increased with the quality and decreased significantly at a typical 
quality value, the dryout quality, and kept at almost identical value. However, they did not present the heat transfer 
coefficient values in detail, such as the change of coefficients with the variation of heat flux, mass flux, nor quality. 
Sawant et al. (2003) compared their experimental data with the calculated heat transfer coefficients based on six 
general correlations and they concluded that the Gungor and Winterton (1986) correlation was the best predictor. It 
was not possible to deduce the relations between heat transfer coefficients and other parameters from their results, 
because they only presented the heat transfer coefficient values without measurement conditions. Yun et al. (2003) 
showed that the heat transfer coefficient of CO2 decreased with quality increase for most of their data, and they 
explained this trend with lower dryout qualities and nucleate boiling dominance in flow boiling mechanism. In their 
data, the heat transfer coefficients significantly increased with the heat flux increase at low qualities, which were 
lower than dryout qualities, while they were not influenced much by the change of mass flux at low and moderate 
quality regions. Hashimoto and Kiyotani (2004) gave the average heat transfer coefficients in a heated tube with the 
change of mass flux and evaporation temperature. Their results showed that the maximum average heat transfer 
coefficient could be obtained at a certain mass flux, and beyond that mass flux, average heat transfer coefficients 
decreased with the mass flux increase due to dryout effect. Jeong et al. (2003) measured heat transfer coefficients in 
two helical coils with a coil diameter of 32 and 81 mm. Their data demonstrated that the heat transfer coefficients 
improved with the increase of heat flux and evaporation temperature, while they were almost independent of the 
mass flux change. Unlike the horizontal flow at the evaporation temperature of 10°C, the heat transfer coefficients 
for helical coils did not decrease with the increase of quality, which seemed to be caused by the secondary flow 
effect preventing dryout on the tube surface. Yoon et al. (2004) presented increasing heat transfer coefficients with 
the increase of heat flux at low qualities. They showed the decrease of the heat transfer coefficients when the quality 
is greater than a certain value, and they explained the cause of this trend with surface tension and viscosity. Also, the 
 29
dry angle in the tube after a dryout quality was correlated with four dimensionless parameters. Koyama et al. (2005) 
determined the heat transfer coefficients for smooth and micro-fin tubes, and their data showed that the heat transfer 
coefficients in the smooth tube were slightly higher than those in the micro-fin tube. Unlike other results for heat 
transfer coefficients at the evaporation temperature of 5°C, their results did not show the decrease of heat transfer 
coefficients with quality increase. They compared their results with three general correlations, and inferred that the 
heating method, tube material, and surface roughness affected the heat transfer characteristics. Gao and Honda 
(2005) measured the heat transfer coefficients in a relatively small diameter (3 mm) tube. They showed that the heat 
transfer coefficients at the lower evaporation temperature (–7°C) were more dependent on the change of mass flux, 
and much less affected by the variation of heat flux than those at the higher evaporation temperature (10°C). Schael 
and Kind (2005) reported that the heat transfer coefficients in a micro-fin tube at the evaporation temperature of 
(5°C) was much higher than in a smooth tube, which was contrast to the Koyama et al.’s (2005) results. Also, they 
demonstrated that the heat transfer coefficients could decrease with the increase of mass flux for the micro-fn tube. 
This trend was explained by a kind of suppression of bubble formation caused by the strong convection. Bredesen et 
al. (1997) presented that the heat transfer coefficients were almost unchanged with quality variation at the low 
evaporation temperature (–25°C), and the decrease of heat transfer with the increase of quality, which seemed to be 
caused by dryout, occurred at the evaporation temperature of 5°C. Based on their experimental data, they concluded 
that the nucleate boiling played a more important role for CO2 than other conventional refrigerants. Høgaard 
Knudsen and Jensen (1997) also measured the heat transfer coefficients at a low evaporation temperature (–25°C) 
and compared their results with the Shah (1982) correlation. They showed that the measured heat transfer 
coefficients were about 90% higher than the predicted values based on the Shah (1982) correlation.  
From the literature review of CO2 flow boiling heat transfer coefficients in horizontal macro-scale tubes, 
some interpretations can be inferred as follows:  
• CO2 flow boiling heat transfer coefficients are higher than conventional refrigerants.  
• At evaporation temperatures higher than 0°C, the heat transfer coefficients increase with the increase 
of heat flux and are almost independent on the change of mass flux at low quality region. In this 
evaporation temperature range, the onset of dryout occurs at lower quality than that of conventional 
refrigerants. At the quality of dryout onset, the heat transfer coefficients start to decrease with the 
increase of quality.  
• The relation between heat transfer coefficients and quality could be influenced by the heating method 
as inferred by Koyama et al. (2005).  
• At evaporation temperatures lower than –5°C, the dryout does not occur under the quality of 0.8, and 
the heat transfer is more affected by the change of heat flux than mass flux in tube diameters larger 
than 4 mm. However, the relation between the heat transfer coefficients, heat flux, and mass flux is 
changed in the tube diameter of 3 mm as presented by Gao and Honda (2005).  
• The dryout in low quality regions at evaporations temperature higher than 0°C can be avoided by 
changing the flow directions such as with helical coils.  
• The effect of micro-fin on CO2 flow boiling heat transfer is still controversial.   
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Table 3.1 Experimental studies on CO2 flow boiling heat transfer in macro-scale tubes for oil-free condition 
 
Evap. 
temp. 
[°C] 
Hyd-raulic 
D [mm] 
Mass flux 
[kg/m2s] 
Heat flux 
[kW/m2] 
Vapor 
quality 
Circular single 
tube type 
Heating 
method 
Wang et al. 
(2003) 15 4 
360 to 
1440 9 to 36 
0.1 to 
0.9 
Stainless steel, 
smooth tube 
Direct 
current 
Sawant et al. 
(2003) 5 to 10 8.0 250 to 650 24 to 58 
0.1 to 
0.8 
Stainless steel, 
smooth tube Fluid heating 
Yun et al. 
(2003) 5 to 10 6.0 170 to 320 10 to 20 
0.05 to 
0.95 
Stainless steel, 
smooth tube 
Direct 
current 
Hashimoto and 
Kiyotani (2004) 0 to 10 5.2 200 to 700 10 to 40 
from 
0.17 
Copper, smooth 
tube 
Direct 
current 
Jeong et al. 
(2003) 0 to 10 4.55 150 to 300 10 to 30 
0.05 to 
0.95 
Helical coil with a 
stainless steel, 
smooth tube 
Direct 
current 
Yoon et al. 
(2004) –4 to 20 7.53 200 to 530 12 to 20 
0.05 to 
0.65 
Stainless steel, 
smooth tube 
Direct 
current 
Koyama et al. 
(2005) 
–5.6 to 
14.3 
4.42 
(smooth) 
4.90 
(micro-fin) 
360 to 650  0.1 to 1 
Copper, smooth 
and micro-fin 
tubes 
Fluid heating 
Gao and 
Honda (2005) –7 to 10 3 
200 to 
1180 10 to 30 
0.2 to 
0.9 
Stainless steel, 
smooth tube 
Direct 
current 
Schael and 
Kind (2005) –10 to 5 
14 
(smooth) 
8.62 
(micro-fin) 
75 to 250 up to 120 0.1 to 1 
Nickel, smooth 
and copper micro-
fin tubes 
Electrical 
heaters 
Bredesen et al. 
(1997) –25 to 5 7 200 to 400 3 to 9 0.1 to 1 
Aluminum, 
smooth tube 
Electrical 
heaters 
Høgaard 
Knudsen and 
Jensen (1997) 
–25 to  
–10 
10.06 85 to 175 7 to 13 0.05 to 0.95 
Stainless steel, 
smooth tube Fluid heating 
3.2.2 Predicting CO2 flow boiling heat transfer in macro-scale tubes 
The correct prediction of flow boiling heat transfer coefficients is critical to design high performance and 
low-cost evaporators. Because of this practical reason, general correlations for macro-scale tubes were proposed by 
many researchers; such as Chen (1966), Shah (1982), Gungor and Winterton (1986), Liu and Winterton (1991), and 
Wattelet et al (1994). However, these correlations were developed without any database concerning CO2. Recently, 
Thome and El Hajal (2004) proposed a correlation to calculate the flow boiling heat transfer coefficient for only CO2 
in macro- and micro-scale tubes. Their correlation was based on a heat transfer model presented by Kattan et al. 
(1998a, b, and c) with the correction for CO2 nucleate boiling contribution. Some sources in Table 3.1 presented the 
comparison of their data with general correlations, the modified existing correlations, or the developed correlations 
based on their results. Wang et al. (2003) revised the Schrock and Grossman (1962) and Yoshida (1994) equations 
for their experimental data for pre-dryout regions in macro- and micro-scale tubes. Their adjusted correlation could 
calculate about 80% of experimental data within ±20%. Sawant et al. (2003) concluded that the Gungor and 
Winterton (1986) correlation was the best predictor, and Yun et al. (2003) also commented that this correlation 
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provided good agreement with their results for high mass flux. Yoon et al. (2004) presented the application of 
correlations concerning the onset of dryout (some researchers called it as the critical quality). They suggested the 
use of Liu and Winterton (1991) correlation before the onset of dryout and proposed the correlation for the partially 
dryout condition with the equation of dryout angle. Koyama et al. (2005) showed that the Yu et al. (1999) 
correlation with the modification of surface roughness could predict their data relatively well.  
Some researchers presented that flow boiling heat transfer coefficients in macro-scale tubes could be 
predicted without significant deviation from some existing correlations for the condition without dryout, although it 
is widely assumed that the nucleate boiling contribution to the total heat transfer mechanism of CO2 is much higher 
than that of conventional refrigerants. As a result, it is critical to develop accurate models for predicting the onset of 
dryout and calculating the heat transfer coefficients in the post-dryout region for better prediction for CO2. 
3.3 CO2 Flow Boiling Heat Transfer in Micro-scale Tubes 
3.3.1 Experimental studies for CO2 in micro-scale tubes 
Table 3.2 presents the list of the recent studies about CO2 flow boiling heat transfer in micro-scale tubes. 
The test conditions and tube or channel descriptions for each study are also provided in Table 3.2. All tests were 
carried out in horizontal tubes and channels. Hihara and Tanaka (2000) commented that the heat transfer coefficient 
was affected by the change in heat flux, while it was almost independent of mass flux. However, mass flux 
influenced the quality of dryout onset. They noted that existing general correlations were not suitable to predicting 
the heat transfer coefficient for their measurements because the effect of convective boiling (vaporization) seemed 
not to contribute to the flow boiling heat transfer. Wang et al. (2003) modified the Yoshida (1994) correlation with 
their experimental data, and simulated the advantage of size reduction in evaporators by employing micro-scale 
tubes. Koyama et al. (2001) showed their heat transfer coefficients maintained a certain value until a quality of 0.7 
and their results were higher than the values predicted with the Yu et al. (1999) correlation. They inferred that for 
high mass flux and heat flux conditions, the basic characteristics of flow boiling heat transfer in their tube with CO2 
were similar to halogenated hydrocarbons in macro-scale tubes. Pettersen (2004) measured the increase of heat 
transfer coefficients with heat flux increase at low and moderate quality region. At the qualities before the onset of 
dryout, the heat transfer coefficients were not affected by the change in mass flux, and the quality of dryout onset 
gets lower with the increase of mass flux as presented by Hihara and Tanaka (2000). The change of heat transfer 
coefficients with respect to quality was strongly related to the evaporation temperature, and the heat transfer 
coefficients for an evaporation temperature of 0°C were independent of the quality until the value of 0.8. Yun et al 
(2005a) presented that the heat flux effect on heat transfer coefficients were significant before the quality of dryout 
onset. Their data was very close to Hihara and Tanaka’s (2000) results at similar conditions. Yun et al. (2005b) 
reported that the average heat transfer coefficient of CO2 was 53% higher than that of for R134a, and also 
commented that the effect of heat flux on the CO2 heat transfer coefficient was more significant than R410a. The 
decrease of microchannel hydraulic diameter improved the heat transfer coefficients. They concluded that the 
Cooper (1984) and Golenflo (1993) models could predict their experimental results relatively well, although the 
correlations were developed to calculate the heat transfer coefficients of nucleate pool boiling. Zhao et al (2000) 
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noted that the heat transfer coefficients were almost constant for the qualities less than 0.7. Mass flux effects were 
minor on heat transfer coefficients, whereas the heat flux effects were significant. Based on this relation, they 
inferred that nucleate boiling was the dominant factor in the heat transfer mechanism and justified their assumption 
by mentioning that the Reynolds number was small to enlarge the convective boiling contribution in microchannels. 
Huai et al. (2004) commented that both mass flux and heat flux had significant effects on flow boiling heat transfer 
mechanism because both a higher mass flux and larger heat flux enhanced the heat transfer coefficients.  
Table 3.2 Experimental studies on CO2 flow boiling heat transfer in micro-scale tubes for oil-free condition 
 Evap. temp. [°C] 
Hydraulic 
D [mm] 
Mass flux 
[kg/m2s] 
Heat flux 
[kW/m2] 
Vapor 
quality Tube type 
Heating 
method 
Hihara and 
Tanaka 
(2000) 
15 1 360 to 1440 9 to 36 
0.1 to 
0.9 
Circular single, 
stainless steel, 
smooth tube 
Direct 
current 
Wang et al. 
(2003) 15 0.7 to 2 
360 to 
1440 9 to 36 
0.1 to 
0.9 
Circular single, 
stainless steel, 
smooth tube 
Direct 
current 
Koyama et al. 
(2001) 0.2 to 10 1.8 100 to 250 4.2 to 31.9 0 to 0.9 
Circular single, 
stainless steel, 
smooth tube 
Direct 
current 
Pettersen 
(2004) 0 to 25 0.8 190 to 570 5 to 20 
0.1 to 
0.8 
Multi-port tube 
with 25 circular 
channels 
Fluid 
heating 
Yun et al. 
(2005a) 0 to 10 0.98 to 2.0 
500 to 
3570 7 to 48 
0.05 to 
0.95 
Circular single, 
stainless steel, 
smooth tube 
Direct 
current 
Yun et al. 
(2005b) 0 to 10 
1.08 to 
1.54 200 to 400 10 to 20 
0.1 to 
0.9 
Multi-port tube 
with 6 to 10 
rectangular 
channels 
Direct 
current 
Zhao et al. 
(2000) 0 to 10 0.86 100 to 820 3 to 23 
0.2 to 
0.85 
Multi-port tube 
with 25 triangular 
channels 
Direct 
current 
Huai et al. 
(2004) –3.1 to 17.0 1.31 131 to 399 10 to 20 0 to 1 
Multi-port 
aluminum tube 
with 10 circular 
channels 
Direct 
current 
 
Some interpretations could be deduced based on the literature review of CO2 flow boiling heat transfer 
coefficients in horizontal micro-scale tubes:  
• CO2 flow boiling heat transfer coefficients are higher than for conventional refrigerants.  
• Before the onset of dryout, the heat transfer coefficients increase with an increase of heat flux, and 
they are almost unaffected by the change of mass flux.  
• The quality of dryout onset and the heat transfer coefficients in micro-scale tubes are generally higher 
than those in macro-scale tubes at an identical test condition, which might be caused by different flow 
patterns in macro- and micro-scale tubes.  
• Evaporation temperatures significantly affect the heat transfer coefficient change with respect to 
quality.  
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• Published data is not sufficient to identify the effect of channel shape and channel number on the flow 
boiling heat transfer coefficients.  
3.3.2 Predicting CO2 flow boiling heat transfer in micro-scale tubes 
Recently, the prediction of flow boiling heat transfer coefficients in micro-scale tubes became more 
important due to the increased interest in high performance and compact heat exchangers. As commented by Zhang 
et al. (2004), the heat transfer correlations for macro-scale tubes may not be useful to predict the heat transfer 
coefficients for micro-scale tubes in principle. They were developed for liquid-turbulent and gas-turbulent flow 
conditions, whereas liquid-laminar and gas-turbulent flow can occur in micro-scale tubes. General heat transfer 
correlations for micro-scale rectangular or circular tubes were provided, as presented in Table 2.3. In these 
correlations, CO2 was not considered to develop. Some researchers, introduced in Table 3.2, gave the comparison of 
their data with existing general correlations or developed correlations based on their results. Hihara and Tanaka 
(2000) compared their data with the Schrock and Grossman (1962) equation. They showed that the correlation was 
not successful in predicting the heat transfer coefficients and explained this disagreement with the effect of a small 
convective boiling (evaporation) contribution. Koyama et al. (2001) applied the Yu et al. (1999) correlation for 
macro-scale tubes and demonstrated that most of their experimental data were higher than predicted values. They 
commented that the deviation between the measured and calculated values became smaller at high heat and mass 
flux conditions. In order to predict heat transfer coefficients, Pettersen (2004) proposed a method which combined 
existing correlations for each flow heat transfer mechanism. For the region of nucleate and convective heat transfer, 
he suggested an asymptotic model which consisted of Cooper (1984) and Kattan et al (1998b) correlation for 
nucleate boiling and convective evaporation, respectively. He also recommended the Kon’kov (1965) data scale 
from H2O to CO2 using Ahmad (1973) to predict the dryout inception and the post-dryout heat transfer coefficient, 
respectively. Yun et al. (2005a) developed a correlation containing only heat flux and reduced pressure, to predict 
flow boiling heat transfer coefficient before the onset of dryout in micro-scale tubes. Although their correlation was 
very similar to the correlations for nucleate boiling conditions, they reported that their correlation could calculate 
their data in flow boiling conditions relatively well. Yun et al (2005b) also commented that the nucleate boiling heat 
transfer coefficient correlation such as Cooper (1984) and Gorenflo (1993) could better predict their experimental 
data than flow boiling correlations, such as Tran et al. (1996), Liu and Winterton (1991), and Kattan et al. (1998a, b, 
and c). Huai et al. (2004) compared their results with four existing correlations for micro-scale tubes and the 
correlations overestimated their experimental data.  
From the literature review, it can be found that the existing general correlations for macro-scale tubes are 
not suitable to calculate the CO2 flow boiling heat transfer coefficients in micro-scale tubes. Some researchers 
reported that existing correlations for “nucleate (pool) boiling” could predict relatively well the CO2 “flow” boiling 
heat transfer in micro-scale tubes noted by Kew and Cornwell (1997). In previous studies, many experimental CO2 
heat transfer data were neither compared nor analyzed with the general correlations nor the exploring methods for 
micro-scale tubes, because the correlations and methods were presented recently. The new method to investigate the 
heat transfer in micro-scale tubes considered low Reynolds numbers and relatively simple flow patterns (such as 
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isolated bubble, confined bubble, and annular flow). In order to predict the CO2 flow boiling in micro-scale tubes 
more accurately, more extensive experimental data and more innovative models are required. 
3.4 Experimental Studies and Predictions of Pressure Drop 
Some publications of CO2 flow boiling heat transfer coefficients also presented the pressure drop values, 
comparison with calculated pressure drops based on some models, or developed correlations based on their 
experimental results. Wang et al. (2003) proposed a correlation for macro- and micro-scale tubes. They reported that 
their correlation could estimate their measured values within a deviation of ±10%, however the complete data set, 
including values and test conditions, was not provided. Yoon et al. (2004) showed that the measured pressure drop 
increased with an increase of mass flux and a decrease of saturation temperature. The Chisholm (1973) model was 
modified by including the Weber number in the model, and the revised model predicted better than the original 
model, which overestimated the pressure drop. Koyama et al. (2005) compared the pressure drop in smooth and 
micro-fin tubes, and they showed higher values of pressure drop in a micro-fin tube, which was caused by the 
increase of the friction pressure drop due to the micro-fins on the tube surface. Bredesen et al. (1997) commented 
that their experimental results followed the general trend of pressure drop characteristics, such as the increase of 
pressure drop with the increase of mass flux and the increase of evaporation temperature. They observed that the 
pressure drop was not affected by the change of heat flux. Hihara and Tanaka (2000) presented that measured values 
of pressure drop in a micro-scale tube were much lower than the estimated values based on Lockhart and Martinelli 
(1949), and Chisholm and Laird (1958) model. Pettersen (2004) observed that the pressure drop was a strong 
function of mass flux and quality, and he mentioned the larger pressure drop at lower temperature resulted in the 
lower vapor density giving higher flow velocity. In his study, the Friedel (1979) model predicted the experimental 
results relatively well with a mean and average deviation of 22.3 and –17.4%, respectively. Whereas the special 
micro-scale tube correlations of Tran (1999) and Zhang and Webb (2001) gave poor correspondence. Zhao et al. 
(2000) presented the pressure drop in micro-scale triangular channels. The measured pressure drops showed the 
similar trend as was proposed by other studies. 
As presented by Ould Didi et al. (2002), numerous two-phase flow pressure drop models for macro-scale 
tubes were presented and some of the correlations are presented in Table 2.5. For micro-scale or small-diameter 
tubes, some pressure drop correlations were proposed as shown in Table 2.6, and they were developed based on an 
air-water mixture or conventional refrigerant pressure drop data. Niño et al. (2005) developed a flow-regime based 
model with R410A, R134a, and air-water databases. All models for predicting two-phase flow pressure drops in 
micro- or macro-scale tubes were generated without CO2 data. Even though some researchers modified existing 
models with their experimental CO2 results, the models have difficulty in calculating the pressure drop, because they 
were adjusted with limited database. Thome and Ribatski (2005) showed that most of the experimental data 
presented for a macro-scale tube by Bredesen et al. (1997) could be estimated by Friedel (1979).  
From the literature review of the CO2 two-phase flow pressure drop, the following facts could be deduced:  
• The pressure drop followed a general trend, such as increase of pressure drop with the decrease of 
evaporation temperature and increase of mass flux and quality except in quality regions close to 1.  
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• Usually, the existing correlations overestimated the pressure drop; however some of them could 
predict it relatively well.  
• The Friedel (1979) correlation seems to predict the CO2 pressure drop in macro- and micro-scale tubes 
relatively well as commented by Thome and Ribatski (2005), and Pettersen (2004). However, more 
comparison is needed to verify the usefulness of this correlation, because the comparison is limited 
significantly.  
• The value of the general correlations for the pressure drop in micro-scale tubes need to be verified to 
calculate the CO2 pressure drop with more extensive database.  
• Even though the much lower pressure drop of CO2 than that of other conventional refrigerants was 
expected due to the much higher reduced pressure at an identical saturation temperature, few 
publications presented the experimental comparison of pressure drop between CO2 and conventional 
refrigerants. 
3.5 Flow Visualization and Flow Pattern Map 
Due to the difference of flow boiling heat transfer mechanism and pressure drop for each flow pattern, the 
flow visualization and flow pattern map for two-phase flow has been studied by numerous researchers. A review of 
previous studies for flow visualization in macro- and micro-tubes was presented in section 2.3.  
For the CO2 two-phase flow patterns, very limited data is available. Yoon et al. (2004) proposed a 
correlation to predict the critical quality, where the dryout initiated based on their experimental results. The 
correlation consisted of Reynolds number, boiling number, and Bond number to reflect the effects of mass flux, heat 
flux, and surface tension, respectively. Yun and Kim (2004) showed the flow patterns at an evaporation temperature 
of 5.3°C in a rectangular channel 2 × 16 mm. The range of heat flux and mass flux were 0–250 kW/m2 and 217–868 
kg/m2s, respectively. They commented that their results were similar to the flow patterns for high-pressure stream-
water and the flow pattern maps based on air-water mixture deviated significantly from their data. Schael and Kind 
(2005) observed flow patterns in a horizontal micro-fin tube with the base diameter of 8.62 mm, at the temperature 
of –10 and 5 °C. They mentioned that annular flow was the dominant flow region in their study, and the transition 
from wavy to slug flow could be predicted relatively well by Thome and El Hajal (2003) flow pattern map. 
However, the transition from slug-annular to annular flow occurred not at a certain vapor quality presented by the 
flow pattern map, and the transition quality was a function of mass flux. Pettersen (2004) visualized the flow 
patterns in a tube with the diameter of 0.98 mm at an evaporation temperature of 20°C and heat flux of 13 kW/m2. 
The experimental results showed the dominance of intermittent and annular flow regimes. Annular flow became the 
major flow patterns at higher mass flux. He noted that the observed flow pattern did not fit any flow pattern maps. 
The literature review for the CO2 two-phase flow patterns demonstrated that the flow pattern visualization for CO2 is 
limited significantly, and the visualization in micro- and macro-scale tubes at various evaporation temperatures is 
required for better understanding of heat transfer and pressure drop mechanism.  
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Chapter 4. Experimental Methods 
4.1 Test Facility 
4.1.1 Introduction 
Flow boiling heat transfer coefficient measurements are usually determined by measuring heat flow rates to 
a test section and temperature difference between a tube surface and a refrigerant. According to open literature, 
electric resistance heating, single-phase secondary fluid heating, and two-phase secondary fluid heating with 
condensation are widely used in order to add heat to a test section. For electric resistance heating, wall temperatures 
should be directly measured with thermocouples, and for fluid heating, they can be directly measured or calculated 
by carefully determined fluid side overall heat transfer coefficients. 
The electric resistance heating method uses electric heaters in contact with tubes, or DC or AC power 
supplied directly to tubes. With this method, heat flux to a test condition can be controlled and measured accurately. 
However, constant heat flux conditions in electrical resistance heating can not simulate the heat transfer conditions 
occurring in evaporators as a component of air conditioners and water chillers. Especially, significantly high wall 
temperatures in dryout regions are unrealistic compared to wall temperatures on evaporators heated by fluids. The 
single-phase fluid heating makes it easy to calculate the amount of heat added to a test section. However, constant 
heat flux or wall temperature conditions can not be realized due to the temperature change of a single-phase 
secondary fluid. In the two-phase fluid heating with condensation, the heating condition is similar to constant wall 
temperatures. The main difficulty of this method is the complexity of determining the amount of heat applied to a 
test section, because the calculation of secondary fluid vapor quality at the inlet and outlet of a test section could be 
challenging. 
In this study, a modified single-phase heating method was applied. In order to remove the varying heat flux 
and wall temperature condition, brass pieces were inserted between a secondary fluid and a test tube. The secondary 
fluid is in contact with one side of a brass piece and a test tube is in contact to the opposite side of the brass piece. 
The brass pieces have a sufficiently large thermal capacity to make an almost even temperature distribution on the 
side which was in contact with the test tube. With this method, constant wall temperature could be simulated using a 
single-phase secondary fluid. The facility has two loops for a refrigerant and a secondary fluid (HFE), and two 
chillers for each loop. The following sections describe the two loops and chillers cooling fluids in each loop. 
4.1.2 Refrigerant loop 
Figure 4.1 shows a schematic of the experiment facility. The test facility has 2 independent loops; one is for 
a refrigerant, and the other is for the secondary fluid, HFE7100. The refrigerant loop consists of a gear pump, mass 
flow meter, calorimeter, test section, visualization section, control heater, receiver and subcooler. Liquid refrigerant 
is pumped by the gear pump to the calorimeter. The pump is driven by a DC motor powered by a DC transformer. 
Refrigerant in the loop can be circulated in an oil-free condition because the gear pump needs no oil to operate. A 
coriolis mass flow meter (Micro Motion CMF 025) is located following the pump to measure a mass flow rate of 
refrigerant. There are three different ways to control the refrigerant mass flow rate:  
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• Varying the DC supply to the pump with the DC transformer in order to change the rotating speed of 
the gear pump,  
• Changing the opening of a by pass valve located in the refrigerant path connecting the inlet and outlet 
of the gear pump,  
• Adjusting a needle valve, located downstream of the mass flow meter, which can provide an additional 
pressure drop.  
With the three ways to control the refrigerant mass flow rate, an unstable flow of refrigerant and a significantly high 
pressure difference in the refrigerant loop can be prevented.  
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Figure 4.1 Schematic of the experimental facility and test section 
Before the calorimeter, temperature and pressure are measured to determine the enthalpy of a subcooled 
refrigerant. The calorimeter heats the subcooled liquid refrigerant to a desired quality at the inlet of the heat transfer 
coefficient measurement section, visualization section, or a horizontal pressure drop measurement section. The heat 
is transferred from electric heaters to the tube surface in the calorimeter. The power supplied to the electric heaters is 
controlled manually by a variable alternating voltage source (VARIAC), ranging from 0 to 240 AC volts, and it is 
measured by a wattmeter. After the calorimeter, a test section for measuring heat transfer coefficients follows, and it 
is carefully explained in section 4.2 and 4.3. At the downstream of the test section, a visualization section is located 
in order to observe the flow patterns of refrigerant two-phase flow patterns in an adiabatic condition. More 
information about the visualization section is provided in section 4.2.2. Horizontal and vertical pressure drop is 
measured by differential pressure transducers at adiabatic conditions. After the two-phase flow pressure drop 
measurement section, the control heater is located in order to maintain a desired saturation temperature in the test 
section. The basic structure of the control heater is similar to the calorimeter explained above. Instead of manual 
power adjustment for the calorimeter, the power supply to the control heater is regulated by a PID controller which 
is operated to equalize a set saturation pressure value and the measured saturation pressure. The refrigerant is heated 
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in the control heater and it is two-phase or superheated condition at the outlet. In order to maintain stable refrigerant 
circulation in the loop, liquid refrigerant should be provided to the gear pump. For this reason, refrigerant is 
condensed in a plate heat exchanger connected to the R404A cooling unit. The heat exchanger is located at the top 
of the facility and the outlet of the heat exchanger is connected with a vertical pipe to the bottom of the facility. Due 
to the gravity effect, liquid refrigerant easily flows down to the bottom of the test rig, which results in difficulty 
getting a sufficient subcool at the heat exchanger outlet to avoid cavitation in the pump. Consequently, an additional 
heat exchanger, called the subcooler, is located at the upstream of the gear pump, and it maintains a subcooled 
condition for a refrigerant by cooling with the secondary fluid. The subcooled refrigerant flows back to the gear 
pump, and the refrigerant circulation is completed. In addition to the main refrigerant loop, there are two fade-out 
vessels and a safety relief valve. The fade-out vessels are important for the test facility. They provide enough liquid 
refrigerant at low temperature test conditions to fill the bottom part of the test rig with subcooled refrigerant. Even 
though enough liquid refrigerant can be provided without the fade-out vessels at low temperature test conditions, a 
refrigerant loop without the vessels would be filled with significantly high pressure refrigerant after shutting down 
the system because most, or all, of the liquid changes into vapor. In order to prevent the explosion of any part of the 
refrigerant loop, a safety relief valve adjusted to 3100 kPa is located at the pipe connecting the vessels and the 
refrigerant main loop. A more detailed system schematic is presented in Figure 4.2 and more information about the 
components in the refrigerant and secondary fluid loops is provided in Table 4.1. 
Table 4.1 Component information in the refrigerant and secondary fluid loops 
Component Manufacturer Model number Product information 
DC transformer Sorensen power supply DCR150-10A  
Electric heaters in the 
control heater and the 
calorimeter 
Omega TRI-5448-240 1.55 kW 
Electric heaters in the 
calorimeter for a multi-
ported flat tube 
Omegalux STH051-040 0.313 W 
HFE pump March MFC Inc. AC-5C-MD 1/8 HP 
Refrigerant gear pump Pacific Scientific SR3624 0.25 HP 
 
 39
 
Figure 4.2 Detailed schematic for a refrigerant and secondary fluid loops 
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4.1.3 Secondary fluid loop and R404A chillers 
In this study, the HFE7100 (Methoxynonafluorobutane), produced by 3M Novec Engineering Fluids, is 
used as a secondary refrigerant due to its chemical stability and relatively low thermal capacity at low temperatures. 
There are two functions for the secondary fluid. One is cooling the refrigerant at the subcooler to maintain 
refrigerant subcooling, and the other is heating the refrigerant at the test section. During system operation, the HFE 
is always single-phase in the secondary loop. The HFE is pumped by a constant speed pump. Some bypass valves 
are located for rough adjustment of the HFE flow rate in the secondary fluid loop as presented in Figure 4.2. The 
HFE is delivered to the subcooler where it chills the refrigerant to a subcooled liquid condition. After leaving the 
subcooler, the HFE runs into a filter/dryer to remove moisture and any contaminants in the secondary fluid. The 
HFE flow is spit into two streams at the outlet of the filter/dryer; one is for the flow to a plate heat exchanger 
cooling the HFE and the other is for the flow to a mass flow meter. The amount of each flow is determined by a 
manually operated valve, which mainly controls the HFE flow rate to the test section. The valve is located 
downstream of the mass flow meter (Micro Motion CMF 025). Following this valve, a HFE heater is located in 
order to adjust the HFE temperature delivered to the test section. The basic structure of the HFE heater is similar to 
that of a calorimeter, and the electric power supplied to the HFE heater is controlled by a variable alternating voltage 
source (VARIAC), ranging from 0 to 240 AC volts. The temperature adjusted HFE flows into the test section. Its 
flow circuits in the test section are described in detail in section 4.2 and 4.3 in detail. The HFE temperatures are 
measured at the inlet and the outlet of the test section in order to calculate the heat transfer rate from the HFE to the 
test section. After adding heat in the test section, the HFE is chilled in the plate heat exchanger connected to a 
R404A chiller and driven to the subcooler by the HFE pump.  
Two separate chillers are installed for the refrigerant and HFE loops. For the refrigerant loop, one R404A 
chilling unit (Copeland 3DB3-100LTFC-220) with a capacity of 8 kW at an evaporation temperature of –40 °C and 
a condensation temperature of 30 °C is used. The capacity of the refrigerant loop cooling unit is controlled by three 
methods:  
• the adjustment of the variable speed electric motor driving the compressor by a digital speed 
controller,  
• a thermostatic expansion valve,  
• a manually adjusted pre-expansion valve located at the upstream of the thermostatic expansion valve.  
The other R404A chilling unit (Copeland KWLB-015E-CAV) for the secondary fluid loop has the capacity of 1.5 
kW at an evaporation temperature of –30 °C and a condensation temperature of 30 °C. The compressor of the unit is 
driven by a constant speed electric motor and the capacity is determined by a thermostatic expansion valve. Both 
chilling units are cooled by tap water.  
4.1.4 Measuring and data logging instruments 
T-type thermocouples with a calibrated accuracy of ±0.10 °C are used to measure the refrigerant, HFE, and 
wall temperatures in the test facility. The evaporation pressure of the refrigerant is determined by a pressure 
transducer with an uncertainty of ±3.4 kPa and pressure drop is evaluated by differential pressure transducers with 
an accuracy of ±0.086 kPa. The refrigerant and HFE mass flow rates are measured by mass flow meters with an 
 41
accuracy of ±0.1% of the reading. Electrical power inputs to the calorimeter and HFE heater are measured with watt 
transducers which have 0.2% reading accuracy. More information about the measuring instruments is presented in 
Table 4.2.  
Table 4.2 Measuring instrument information 
Measuring instrument Manufacturer Model number Measuring range Accuracy 
Absolute pressure transducer Sensotec TJE3883-06TJA 0 to 3448 kPa 0.1% / FS 
Differential pressure 
transducer Sensotec Z/5556-01 0 to ± 34.5 kPa 0.25% / FS 
Mass flow meter Micro Motion CMF 025 2180 kg / hr ± 0.1% / Reading 
Watt transducer for the 
calorimeter Ohio Semitronics GW5-021×5 0 to 8 kW ± 0.2% / Reading 
Watt transducer for the HFE 
heater Ohio Semitronics GW5-011×5 0 to 2 kW ± 0.2% / Reading 
Thermocouples Omega T-type –40 to 125°C ± 0.1°C 
 
The measured data from pressure transducers, mass flow meters, watt transducers, and thermocouples are 
collected by a data logger (Campbell Scientific Inc. CR23X Micro logger) every 5 seconds and the gathered data are 
transferred to a PC. The communication between the PC and data logger is performed by software (PC208W 2.3 
data logger support software) and the measured data are saved as CSV (Comma Separated Value) file format in the 
PC.  
4.2 Facility Component for the 6.1 and 3.5 mm Tube 
4.2.1 Heat transfer coefficients and pressure drop 
As shown in Figure 4.2, the calorimeter, used in measuring heat transfer coefficients and pressure drop for 
6.1 and 3.5 mm tubes, consists of two parallel electrical heaters. Refrigerant leaving the calorimeter merges at the 
outlet of the calorimeter and flows into the test section. Before the test section, the merged refrigerant runs about 1m 
in a tube having the same diameter as the test tube in order to obtain a fully developed flow.  
HFE
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Figure 4.3 Photo of a test section installed in brass jackets 
The test section for the 6.1 and 3.5 mm tubes consists of the test tube, brass jacket, and tube circuit for HFE 
as presented at Figure 4.1. The test tubes have a total length of 250 mm and a heated length of 150 mm. The heated 
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region is surrounded by a brass jacket which consists of two half-cylinder pieces. For the 6.1 mm test tube, the 
inside and outside diameters of the test tube are 6.1 and 9.6 mm, respectively, and the material is copper. Whereas, 
the 3.5 mm copper tube is inserted into a copper tube with an outside diameter of 9.6 mm. The space between the 
two tubes is filled with tin, because the outside diameter of the 3.5 mm tube is too small to install inside of the brass 
jackets. Figure 4.3 shows the photo of the test section and Figure 4.4 shows the cross section of the two test tubes.  
  
(a) 6.1 mm test tube (b) 3.5 mm test tube 
Figure 4.4 Schematics of the cross section of the 6.1 and 3.5 mm test tubes  
The secondary fluid, HFE, flows around this jacket in the tube circuit. In order to provide the uniform 
temperature condition, two half-cylinder shaped brass pieces are located between the HFE circuit and the test tube. 
The brass jacket unifies normally low temperature glide of the secondary fluid, HFE, used here for heating. The 
temperature glide of the HFE is controlled between 3 and 4 °C, and the temperature difference between the 
secondary fluid mean temperature and the evaporation temperature is about 10 °C in this study. Even with this 
temperature difference, all measured wall temperatures are within ±0.3 °C in most of the experiments. The non 
scaled cross sectional temperature distribution in the test section is schematically shown in Figure 4.5. All gaps 
among the two brass pieces and the test tube are filled with high thermal conductivity paste to reduce the contact 
thermal resistance while the upper and lower parts of brass jackets are tightened with two metal band clamps. 
Thermocouples are placed at the top, bottom, and sides along 3 locations of test section. The thermocouples were 
attached in grooves carved on the tube surface with thin solder. The remaining portion of the groves is filled with 
high thermal conductivity paste. The thermocouples are equally spaced along the axis of the test section at an 
interval of 50 mm starting 25 mm from the inlet of the heated section. As a result, the temperatures at 12 points on 
the tube surface are measured and their average values are used to calculate the heat transfer coefficient. After 
measuring flow boiling heat transfer coefficients, two-phase flow pressure drop for a horizontal tube is measured in 
adiabatic conditions and the length of the measurement section is 1 m. 
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Figure 4.5 Non true scaled cross sectional temperature distribution in the test section 
4.2.2 Visualization section 
The visualization section, located after the test section, consists of a glass tube, fittings, and a polyester 
block. The inner diameters of glass tubes are 3 and 6 mm, and outer diameters are 10 mm. Their visualized length is 
90 mm. A polyester block, 130 × 70 × 70 mm, surrounds the glass tube in order to prevent the generation of frost, 
caused by low temperatures, at the glass tube surface. The polyester block was formed by pouring liquid plastic in a 
mold including the glass tubes and fittings, and by curing it. Figure 4.6 shows a visualization section and 
visualization experiment. 
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(a) visualization section (b) visualization experiment 
Figure 4.6 Photos for a visualization section and visualization experiment  
4.3 Facility Component for the 0.89 mm Multi-port Tube 
In order to measure the heat transfer coefficients and pressure drop for a small scale channel, a multi-ported 
aluminum flat tube with 10 round channels, is used in this study. The diameter of each channel is 0.89 mm. More 
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information about the tube is shown in Figure 4.7. In most of previous studies with multi-ported tubes, refrigerant 
distribution to each channel is an important issue, because the heat transfer, pressure drop, and flow pattern 
characteristics are significantly influenced by the refrigerant distribution. For even distribution to each channel, a 
long, multi-ported tube where a calorimeter and test section are located is used in this study, and a subcooled single-
phase refrigerant is supplied to the tube. As shown in Figure 4.2, the calorimeter consists of the multi-ported tube 
and two flat-shaped electrical heaters located on the both sides of the tube. Refrigerant leaving the calorimeter runs 
into the test section in the channels without any re-distribution process. In the test section, refrigerant is heated under 
a constant wall temperature condition controlled by two brass pieces with HFE flow circuits as shown in Figure 4.8. 
As the brass jacket of the test section for 6.1 and 3.5 mm tubes, the two brass pieces for the 0.89 mm multi-ported 
tube unify the temperature glide of HFE which is controlled between 3 and 3.5 °C. The multi-ported tube is located 
between the two brass pieces, which supplies heat on both sides of the tube. All gaps among the two brass pieces 
and the heated tube are filled with high thermal conductivity paste to reduce the contact thermal resistance while the 
upper and lower parts of brass jackets are tightened with four bolts and nuts at the four corners of the brass pieces. 
Two thermocouples are placed at the top and bottom of the tubes at 3 locations of test section as shown in Figure 
4.8. The thermocouples were attached with a thermal epoxy on the surface of the tube because it is difficult to attach 
thermocouples on an aluminum surface with any type of solder. The epoxy layer between the thermocouples and the 
tube surface is significantly thin. As a result, the influence of the thermal conductivity of the epoxy on the 
temperature reading can be neglected. The small spaces between the two brass pieces and the tube are filled with 
high thermal conductivity paste. The thermocouples are equally spaced along the axis of the test section at an 
interval of 45 mm starting 30 mm from the inlet of the heated section.  
 
Figure 4.7 Dimensions of the multi-ported aluminum tube 
The pressure drop measurement for small channels is a complicated task especially for a multi-ported tube 
because the pressure loss at the inlet and exit headers should be considered. In order to eliminate the inaccuracy 
caused by using headers to feed a refrigerant from a single tube to a multi-ported tube, an assembly to connect the 
two multi-ported tubes in series is applied in this study and a picture of the assembly is presented in Figure 4.9. The 
assembly consists of three pieces of aluminum blocks with holes which exactly match the outside profile of the 
multi-ported tube. An o-ring is located between the aluminum blocks and the blocks are tightened by screws. 
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Pressure is measured at the center of the assembly where the ends of two tubes meet. The assemblies are installed at 
the two ends of the tube with the length of 0.5 m for measuring horizontal two-phase flow pressure drop at an 
adiabatic condition. 
 
 
(a) test section for the 0.89 mm multi-ported tube (b) locations of thermocouples on the tube 
Figure 4.8 (a) test section for the 0.89 mm multi-ported tube (b) locations of thermocouples on the tube 
 
Figure 4.9 Assembly to measure pressure drop of the multi-ported tube 
4.4 Data Reduction 
For a flow boiling condition in this study, heat is transferred to the test tube by conduction from the brass 
pieces which are maintained at a higher temperature than the refrigerant evaporation temperature by the secondary 
fluid. In order to obtain an average heat transfer coefficient, the heat transfer rate to the refrigerant ( refQ ) should be 
determined as shown in Eq. (4.1). The heat flows in the test section are presented schematically in Figure 4.10 for 
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round tubes and the multi-ported tube. A heat transfer coefficient can be calculated from the heat transfer rate to the 
refrigerant, the heat transfer area to a refrigerant ( surfA ), and the temperature difference between the wall and a 
saturated refrigerant (
2COW
TT − ) by Eq. (4.2). 
 
Figure 4.10 Schematics for the heat flows in the test sections for round and flat tubes 
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As presented, the first term of right hand side of Eq. (4.1), the heat transfer rate from secondary fluid was 
determined from the HFE specific heat, mass flow rate, and temperature difference between the inlet and outlet of 
the test section. The HFE specific heat ( HFEPC , ) is calculated from Eq. (4.3) which is a manufacturer’s property 
equation modified by a calibration test. The calibration test was performed with HFE flowing through the test 
section at operating temperatures (around –27 °C) and with an electrical heater inserted in the test section. For the 
test section of round test tubes, a cylindrical electric heater was put in the grooves for the test tubes on the brass 
jackets. For the test section of the multi-ported flat tube, thin film-type kapton heaters were located between the two 
brass pieces. In the calibration test, the HFE temperatures at the inlet and outlet of the test section were measured 
with the electric power supplied to the heater. Also, the overall heat transfer coefficient of the test section ( tsUA ), 
which is needed to calculate the heat exchange rate with the environment ( AmbQ ) can be obtained with the 
calibration test. The measured overall heat transfer coefficient is 0.005 W/K for the test sections of the round test 
tubes (inner diameter of 6.1 and 3.5 mm) and it is 0.150 W/K for the multi-ported flat tube test section. The heat 
transfer rate with the environment can be determined by the Eq. (4.4). 
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The last term of right hand side of Eq. (4.1) is the axial conduction heat loss ( CondQ ) though a test tube material. In 
most of the previous studies, the conduction heat transfer rate though a tube material has not been seriously 
considered. However, the conduction heat transfer is important in this study, because the relatively small amount of 
heat is added to the test section. In order to quantify the heat transfer rate through the tube, the following 
assumptions are applied to the model:  
• No temperature gradient exists in any direction in a pipe element.  
• The temperature of the pipe element far away from the test section is at the saturation temperature of a 
refrigerant.  
• The heat transfer coefficient for the refrigerant side is identical to the value in the test section.  
• The conduction phenomenon is symmetric to the left and right side of the test section.  
• The element is well insulated.  
Figure 4.11 shows an element (i), with the input of heat conduction from an element (i–1), ( iin,φ ), and the 
output of heat conduction to an element (i+1), ( 1,1 +ioutφ ), and the output of heat convection to a refrigerant, 
( 1,2 +ioutφ ). The energy balance and equations for the heat transfer in the element are presented in Eq. (4.5a to d).  
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With this model, the axial conduction heat loss ( CondQ ) can be calculated by Eq. (4.6) because the conduction heat 
transfer from the test section is the input of heat conduction to the element of (i=1) for both sides. 
1,
2 =⋅= iiinCondQ φ  (4.6) 
 
Figure 4.11 Schematics of an element (i) in a test tube with heat input and output 
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4.5 Uncertainty Analysis 
Moffat (1988) presented a method to calculate the uncertainty of a result from the measurement of variables 
as the root-sum-square (RSS) combination. The result ( R ) calculated from the N number of measured variables 
( iX ) with known measurement uncertainties ( iXδ ) can be shown as Eq. (4.7) and the uncertainty of a result ( Rδ ) 
is Eq. (4.8). The Eq. (4.8) is valid as long as (i) each of the measurements is independent (ii) repeated measurements 
show Gaussian distributions (iii) the uncertainty of each measurement is expressed as the same level of confidence. 
In this study, the uncertainty of a result is based on a 95% confidence level. 
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In order to calculate the uncertainty of a flow boiling heat transfer coefficient, the coefficient should be presented as 
the function of the measured variables. From the equations from Eq. (4.1) to (4.6), the heat transfer coefficient can 
be shown as Eq. (4.9). 
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Based on Eq. (4.8), the uncertainty of a flow boiling heat transfer coefficient ( hδ ) can be found by Eq. (4.11). For 
the partial derivative of a heat transfer coefficient with respect to a saturation pressure, Eq. (4.12) is used because a 
refrigerant saturation temperature in Eq. (4.10) is calculated from a measure saturation pressure. 
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All sensitive coefficients in Eq. (4.11) are programmed in a reduction program and an uncertainty for every data 
point is calculated. The uncertainty is within the range of 8–49% of the measured heat transfer coefficients. Each 
measurement uncertainty is shown as a vertical error bar in the figures. Table 4.3 presents the results of uncertainty 
analysis for the CO2 flow boiling heat transfer coefficient in a 6.1 mm tube for the evaporation temperature of –30 
°C, mass flux of 200 kg/m2s, and heat flux of 10 kW/m2 at the vapor quality of 0.55. 
Table 4.3 Result of uncertainty analysis for the CO2 flow boiling heat transfer coefficient (6.1 mm tube, 
evaporation temperature: –30 °C, mass flux: 200 kg/m2s, heat flux: 10 kW/m2, vapor quality: 0.55) 
iX  Measured value iXδ  Unit iXh ∂∂ /  Percent of total uncertainty, hδ  
HFEm  5.779 0.02194 g/s 1.062 × 106 0.11 
offsetHFEPC ,,  1.232 0.03705 kJ/kgK 6137 10.36 
tsUA  0.005061 0.0356 W/K 8886 20.05 
iHFET ,  –13.44 0.1 °C 1873 7.02 
oHFET ,  –17.44 0.1 °C –1859 6.92 
AmbT  24.79 0.1 °C 1.12 0 
WT  –28.41 0.02887 °C –14934 37.24 
satP  1427 3.4 kPa 84.04 16.36 
1k  407.7 0.1 1k  W/mK –2.41 1.94 
h = 6433 W/m2K          hδ = 706.5 W/m2K 
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Chapter 5. Flow Boiling Heat Transfer Coefficient 
5.1 Chapter Overview 
Flow boiling in tubes and channels is a complex process because it is governed by many thermo and fluid 
mechanics such as convective and nucleate heat transfer, phase change, flow patterns, liquid and vapor phase 
interactions, etc. The flow boiling heat transfer is also a very important design parameter to heat exchanger 
designers because the evaporator or boiler performance strongly depends on the flow boiling. As a result, flow 
boiling heat transfer for numerous kinds of fluids has been measured under various conditions and empirical or 
semi-empirical correlations to calculate heat transfer coefficient have been developed and modified by many 
researchers. Fundamental theory of physical phenomena and general correlations about flow boiling heat transfer is 
presented in section 2.1.  
In this chapter, CO2 flow boiling heat transfer is investigated with experimental data and numerical results 
based on various correlations to predict heat transfer coefficients. First, the measured heat transfer coefficients are 
verified by comparing predicted values with some general correlations for a well known refrigerant R22 and by 
comparing CO2 heat transfer coefficients from previous studies. CO2 heat transfer coefficients are measured in 6.1 
and 3.5 mm copper tubes at low evaporation temperatures of –15 and –30 °C and the measured coefficients are 
compared with predicted values. The surface condition of the tubes is shown and its possible effect on heat transfer 
is analyzed. R410A and R22 flow boiling heat transfer coefficients are measured in a 6.1 mm copper tube and their 
characteristics are compared with the CO2 heat transfer coefficients. Finally, the CO2 flow boiling heat transfer 
coefficients in a small channel, with a diameter of 0.89 mm, are investigated by experimental and numerical 
methods. In this study, all measurement of heat transfer coefficients is performed in horizontal tubes.  
5.2 Measured Heat Transfer Coefficient Verification 
5.2.1 Comparison of R22 heat transfer coefficient with some general correlations 
In order to verify the methodology presented in section 4.4, the measured R22 flow boiling heat transfer 
coefficients for a 6.1 mm tube with this test facility are compared with the predicted values calculated by the Gungor 
and Winterton (1986), Kandlikar (1990), Shah (1982), and Wattelet et al. (1994) correlations. The heat transfer 
coefficient measurement is performed at the evaporation temperature, heat flux and mass flux of –15 ˚C, 10 kW/m2, 
and 400 kg/m2 s, respectively, and its results are presented in Figure 5.1. R22 was chosen as a refrigerant in this 
comparison measurement because R22 has large data base and it is a well known refrigerant. Additionally, most of 
the general correlations were developed from data bases including R22. Figure 5.1 shows that the measured heat 
transfer coefficients agree relatively well with the values predicted by the general correlations. A vertical bar for 
each measured heat transfer coefficient represents a measurement uncertainty which is described in section 4.5. 
From this comparison, it can be concluded that the applied methodology is appropriate to measure heat transfer 
coefficients at low evaporation temperatures. 
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Figure 5.1 Comparison of the measured and predicted R22 flow boiling heat transfer coefficients to validate the 
test results for a 6.1 mm tube at an evaporation temperature, heat flux and mass flux of –15 ˚C, 10 kW/m2, and 
400 kg/m2 s, respectively 
5.2.2 Comparison of CO2 heat transfer coefficient with other previous studies 
Figure 5.2 shows the comparison of the measured CO2 heat transfer coefficients for the 6.1 mm tube with 
Bredesen et al. (1997), and Høgaard Knudsen and Jensen (1997) at similar test conditions. The flow boiling heat 
transfer coefficients measured by Bredesen et al. (1997) are higher than the measured coefficients in this study. 
Although the evaporation temperature in Bredesen et al.’s (1997) experiment was higher than that in this study, their 
measured values are much higher considering the lower heat flux. Thome and El Hajal (2004) commented that 
Bredesen et al.’s (1997) results were significantly larger than generally accepted correlations. Høgaard Knudsen and 
Jensen’s (1997) results are a little bit lower than the measured data in this study. The cause of this difference might 
be explained by the effect of geometry and flow rate. Høgaard Knudsen and Jensen (1997) used a 10 mm inside 
diameter tube which is 64% larger than the tube in this study. Also mass flux is 12.5% lower. Although the effect of 
mass flux on CO2 flow boiling heat transfer coefficient is known to be insignificant, low mass flux can cause 
insufficient liquid film on the upper part of tube for nucleate boiling by developing stratified flow patterns. 
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Figure 5.2 Comparison of the measured CO2 heat transfer coefficients with the data presented by Bredesen et al. 
(1997), and Høgaard Knudsen and Jensen (1997) at similar measurement conditions 
The flow boiling heat transfer coefficients determined by Høgaard Knudsen and Jensen (1997) decrease with the 
increase of vapor quality. Usually, a decreasing heat transfer coefficient trend with the increase of vapor quality 
occurs in stratified flow patterns. The other difference is that Høgaard Knudsen and Jensen (1997) used a stainless 
steel pipe in their experiment. Loebl and Kraus (2004) experimentally showed that the pool boiling heat transfer of 
CO2 for a stainless steel tube was about 30% less than that for a copper tube. Considering that the nucleate boiling 
heat transfer is the major heat transfer mechanism in CO2 flow boiling, the use of stainless steel tube can reduce the 
CO2 flow boiling heat transfer coefficients. In this study, the material of the test tubes is copper. 
5.2.3 Repeatability of measured heat transfer coefficients 
Measurement repeatability is also very important in the analysis of experimental data. Figure 5.3 shows the 
measurement repeatability for CO2 flow boiling heat transfer measurements for two test conditions. The time period 
between the first and second measurement was a few weeks. For an identical condition, the measured coefficients 
are within the uncertainty bar for each other, which means that the measured heat transfer coefficients of this facility 
are repeatable. 
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Figure 5.3 Measurement repeatability for CO2 heat transfer coefficients at an evaporation temperature of –15 °C 
and a heat flux of 10 kW/m2 for mass fluxes of 200 and 400 kg/m2s 
5.3 CO2 Flow Boiling Heat Transfer Coefficients in 6.1 and 3.5 mm Tubes 
5.3.1 Measured CO2 heat transfer coefficients  
Figures 5.4 and 5.5 present the CO2 flow boiling heat transfer coefficients for the 6.1 mm tube at mass 
fluxes ranging from 100 to 400 kg/m2s, heat fluxes from 2 to 15 kW/m2, and evaporation temperatures of –15 and –
30 °C, respectively. In Figures 5.4 and 5.5, the heat transfer coefficients are nearly independent of vapor quality for 
a mass flux of 200 kg/m2 s, which is different from the trend of increasing heat transfer coefficients with the increase 
of vapor quality. Seen with other refrigerants, this uncommon trend for CO2 can be explained by the difference of 
the density ratio of vapor to liquid for CO2 compared with the ratio for conventional refrigerants. Convective boiling 
is usually enhanced by the increasing of the average velocities of liquid and vapor as the quality increases. As the 
density ratio of vapor to liquid increases, there is a smaller change in the convective boiling heat transfer coefficient 
as quality increases due to the smaller variation in the liquid and vapor average velocities. The density ratio of vapor 
to liquid for CO2 is 0.0600 at –15 ˚C, this is significantly higher than that for conventional refrigerants such as R22 
and R410A. The ratios for R22 and R410A at –15 ˚C are 0.0097 and 0.0150, respectively. Consequently, CO2 flow 
boiling heat transfer coefficients are almost independent of quality due to the combination of relatively smaller 
change of convective heat transfer with respect to quality and high nucleate boiling values. However, as the mass 
flux increases, the convective heat transfer becomes larger. As a result, flow boiling heat transfer coefficients have a 
positive slope for a mass flux of 400 kg/m2 s. In Figures 5.4 and 5.5, heat transfer coefficients strongly depend on 
heat flux due to the active nucleate boiling mechanism present in all test conditions.  
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(a) 2 kW/m2 (b) 5 kW/m2 (c) 10 kW/m2 (d) 15 kW/m2  
Figure 5.4 CO2 flow boiling heat transfer coefficients in the 6.1 mm tube at an evaporation temperature of –15 
°C and mass fluxes from 100 to 400 kg/m2s for heat fluxes of (a) 2 (b) 5 (c) 10 (d) 15 kW/m2 
 
(a) 2 kW/m2 (b) 5 kW/m2 (c) 10 kW/m2 (d) 15 kW/m2 
Figure 5.5 CO2 flow boiling heat transfer coefficients in the 6.1 mm tube at an evaporation temperature of –30 
°C and mass fluxes from 100 to 400 kg/m2s for heat fluxes of (a) 2 (b) 5 (c) 10 (d) 15 kW/m2 
The flow boiling heat transfer coefficients at –15 ºC are always higher than those at –30 ºC as presented in 
Figures 5.4 and 5.5. Like other refrigerants, this is mainly because the nucleate boiling heat transfer is reduced with 
decreasing evaporation temperature. The reduction of the nucleate boiling heat transfer is related to a decrease of the 
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reduced pressure, which is a crucial parameter in determining the intensity of nucleate boiling as presented by the 
Gorenflo (1993) correlation. The reduced pressures of CO2 at –15 and –30 ºC are 0.310 and 0.194, respectively.  
The trend of the heat transfer coefficient change with respect to quality is similar for evaporation 
temperatures of –15 and –30 ºC with mass fluxes of 200 and 400 kg/m2 s. However, the flow boiling heat transfer 
coefficients for a mass flux of 100 kg/m2 s have a different trend compared with those for 200 and 400 kg/m2 s, 
especially for an evaporation temperature of –15 ºC. They are obviously lower heat transfer coefficients than those 
for higher mass fluxes and show a decreasing trend with the increase of quality. In order to explain this trend, the 
visualization of flow patterns was performed in this study; more information on this is provided in section 7.1. The 
visualization of the flow pattern in the 6.0 mm glass tube for a mass flux of 100 kg/m2 s showed a stratified flow 
pattern at every vapor quality for evaporation temperatures of –15 and –30 ºC. A stratified flow means that there is 
less liquid film near the top part of tube. The lack of a liquid film gets more severe as the quality increases. Under 
stratified flow conditions, nucleate boiling cannot be initiated on the top part of the tube wall, which results in the 
lower flow boiling heat transfer coefficients. Another noticeable trend of the heat transfer coefficient for 100 kg/m2 s 
is the effect of the evaporation temperature. Although the effect of evaporation temperature on the heat transfer is 
influenced by many thermophysical parameters of CO2, surface tension could be the primary property to explain the 
temperature effect, especially for the liquid deficient region. For a mass flux of 100 kg/m2 s, the flow is stratified, 
and nucleate boiling could not occur on the top of the tube wall. CO2 surface tension for –15 ºC is 70% of that for –
30 ºC. A lower surface tension makes nucleate boiling in the liquid film occur easily, and this active nucleate boiling 
enhances the entrainment of liquid droplets through the mechanism of bubble bursting. Increasing the entrainment of 
liquid droplets helps to create dry regions on the tube wall as explained by Fujita and Ueda (1978). As a result, the 
heat transfer coefficient decreases with increasing quality and this trend becomes more obvious for higher 
evaporation temperatures.  
Generally, flow boiling heat transfer coefficients are augmented with increasing mass flux due to the 
enlarged convective heat transfer contribution. However, heat transfer coefficients for CO2 are lower for the higher 
mass flux of 400 kg/m2 s than at 200 kg/m2 s in the low quality regions as shown in Figures 5.4 and 5.5. Indication 
of similar mass flux effects could be seen in data presented by Bredesen et al. (1997) and Yun et al. (2003), however 
it occurred at low qualities, less than 0.3 and the authors did not make any comment. Thome and El Hajal (2004) 
proposed a correlation predicting flow boiling heat transfer coefficients for CO2 citing the fact that the increase of 
mass flux does not always give a higher heat transfer coefficient based on their prediction results. The unanticipated 
decrease in heat transfer with increasing mass flux could be a result of a decrease in nucleate boiling due to partial 
obstruction of bubble generation. This obstruction may be a consequence of the liquid and vapor dynamics which 
affects the thermal boundary layer needed to initiate nucleation. 
In this study, heat transfer coefficients were measured at heat fluxes of about 1 kW/m2 for the 6.1 mm tube. 
However, the results are not presented in Figures 5.4 and 5.5 because their measurement uncertainties are 
considerable. Even though the uncertainties are significantly high, the heat transfer coefficients are useful for the 
design of evaporators operating at low heat flux conditions. Figure 5.6 shows the change of average heat transfer 
coefficients with respect to the change of heat fluxes including 1 kW/m2. Based on Figure 5.6, it can be stated that 
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the average heat transfer coefficients for the 6.1 mm tube are influenced by heat flux and evaporation temperature 
not by changing of the mass fluxes from 200 to 400 kg/m2s.  
In order to generate flow boiling conditions, the heat flux should be above the required minimum values. 
The minimum heat fluxes were calculated from Eq. (5.1) presented by Steiner and Taborek (1992) with the critical 
radius, r = 0.3 μm, which is recommended for commercial tubes. 
lvv
losat
ONB hr
hT
q ρ
σ2=   (5.1) 
where loh  is calculated from the Gnielinski (1976) correlation. Table 5.1 shows the minimum heat fluxes required 
to generate flow boiling conditions and it can be concluded that flow boiling occurs at test conditions above a heat 
flux of 5 kW/m2. The change of average heat transfer coefficients is continuous with respect to heat fluxes even 
though some measurements were performed under the minimum heat fluxes in Figure 5.6. Consequently, Figure 5.6 
shows that the onset of flow boiling does not result in sudden change of heat transfer coefficients.   
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Figure 5.6 Effect of heat flux: Average CO2 flow boiling heat transfer coefficients in the 6.1 mm tube with 
respect to heat flux at the evaporation temperatures of –15 and –30 °C, and mass fluxes of 200 and 400 kg/m2s 
Table 5.1 Minimum heat flux [kW/m2] to generate flow boiling for 6.1 mm tube based on Steiner and Taborek 
(1992) 
G [kg/m2 s] Tsat = –15°C Tsat = –30°C 
100 0.38 0.67 
200 0.74 1.36 
400 1.35 2.50 
 
Figures 5.7 and 5.8 show the comparison of local flow boiling heat transfer coefficients for the 3.5 and 6.1 
mm tubes for two mass fluxes and three heat fluxes at an evaporation temperature of –15 and –30 ºC, respectively. 
For a mass flux of 200 kg/m2 s, the heat transfer coefficients for the 3.5 mm tube show the trend of nucleate boiling 
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dominant heat transfer at a quality range below 0.5. It is characterized by the strong dependence on the change of 
heat flux and the small influence of quality. Heat transfer coefficients for the 3.5 mm tube are more affected by 
qualities above 0.5 due to the increase of the convective boiling contribution to the heat transfer mechanism. For a 
mass flux of 400 kg/m2 s, the heat transfer coefficients for the 3.5 mm tube demonstrate the dominance of 
convective boiling heat transfer. Their change as a function of quality is very significant, also the heat flux influence 
to the heat transfer coefficients for a mass flux of 400 kg/m2 s is smaller than 200 kg/m2 s. These heat transfer 
characteristics for the 3.5 mm tube can be explained by the relation between convective boiling heat transfer and 
liquid film thickness at the tube wall. Thome and El Hajal (2004) gave the relation including the liquid film 
Reynolds number and liquid Prandtl number as presented by the Eq. (5.2). 
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The constant a and b in Eq. (5.2) were given by them as 0.0133 and 0.69, respectively. From this equation, the 
convective boiling increases with the reduction of liquid film thickness at a tube wall. If an annular flow is ideally 
concentric without interfacial waves and without liquid entrainment in the vapor core, the liquid film thickness can 
be obtained by Eq. (5.3). As the tube diameter decreases, the liquid film thickness also decreases at an identical void 
fraction condition, and the convective boiling effect on heat transfer becomes stronger. However, this explanation 
can only clarify the fact that the heat transfer for the 3.5 mm tube is more influenced by convective boiling than that 
for the 6.1 mm. In order to explain the different heat transfer trends between the mass fluxes 200 and 400 kg/m2 s 
for the 3.5 mm tube, the relation between the mass flux and the liquid film thickness should be identified. From the 
equation proposed by Rouhani and Axelsson (1970), the void fraction increases with the increase of mass flux at an 
identical quality. Also, the entrainment of liquid into the vapor core is enhanced with the increase of mass flux as 
presented by Okawa et al. (2002). Consequently, the liquid film thickness becomes thinner with the increase of mass 
flux and the decrease of tube diameter, which causes the significant influence of convective boiling heat transfer for 
the 3.5 mm tube at the higher mass flux of 400 kg/m2 s.  
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(a) 5 kW/m2 (b) 10 kW/m2 (c) 15 kW/m2 
Figure 5.7 CO2 flow boiling heat transfer coefficients in the 3.5 (solid lines) and 6.1 (dash lines) mm tube at an 
evaporation temperature of –15 °C and mass fluxes of 200 and 400 kg/m2s for the heat fluxes of (a) 5 (b) 10 (c) 
15 kW/m2 
 
(a) 5 kW/m2 (b) 10 kW/m2 (c) 15 kW/m2 
Figure 5.8 CO2 flow boiling heat transfer coefficients in the 3.5 (solid lines) and 6.1 (dash lines) mm tube at an 
evaporation temperature of –30 °C and mass fluxes of 200 and 400 kg/m2s for the heat fluxes of (a) 5 (b) 10 (c) 
15 kW/m2 
Flow boiling heat transfer coefficients are not significantly affected by the change of tube diameter at a 
mass flux of 200 kg/m2 s because they have a nucleate boiling dominant heat transfer mechanism. Figures 5.7 and 
5.8 present the small effect of tube diameter on heat transfer coefficients. For a mass flux of 400 kg/m2 s at a low 
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heat flux of 5 kW/m2, heat transfer coefficients for the 3.5 mm tube are higher than those of 6.1 mm due to the 
increase of convective boiling contribution to heat transfer for the smaller tube. The difference of average heat 
transfer coefficients for the 3.5 and 6.1 mm tubes becomes smaller with the increase of heat flux and evaporation 
temperature, even at a higher mass flux of 400 kg/m2 s, because nucleate boiling becomes more active. The average 
heat transfer coefficients for 3.5 mm are smaller than those of 6.1 mm at some nucleate boiling dominant test 
conditions, which might be caused by the difference of tube roughness between the two tubes, since nucleate boiling 
is influenced by surface roughness as presented by Gorenflo (1993).  
5.3.2 Prediction of CO2 heat transfer coefficients 
Most of the general correlations, predicting flow boiling coefficients, were generated without data for CO2, 
and moreover the database, which was used to create correlations for conventional refrigerants, excluded 
evaporation at very low temperatures such as –30 ºC. Due to this limitation, some general correlations were known 
to underpredict the heat transfer coefficients for CO2 at evaporation temperatures above 0 ºC as presented by Thome 
and El Hajal (2004), and Høgaard Knudsen and Jensen (1997). They usually fail to evaluate the nucleate dominant 
mechanism in CO2 flow boiling and the dryout effect on the heat transfer coefficient at relatively high evaporation 
temperatures. Recently, Thome and El Hajal (2004) presented a correlation to calculate the flow boiling heat transfer 
coefficient for CO2 only, based on a heat transfer model associated with flow patterns presented by Kattan et al. 
(1998a, b, and c) and the correction of CO2 nucleate boiling contribution. More information about the Thome and El 
Hajal (2004) correlation is provided in section 2.1.3. The unexpected phenomenon, the decreasing of the heat 
transfer coefficients with an increase in mass flux at low quality regions, could be predicted by their correlation. In 
the Thome and El Hajal (2004) correlation, the suppression factor included a mass flux to consider its influence on 
nucleate boiling heat transfer. Based on the predicted heat transfer coefficients, they insisted that an increase in mass 
flux does not always result in a higher heat transfer coefficient due to the nucleation obstruction at low quality 
regions. The present study proves their assumption experimentally as shown in Figure 5.9. However, the Thome and 
El Hajal (2004) correlation over predicted at high vapor qualities due to the overestimation of the convective boiling 
contribution. Also, the predicted results show the significant contribution of convective boiling to heat transfer for 
the 3.5 mm tube at the mass flux of 400 kg/m2s, even though the difference between measured and predicted 
coefficients is not small. The difference between the measured and predicted heat transfer coefficients for the 3.5 
mm tube could be due to the effect of surface roughness, because Thome and El Hajal (2004) correlation did not 
consider seriously the surface conditions. The effect of surface roughness on heat transfer coefficients is discussed in 
section 5.3.3. 
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Figure 5.9 Unexpected effect of a mass flux increase on heat transfer at low quality regions: predicted by Thome 
and El Hajal (2004) vs. experimental data for 6.1 and 3.5 mm tube from this study 
Although most general correlations to predict flow boiling heat transfer coefficients have some limitations, 
it is still valuable to apply them to predict the heat transfer coefficients for CO2 at low evaporation temperatures 
because the thermophysical properties of CO2 in this temperature range are similar to those of conventional 
refrigerants at their applicable temperature range, for example CO2 at –30 °C and R22 at 10 °C. Table 5.2 presents 
some physical properties of CO2 at –30 °C and R22 at 10 °C, and it shows that there is no significant difference 
between the CO2 and R22 for thermal conductivity, viscosity and density of liquid and vapor, and surface tension.  
Table 5.2 Relevant physical properties of CO2 at –30 °C and R22 at 10 °C 
 lk  
[W/m·K] 
vk  
[W/m·K] 
lμ  
[μPa·s] 
vμ  
[μPa·s] 
lρ  
[kg/m3]
vρ  
[kg/m3]
σ  
[N/m] 
lCp  
[kJ/kg·K] 
lCp  
[kJ/kg·K]
CO2 at 
–30 °C 0.148 0.01404 169.4 12.45 1076 37.1 0.01008 2.068 1.134 
R22 at 
10 °C 0.09023 0.01065 185 12.59 1238 28.63 0.01026 1.204 0.7905 
 
In this study, the measured CO2 flow boiling heat transfer coefficients in the 6.1 and 3.5 mm tubes are 
compared with calculated values based on general correlations for macro-scale tubes. The prediction of heat transfer 
coefficints is performed by the Thome and El Hajal (2004), Gungor and Winterton (1986), Wattelet et al. (1994), 
Liu and Winterton (1991) and Shah (1982) correlations. More fundamental theory about the above correlations is 
presented in section 2.1. Tables 5.3 and 5.4 shows the absolute average deviation (AAD) of the predicted heat 
transfer coefficients from measured values for each correlation at a saturation temperature, mass flux, and heat flux 
for a vapor quality range of 0.1 to 0.8. The definition of AAD is presented in Eq. (5.4) and Tables 5.3 and 5.4 give 
the AAD for the 6.1 and 3.5 mm tubes, respectively. 
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In Table 5.3, the AAD’s of predicted heat transfer coefficients for the 6.1 mm tube at various saturation 
temperatures, mass fluxes, and heat fluxes are presented with AAD’s lower than 20% shown in bold font. For a 
mass flux of 100 kg/m2s, the Thome and El Hajal (2004) correlation is excluded from the comparison table. This is 
because the correlation requires the angle of the dryout region in the tube wall. It is observed that the flow pattern 
for the mass flux of 100 kg/m2s is a stratified flow however the angle was not obtained from the visualization.  
For an evaporation temperature of –15 °C and a mass flux of 100 kg/m2s, the Gungor and Winterton 
(1986), and the Wattelet et al. (1994) correlations predict heat transfer coefficients well for the heat fluxes of 5, 10, 
and 15 kW/m2. For a mass flux of 200 kg/m2s, the Liu and Winterton (1986) correlation can determine heat transfer 
coefficients relatively well at a heat flux of 2 kW/m2, and the Thome and El Hajal (2004), and Gungor and 
Winterton correlations are a good choice to predict at heat fluxes of 5, 10, and 15 kW/m2. For a mass flux of 400 
kg/m2s, there is no recommendable correlation for a heat flux of 2 kW/m2, however the Gungor and Winterton 
(1986) and Wattelet et al. (1994) correlations can give an acceptable prediction accuracy.  
Table 5.3 Absolute average deviation (AAD) of predicted CO2 flow boiling heat transfer coefficients from 
measured values in the 6.1 mm tube at evaporation temperatures of –15 and –30 °C; mass fluxes of 100, 200, and 
400 kg/m2s; and heat fluxes 2, 5, 10, and 15 kW/m2  
TEvap 
Mass flux 
[kg/m2s] 
Heat flux 
[kW/m2] 
Thome and 
El Hajal 
(2004) 
Gungor and 
Winterton 
(1986) 
Wattelet et 
al. (1994) 
Liu and 
Winterton 
(1991) 
Shah 
(1982) 
5  5.8 19.1 29.6 55.9 
10  6.9 14.7 28.1 62.7 100 
15  8.3 9.1 22.6 63.4 
2 99.6 35.9 33.3 17.0 27.3 
5 13.6 11.2 22.0 33.3 46.6 
10 6.4 19.2 25.1 36.8 57.3 
200 
15 11.9 21.7 22.3 35.3 60.4 
2 182.6 111.5 123.1 85.9 88.0 
5 42.6 17.5 15.3 3.5 12.2 
10 10.4 5.3 7.3 21.4 33.7 
–15 °C 
400 
15 11.2 10.3 9.1 23.6 40.6 
5  27.2 10.0 12.8 31.3 
10  0.8 17.8 28.1 53.6 100 
15  3.4 14.2 26.6 56.8 
2 223.4 104.2 102.2 73.2 87.3 
5 70.1 20.8 18.4 10.2 19.3 
10 16.0 8.3 19.4 30.1 43.2 
200 
15 4.6 13.6 21.8 32.9 50.1 
2 263.6 168.5 180.3 151.6 148.8 
5 118.1 59.7 62.9 41.0 48.1 
10 43.9 14.9 14.1 3.0 13.1 
–30 °C 
400 
15 10.3 5.0 6.7 18.1 28.9 
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At an evaporation temperature of –30 °C, no correlation can determine heat transfer coefficients well for a 
heat flux of 2 kW/m2. For a mass flux of 100 kg/m2s, the Wattelet et al. (1994), and Gungor and Winterton (1986) 
correlations predict relatively well. Also, they show acceptable predictions for a mass flux of 200 kg/m2s and above 
heat fluxes of 5 kW/m2. The Thome and El Hajal (2004) correlation calculates relatively well above a heat flux of 10 
kW/m2 for a mass flux of 200 kg/m2s. For a mass flux of 400 kg/m2s, all of the correlations are not accurate with a 
heat flux of 2 and 5 kW/m2, whereas their accuracy becomes better at heat fluxes of 10 and 15 kW/m2.   
Another type of comparison between the measured and predicted heat transfer coefficients in the 6.1 mm 
tube is presented in Figures 5.10 and 5.11 with bias error defined by Eq. (5.5). In this comparison, the bias error 
presented in Eq. (5.5) is used to show the accuracy of the five heat transfer correlations at a saturation temperature, 
mass flux, heat flux, and vapor quality. In Figure 5.10, a higher measured heat transfer coefficient for an identical 
symbol represents an increase in vapor quality, because it increases with the increase of vapor quality in most of the 
measurements. 
100
)(
[%] ×−=
measured
measuredpredicted
h
hh
errorBias  (5.5) 
Figure 5.10 shows bias error of correlations for measured heat transfer coefficients in the 6.1 mm tube at an 
evaporation temperature of –15 °C. The Thome and El Hajal (2004) correlation in Figure 5.10(a) shows that the 
prediction accuracy is relatively good for high heat and mass flux conditions. For a mass flux of 100 kg/m2s, the 
correlation shows large deviations, which is caused by the stratified flow pattern. The Gungor and Winterton (1986) 
correlation in Figure 5.10(b) is a good predictor especially for a mass flux of 100 kg/m2s, and it can calculate heat 
transfer coefficients within the bias error from –30 to 30% in most of the flow conditions. The Wattelet et al. (1994), 
Liu and Winterton (1991), and Shah (1982) correlations show very similar prediction patterns in Figure 5.10(c), (d), 
and (c). The Wattelet et al. (1994) overpredicts for a mass flux of 400 kg/m2s and heat flux of 5 kW/m2. However, it 
shows lower calculated heat transfer coefficients than measured values in most of the flow conditions. The Liu and 
Winterton (1991), and Shah (1982) correlations underpredict heat transfer coefficients and the offset from the 
measurement is more severe for the Shah (1982) correlation in most of flow conditions.  
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(a) Thome and El Hajal (2004) (b) Gungor and Winterton (1986)  
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(c) Wattelet et al. (1994) (d) Liu and Winterton (1991) 
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(e) Shah (1982) 
Figure 5.10 Bias errors from measured CO2 flow boiling heat transfer coefficients in the 6.1 mm tube at an 
evaporation temperature of –15 °C for predictions by the (a) Thome and El Hajal (2004) (b) Gungor and 
Winterton (1986) (c) Wattelet et al. (1994) (d) Liu and Winterton (1991) (e) Shah (1982) correlations 
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Figure 5.11 presents bias error of correlations for measured heat transfer coefficients in the 6.1 mm tube at 
an evaporation temperature of –30 °C. Compared to the Figure 5.10 for the evaporation temperature of –15 °C, the 
predictions of the five correlations have a wider range of bias error for –30 °C in Figure 5.11. The deviations are 
biggest for the mass flux of 400 kg/m2s and heat flux of 5 kW/m2, which seems to be caused by the overestimation 
of the convective boiling effect. The Thome and El Hajal (2004) correlation in Figure 5.11(a) over predicts heat 
transfer coefficients especially for a heat flux of 5 kW/m2. This significant deviation can be explained by the test 
condition database which was used to develop the Thome and El Hajal (2004) correlation. This correlation is based 
on heat transfer coefficients measured at evaporation temperatures above 0 °C where nucleate boiling heat transfer 
mechanism is a strong contributor. However, the contribution of nucleate boiling becomes smaller with the decrease 
of evaporation temperature due to the decline reduced pressure. The Gungor and Winterton (1986), and the Wattelet 
et al. (1994) correlation in Figure 5.11(b) and (c) show good predictions within the bias error range of –40 to 40% 
except for a mass flux of 400 kg/m2s and heat flux of 5 kW/m2. However, there are differences between the two 
correlations especially for the trend of bias errors and vapor qualities. The bias errors for the Gungor and Winterton 
(1986) correlations do not change much with the variation of vapor quality, however they significantly vary 
according to the change of vapor quality for the Wattelet et al. (1994) correlation. The Liu and Winterton (1991), 
and Shah (1982) correlations present similar prediction patterns in Figure 5.10(d) and (e). They predict relatively 
well for high vapor qualities but most of the predictions are lower than measured heat transfer coefficients except at 
a mass flux of 400 kg/m2s and heat flux of 5 kW/m2. 
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(a) Thome and El Hajal (2004) (b) Gungor and Winterton (1986)  
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(c) Wattelet et al. (1994) (d) Liu and Winterton (1991) 
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(e) Shah (1982) 
Figure 5.11 Bias errors from measured CO2 flow boiling heat transfer coefficients in the 6.1 mm tube at an 
evaporation temperature of –30 °C for predictions by the (a) Thome and El Hajal (2004) (b) Gungor and 
Winterton (1986) (c) Wattelet et al. (1994) (d) Liu and Winterton (1991) (e) Shah (1982) correlations 
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Based on Figures 5.10 and 11, the following trends can be inferred for predicting CO2 flow boiling heat 
transfer coefficients in the 6.1 mm tube: 
• For evaporation temperatures of –15 and –30 °C, the Gungor and Winterton (1986) and Wattelet et al. 
(1994) correlations can predict heat transfer coefficients relatively well for most of the flow conditions 
except at a mass flux of 400 kg/m2s and heat flux of 5 kW/m2 at an evaporation temperature of –30 °C.  
• The Thome and El Hajal (2004) correlation can give acceptable predictions for limited flow conditions 
such as the high heat and mass fluxes at –15 °C and a heat flux of 15 kW/m2 at an evaporation 
temperature of –30 °C.  
In Table 5.4, the AAD’s defined by Eq. (5.4) for the 3.5 mm tube at various saturation temperatures, mass 
fluxes, and heat fluxes are presented and the AAD’s lower than 20% are shown in bold font. As the comparison 
presented for the 6.1 mm tube, the Thome and El Hajal (2004), Gungor and Winterton (1986), Wattelet et al. (1994), 
Liu and Winterton (1991) and Shah (1982) correlations are applied. For the smaller tube of 3.5 mm, the accurate 
correlations are different from those for the 6.1 mm. This is because the convective boiling contribution to the total 
flow boiling heat transfer becomes bigger with the decrease of the tube diameter. For an evaporation temperature of 
–15 °C and mass flux of 200 kg/m2s, the Gungor and Winterton (1986) correlation predicts very well for all heat 
fluxes, and the Wattelet et al. (1994), and Thome and El Hajal (2004) correlations can calculate heat transfer 
coefficients relatively well. For a mass flux of 400 kg/m2s, the Wattelet et al. (1994), Liu and Winterton (1986), and 
Gungor and Winterton (1986) correlations are recommendable to determine the heat transfer coefficients at all heat 
fluxes. For an evaporation temperature of –30 °C and mass flux of 200 kg/m2s, the Wattelet et al. (1994) and Gungor 
and Winterton (1986) correlations are still good predictors at –15 °C. For a mass flux of 400 kg/m2s, Liu and 
Winterton (1986) predicts well and the Shah (1982) correlation provides acceptable predictions for all heat fluxes 
due to the convective boiling dominant heat transfer phenomena at the low evaporation temperatures and high mass 
fluxes in the 3.5 mm tube. Also, the Wattelet et al. (1994) correlation gives good predictions for a mass flux of 400 
kg/m2s and heat flux of 10 and 15 kW/m2. 
Table 5.4 Absolute average deviation (AAD) of predicted CO2 flow boiling heat transfer coefficients from 
measured values in the 3.5 mm tube at an evaporation temperatures of –15 and –30 °C; mass fluxes of 100, 200, 
and 400 kg/m2s; and heat fluxes 2, 5, 10, and 15 kW/m2 
TEvap 
Mass flux 
[kg/m2s] 
Heat flux 
[kW/m2] 
Thome and El 
Hajal (2004) 
Gungor and 
Winterton 
(1986) 
Wattelet et 
al. (1994) 
Liu and 
Winterton 
(1991) 
Shah 
(1982) 
5 29.8 6.1 18.0 29.2 41.0 
10 10.9 8.2 25.5 36.0 53.9 200 
15 12.9 9.8 15.9 28.6 53.1 
5 33.1 19.1 5.4 13.7 19.9 
10 25.7 16.5 2.3 14.9 26.4 
–15 °C 
400 
15 26.6 20.8 6.2 9.4 25.8 
5 77.4 24.6 13.7 8.6 15.4 
10 37.8 12.6 12.8 23.4 35.0 200 
15 24.3 12.3 15.8 26.5 42.0 
5 86.0 36.1 30.5 14.4 18.2 
10 56.2 25.5 12.0 7.7 6.9 
–30 °C 
400 
15 39.7 21.3 3.9 8.9 16.6 
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Figure 5.12 presents bias error of correlations from measured heat transfer coefficients in the 3.5 mm tube 
at an evaporation temperature of –15 °C. The Thome and El Hajal (2004) correlation in Figure 5.12(a) predicts well 
at heat fluxes of 10 and 15 kW/m2 for a mass flux of 200 kg/m2s, however it overestimates the heat transfer 
coefficients for other flow conditions. The Gungor and Winterton (1986) correlation in Figure 5.12(b) shows an 
acceptable accuracy for a mass flux of 200 kg/m2s, whereas the Wattelet et al. (1994) in Figure 5.12(c) predicts very 
well for a mass flux of 400 kg/m2s. The Liu and Winterton (1991) in Figure 5.12(d) can calculate the heat transfer 
coefficients relatively well for a mass flux of 400 kg/m2s with the bias errors from –30 to 0%, and the Shah (1982) 
in Figure 5.12(e) correlations underpredicts for all flow conditions.  
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(a) Thome and El Hajal (2004) (b) Gungor and Winterton (1986)  
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 (c) Wattelet et al. (1994) (d) Liu and Winterton (1991) 
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(e) Shah (1982) 
Figure 5.12 Bias errors from measured CO2 flow boiling heat transfer coefficients in the 3.5 mm tube at an 
evaporation temperature of –15 °C for predictions by the (a) Thome and El Hajal (2004) (b) Gungor and 
Winterton (1986) (c) Wattelet et al. (1994) (d) Liu and Winterton (1991) (e) Shah (1982) correlations  
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Figure 5.13 gives bias error of correlations from measured heat transfer coefficients in the 3.5 mm tube at 
an evaporation temperature of –30 °C. Compared to the Figure 5.12 for an evaporation temperature of –15 °C, the 
bias errors in Figure 5.13 show the trend shifting to the positive direction. The Thome and El Hajal (2004) 
correlation in Figure 5.13(a) over predicts heat transfer coefficients for all comparison conditions. The Gungor and 
Winterton (1986) correlation in Figure 5.13(b) shows good predictions at high vapor qualities. The Wattelet et al. 
(1994) correlation in Figure 5.13 (c) over predicts for a mass flux of 400 kg/m2s, but can determine heat transfer 
coefficients for a mass flux of 200 kg/m2s within the bias errors from –20 to 20%. The Liu and Winterton (1991), 
and Shah (1982) correlations in Figure 5.13(d) and (e) are recommendable to decide heat transfer coefficients for a 
mass flux of 400 kg/m2s, however they tend to underpredict for a mass flux of 200 kg/m2s.  
Based on Figures 5.12 and 13, the following trends can be inferred for predicting CO2 flow boiling heat 
transfer coefficients in the 3.5 mm tube. 
• A correlation which can give an acceptable accuracy is different according to each flow condition. 
• The bias errors for the correlations except the Thome and El Hajal (2004) correlation for the 3.5 mm 
are smaller than those for the 6.1 mm. 
• For an evaporation temperature of –15 °C, the Gungor and Winterton (1986) correlation is 
recommendable for a mass flux of 200 kg/m2s and the Wattelet et al. (1994) correlation can predict 
very well for a mass flux of 400 kg/m2s. 
• For an evaporation temperature of –30 °C, the Wattelet et al. (1994) correlation shows acceptable bias 
errors for a mass flux of 200 kg/m2s and the Liu and Winterton (1991) and Shah (1982) correlations 
predict relatively well for the mass flux of 400 kg/m2s. 
• Some general correlations, based on heat transfer coefficient data for macro scale tubes, can predict 
relatively well for 3.5 mm tube. As a result, it can be stated that CO2 flow boiling for a 3.5 mm tube 
has a similar character of heat transfer mechanism as that for macro scale tubes.  
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(c) Wattelet et al. (1994) (d) Liu and Winterton (1991) 
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(e) Shah (1982) 
Figure 5.13 Bias errors from measured CO2 flow boiling heat transfer coefficients in the 3.5 mm tube at an 
evaporation temperature of –30 °C for predictions by the (a) Thome and El Hajal (2004) (b) Gungor and 
Winterton (1986) (c) Wattelet et al. (1994) (d) Liu and Winterton (1991) (e) Shah (1982) correlations  
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5.3.3 Surface conditions and surface effect on pool boiling heat transfer 
From the measured CO2 heat transfer coefficient, it can be inferred that the nucleate boiling contribution to 
CO2 flow boiling is greater than for other conventional refrigerants. This is due to the lower surface tension and 
higher reduced pressure for CO2 at a given saturation temperature. In Figures 5.7 and 5.8, the CO2 heat transfer 
coefficients in the 3.5 mm tube are higher than those in the 6.1 mm tube in most of the measurement conditions. 
However, for the higher evaporation temperature and heat flux condition in Figure 5.7(c), the heat transfer 
coefficients in the 6.1 mm tube are higher than those in 3.5 mm tube. Usually, the heat transfer coefficients in small 
tubes are larger than those in large tubes. In order to explain the trend of heat transfer coefficients in Figure 5.7(c), 
the surface roughness of the 6.1 and 3.5 mm tubes should be investigated because it is an important parameter that 
influences nucleate boiling heat transfer. According to pool boiling correlations, such as presented by Gorenflo 
(1993), the pooling boiling heat transfer coefficients increase with the increase of surface roughness. If the 
roughness of the 6.1 mm tube was much higher than the 3.5 mm tube in this study, the heat transfer coefficients 
shown in Figure 5.7(c) can be partly explained by the roughness effect on heat transfer coefficients. For qualifying 
and quantifying the surface roughness of the 3.5 and 6.1 mm tubes, SEM (Scanning Electron Microscope), AFM 
(Atomic Force Microscope), and a profilometer are used.  
Figure 5.14 presents the SEM images for the tube surfaces. The linear patterns in the figures represent the 
axial direction of the tubes. The SEM images show that the 6.1 mm tube surface is rougher than the 3.5 mm tube, 
and provide more cavities to initiate the nucleation. The surface condition difference for the tubes seems to be 
caused by a difference in the manufacturing process. Although the SEM images can show the surface condition, they 
do not give the value of surface roughness. A profilometer and AFM are used to get the surface roughness. Figure 
5.15 presents the profile of the surfaces for the 3.5 and 6.1 mm tubes in axial and radial direction. It can be expected 
that the surface profile in the axial direction for the 6.1 mm tube should be rougher than that for the 3.5 mm tube in 
Figure 5.14. Figure 5.15(b) shows that the surface profile for the 6.1 mm tube in axial direction has much more 
small protrusions than that for the 3.5 mm tube. In order to determine the surface roughness from the profiles, center 
line average which is the arithmetic average value of all absolute distances of the roughness profile from the 
centerline within the measured length is applied. The surface roughness of the 3.5 mm tube is 0.039 and 0.034 μm 
for the axial and radial directions, respectively. While, the surface roughness of the 6.1 mm tube is 0.059 and 0.054 
μm for axial and radial directions, respectively. The surface roughness values show that there is no significant 
difference of roughness for the axial and radial directions. 
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(a) 3.5 mm tube (× 5000) (b) 3.5 mm tube (× 20000) 
  
(c) 6.1 mm tube (× 5000) (d) 6.1 mm tube (× 20000) 
Figure 5.14 Tube surface images with SEM (Scanning Electron Microscope) for (a) 3.5 mm tube (× 5000), (b) 
3.5 mm tube (× 20000), (c) 6.1 mm tube (× 5000), and (d) 6.1 mm tube (× 20000)  
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(c) 3.5 mm tube (radial direction) (d) 6.1 mm tube (radial direction) 
Figure 5.15 Surface profile measured by a profilometer to the axial direction on the (a) 3.5 (b) 6.1 mm tube and 
to the radial direction on the (c) 3.5 (d) 6.1 mm tube 
Also, AFM is used to measure the surface roughness. Figure 5.16 shows the AFM images for the surface of the 3.5 
and 6.1 mm tubes; these images illustrate the rougher surface for the 6.1 mm tube. In this study, the standard 
deviation of the measured values with AFM is applied to define the surface roughness. The scanning area of the 
AFM is 80 by 80 μm, and four areas are measured to confirm the homogeneity for the two tubes. From the four 
standard deviations of the scanned areas, the maximum and minimum values are excluded and the average of the 
two values left is taken as the surface roughness. With these calculations, the surface roughness of the 3.5 and 6.1 
mm tubes are 0.048 and 0.072 μm, respectively. Compared with the roughness with the profilometer, AFM gives 
similar roughness values. 
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(a) AFM image for the 3.5 mm tube surface 
 
(b) AFM image for the 6.1 mm tube surface 
Figure 5.16 Surface image measured by an AFM (Atomic Force Microscope) for the (a) 3.5 (b) 6.1 mm tube  
With the measured surface roughness, the CO2 pool boiling heat transfer coefficients are calculated by the 
Gorenflo (1993) correlation and the results are presented in Figure 5.17. The 0.5 μm is the standard roughness of the 
correlation, and the 0.07 and 0.04 μm represent the surface roughness of the 6.1 and 3.5 mm tubes, respectively. The 
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surface roughness of the 6.1 mm tube produces higher pool boiling heat transfer than that of the 3.5 mm tube with 
the difference of the heat transfer coefficients on the surfaces increasing with the increase of heat flux and 
evaporation temperature. From Figure 5.17, it can be confirmed that the difference of surface roughness for the 6.1 
and 3.5 mm tubes can change the pool boiling heat transfer coefficient. Even though flow boiling is the combined 
heat transfer mechanism of nucleate and convective boiling, it may be inferred that the reduction of nucleate boiling 
heat transfer could decrease the flow boiling heat transfer coefficients. Also, it is worthy of considering the 
representativeness of surface roughness to characterize a surface condition. SEM images in Figure 5.14 and AFM 
images in Figure 5.16 show that the surface conditions are significantly different for the 3.5 and 6.1 mm tubes. 
However, this difference is considered only as function of a roughness to calculate pool boiling heat transfer 
coefficients, even though differences in surface conditions between the 3.5 and 6.1 mm tubes can affect pool boiling 
heat transfer more.  
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Figure 5.17 Surface roughness effect on pool boiling heat transfer coefficients based on the Gorenflo (1993) 
correlation for the boiling temperature of (a) –15 (b) –30 °C  
5.4 CO2, R410A and R22 Flow Boiling Heat Transfer Coefficients in a 6.1 mm Tubes 
5.4.1 Measured heat transfer coefficients 
In this study, the flow boiling heat transfer coefficients in the 6.1 mm tube are measured for CO2, R410A 
and R22. The comparison of these refrigerants can give very useful information for heat exchanger designers who 
consider CO2 as a potential replacement of conventional refrigerants in low temperature applications. Before 
comparing these refrigerants, it is necessary to compare the measured R410A flow boiling heat transfer coefficients 
with previous studies for comparison of the measurement accuracy of the test facility used in this study. Figure 5.18 
shows the comparison of heat transfer coefficients for R410A in this study with Kim et al. (2002), and Greco and 
Vanoli (2005) at similar test conditions. The flow boiling heat transfer coefficients measured by Kim et al. (2002) 
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are reasonably consistent with the obtained heat transfer coefficients in this study; their heat transfer coefficients for 
mass flux, 164 kg/m2s are between the heat transfer coefficients in this study for the mass flux of 100 and 200 
kg/m2s at an identical evaporation temperature and heat flux condition. The heat transfer coefficients presented by 
Greco and Vanoli (2002) are lower than the coefficients in this study at similar measurement conditions. Greco and 
Vanoli (2002) commented that their measured heat transfer coefficients at the test condition presented were 
obviously lower than heat transfer coefficients predicted by most general correlations in open literatures.  
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Figure 5.18 Comparison of measured R410A heat transfer coefficients in the 6.1 mm tube with Kim et al. 
(2002), and Greco and Vanoli (2005) 
Figure 5.19 shows the heat transfer coefficient comparison for CO2, R410A and R22 at an evaporation 
temperature of –15 °C, heat flux of 10 kW/m2, and mass flux variation from 200 to 400 kg/m2s. The presented data 
was obtained in the same test facility and test conditions with each refrigerant, CO2, R410A, and R22. At low 
quality regions below 0.3, the heat transfer coefficients of CO2 are much higher than those of R410A and R22 for all 
mass fluxes, and as the quality and mass flux increase the improvement of the heat transfer coefficient decreases. 
The heat transfer coefficients of R410A are higher than those of R22, even though the improvement is not as 
dramatic as the increase with CO2. 
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Figure 5.19 Heat transfer coefficient comparison for CO2, R410A and R22 with respect to mass flux and quality 
at an evaporation temperature of –15 °C and heat flux of 10 kW/m2 
Higher heat transfer coefficients for CO2, especially at low mass flux of 200 kg/m2s can be explained by the 
thermophysical properties and boiling characteristics of the three refrigerants. Since Chen (1966) proposed the 
concept of combining the convective boiling and nucleate boiling contributions to estimate the heat transfer 
coefficient in flow boiling, many researchers have applied this concept to their correlations to predict the heat 
transfer coefficients. Generally, the convective boiling contribution is estimated by the forced convection heat 
transfer modified by an enhancement factor, and the nucleate boiling contribution can be calculated by the pool 
boiling heat transfer multiplied by a suppression factor. A typical form of this correlation was presented by Gungor 
and Winterton (1986) as Eq. (5.6) and (5.7).  
poollfb ShEhh +=  (5.6) 
67.05.055.0
10
12.0 )log(55 qMPPh redredpool
−−−=  (5.7) 
In order to explain the heat transfer coefficient characteristics in Figure 5.19, the Gungor and Winterton 
(1986) correlation was applied for the three different refrigerants at a saturation temperature, heat flux, and mass 
flux of −15 °C, 10 kW/m2, and 200 kg/m2s, respectively, and its results are shown in Figure 5.20. Their correlation 
makes it easy to split the flow boiling heat transfer mechanisms into a convective boiling contribution and nucleate 
boiling contribution. Park and Hrnjak (2005), Kim et al. (2002), and Seo and Kim (2000) commented that the 
Gungor and Winterton (1986) correlation predicts heat transfer coefficients relatively well at low evaporation 
temperatures for CO2, R410, and R22. Figure 5.20 demonstrates that the difference of pool boiling is the major 
factor which results in the higher flow boiling heat transfer coefficients for CO2. In the Gungor and Winterton 
(1986) correlation, the Cooper (1984) correlation , Eq. (5.7), was applied to calculate the pool boiling heat transfer 
coefficients. Pool boiling heat transfer increases with a higher reduced pressure and a lower molecular weight for a 
refrigerant. Table 5.5 presents some thermophysical properties of CO2, R410A, and R22 at a saturation temperature 
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of –15°C. It shows that CO2 has a lower molecular weight and much higher reduced pressure than R410A and R22, 
which makes the pool boiling heat transfer coefficients higher at an identical heat flux.  
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Figure 5.20 The contribution of convective and nucleate boiling to the flow boiling heat transfer coefficient of 
CO2, R410A, and R22 based on the Gungor and Winterton correlation (1986) at an evaporation temperature, heat 
flux, and mass flux of –15 °C, 10 kW/m2 and 200 kg/m2s 
Table 5.5 Some thermophysical properties of CO2, R410A, and R22 at a saturation temperature of –15°C 
 CO2 R410A R22 
M  44.01 72.58 86.39 
redP  0.3105 0.0976 0.0594 
lρ  [kg/m3] 1008 1236 1321 
vρ  [kg/m3] 60.73 18.53 12.81 
vl ρρ /  16.60 66.70 103.1 
lμ  [μPa·s] 134.1 204.5 238.4 
vμ  [μPa·s] 13.45 11.18 11.34 
vl μμ /  9.97 18.29 21.02 
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As presented in Figure 5.19, the heat transfer coefficient for CO2 is nearly independent of vapor quality, 
whereas the heat transfer coefficient for R410A and R22 increase significantly as the quality and mass flux increase. 
This trend is due to the much higher density ratio (ratio of the densities of liquid to vapor) for CO2 compared to the 
density ratio of R410A and R22. Convective boiling is usually enhanced by the increasing of the average velocities 
of liquid and vapor as the quality increases. As the density ratio decreases, there is a smaller variation in the 
convective boiling heat transfer coefficient as quality increases due to the smaller change in the liquid and vapor 
average velocities. In Table 5.5, the density ratio at a saturation temperature of –15 ˚C for CO2 is 16.60, and 
compared tot 66.70 and 103.1 for R410A and R22, respectively. Consequently, CO2 flow boiling heat transfer 
coefficients are almost independent of quality due to the combination of relatively smaller change of convective heat 
transfer with respect to quality and high nucleate boiling values. However, CO2 flow boiling heat transfer 
coefficients have a positive slope for a mass flux of 400 kg m–2 s–1 because of the increase in the convective boiling 
contribution due to the influence of the mass flux.  
Figures 5.21 and 5.22 show the flow boiling heat transfer coefficients for CO2 and R410A with the change 
of mass flux and heat flux at evaporation temperatures of –15 and –30 ˚C, respectively. Heat transfer coefficients for 
CO2 are always higher than for R410A at identical test conditions mainly due to the higher nucleate boiling 
contribution. Unlike the heat transfer coefficients of conventional refrigerant, CO2 heat transfer coefficients for a 
higher mass flux, 400 kg/m2s, are lower than those for a lower mass flux, 200 kg/m2s, at low quality regions. The 
unexpected decrease in heat transfer with increasing mass flux was also reported by Bredesen et al. (1997) at low 
qualities, less than 0.3. Thome and El Hajal (2004) cited that the increase of mass flux does not always give a higher 
heat transfer coefficient for CO2 based on their prediction results. However, the decrease of heat transfer coefficients 
with increasing mass flux was not measured for R410A. Heat transfer coefficients for R410A show the higher heat 
transfer coefficients for higher mass flux and quality at every test conditions in Figures 5.21 and 5.22. This trend 
demonstrates that the convective boiling is a significantly active heat transfer mechanism for R410A. Whereas, the 
enhancement of heat transfer coefficients with the increase of mass flux and quality is not significant for CO2 
because of the nucleate boiling dominance on CO2 flow boiling heat transfer. For mass flux, 100 kg/m2s, heat 
transfer coefficients for CO2 and R410A show different trends with the increase of quality. For the evaporation 
temperature of –15 °C, the heat transfer coefficients for CO2 show decreasing trend and those for R410A present the 
steady values with the increase of quality for the mass flux of 100 kg/m2s. This trend can be explained by the 
difference of flow patterns which were observed in this study and the explanation presented in Chapter 5.3.  
The flow boiling heat transfer coefficients for CO2 and R410A at the evaporation temperature of –15 ˚C are 
always higher than those at –30 ˚C as presented in Figures 5.21 and 5.22. This trend is due to the reduction in the 
nucleate boiling heat transfer with decreasing evaporation temperature. The reduction of the nucleate boiling heat 
transfer is related to a decrease of the reduced pressure, which is an important parameter to determine the intensity 
of nucleate boiling in the Cooper (1984) and the Gorenflo (1993) correlation. The reduced pressures for CO2 at –15 
and –30 ˚C are 0.310 and 0.194, respectively; and, those for R410A at –15 and –30 ˚C are 0.0976 and 0.0549, 
respectively. Evaporation temperatures influence the CO2 heat transfer coefficients more than R410A because 
nucleate boiling heat transfer is more dominant for CO2. 
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Figure 5.21 Flow boiling heat transfer coefficients for CO2 and R410A in the 6.1mm tube with the change of 
mass flux and heat flux at an evaporation temperature of –15 °C 
 
Figure 5.22 Flow boiling heat transfer coefficients for CO2 and R410A in the 6.1mm tube with the change of 
mass flux and heat flux at an evaporation temperature of –30 °C 
5.4.2 Prediction of heat transfer coefficients 
In this study, the measured R410A flow boiling heat transfer coefficients in the 6.1 mm tube are compared 
with calculated values based on the Gungor and Winterton (1986), Wattelet et al. (1994), Liu and Winterton (1991), 
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Shah (1982), and modified Gungor and Winterton (1987) correlations. Table 5.6 presents the absolute average 
deviation (AAD), defined by Eq. (5.4), of the predicted heat transfer coefficients from measured values for each 
correlation at a saturation temperature, mass flux, and heat flux for the vapor quality range from 0.1 to 0.8. AAD’s 
lower than 20% are shown as bold characters in Table 5.3. Compared with the AAD’s presented in Table 5.3 for 
CO2 heat transfer coefficient prediction, the five heat transfer coefficient correlations can give more accurate values 
in many flow conditions.  
For the evaporation temperature of –15 °C and the mass flux of 100 kg/m2s, the Liu and Winterton (1986), 
Shah (1982), and modified Gungor and Winterton (1987) correlations predict the measured data well at the heat flux 
of 5 kW/m2. The Gungor and Winterton correlation predicts the heat transfer coefficients very well at the heat fluxes 
of 10 and 15 kW/m2. For the mass flux of 200 kg/m2s, all five correlations can be good choices for the heat flux of 5 
kW/m2 and the Gungor and Winterton (1987) and Wattelet et al. (1994) correlations are recommended at the heat 
fluxes of 10 and 15 kW/m2. For the mass flux of 400 kg/m2s, the modified Gungor and Winterton correlation is a 
good predictor at the heat flux of 5 kW/m2, and the other five correlations can predict the heat transfer coefficients 
relatively well at the heat fluxes of 10 and 15 kW/m2.  
For the evaporation temperature of –30 °C and the mass flux of 100 kg/m2s, the Gungor and Winterton 
(1986) correlation is a good predictor at the heat fluxes of 10 and 15 kW/m2, and the other five correlations are 
recommended at the heat flux of 5 kW/m2. For the mass fluxes of 200 and 400 kg/m2s and the heat flux of 5 kW/ m2, 
no correlation can give a good heat transfer prediction. For the mass flux of 200 kg/m2s, all five correlations are 
good predictors at the heat fluxes of 10 and 15 kW/m2. For the mass flux of 400 kg/m2s and the heat fluxes of 10 and 
15 kW/m2, all correlations can give a relatively good accuracy to predict heat transfer coefficients except the Gungor 
and Winterton (1986) correlation. 
Figure 5.23 shows bias error of correlations for measured R410A heat transfer coefficients in the 6.1 mm 
tube at the evaporation temperature of –15 °C. The Gungor and Winterton (1986) correlation in Figure 5.23(a) gives 
good predictions except the heat flux of 5 kW/m2, and it can calculate heat transfer coefficients within the bias error 
from –20 to 20% in most of the flow conditions. The Wattelet et al. (1994) correlation in Figure 5.23(b) can predict 
well for the mass flux of 400 kg/m2s and heat fluxes of 10 and 15 kW/m2 where the convective and nucleate boiling 
are active; however, it has a tendency to underpredict except for the heat flux of 5 kW/m2. The Liu and Winterton 
(1991) correlation in Figure 5.23(c) shows good predictions for the mass fluxes of 100 and 200 kg/m2s, and the heat 
flux of 5 kW/m2; however, it underestimates at many flow conditions except the condition with the heat flux of 5 
kW/m2 and the mass flux of 400 kg/m2s. The Shah (1982) correlation in Figure 5.23(d) shows very similar 
prediction patterns as the Figure 5.23(c) and its predictions deviate more from the measured values than the Liu and 
Winterton (1991) correlation. The modified Gungor and Winterton (1987) correlation in Figure 5.23(e) can give 
accurate predictions for the mass flux of 400 kg/m2s and heat flux of 5 kW/m2, however it underpredicts heat 
transfer coefficients in most flow conditions. 
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Table 5.6 Absolute average deviation (AAD) of predicted R410A flow boiling heat transfer coefficients from 
measured values in the 6.1 mm tube at the evaporation temperatures of –15 and –30 °C, and mass fluxes of 100, 
200, and 400 kg/m2s, and heat fluxes 5, 10, and 15 kW/m2 
TEvap 
Mass flux 
[kg/m2s] 
Heat flux 
[kW/m2] 
Gungor and 
Winterton 
(1986) 
Wattelet et 
al. (1994) 
Liu and 
Winterton 
(1991) 
Shah 
(1982) 
Modified 
Gungor and 
Winterton 
(1987) 
5 28.4 13.1 11.1 17.7 18.7 
10 2.1 24.4 28.7 39.1 39.5 100 
15 6.4 25.9 32.6 45.4 44.1 
5 17.6 18.7 6.2 16.8 12.5 
10 6.1 16.8 25.1 27.7 33.0 200 
15 7.3 18.8 27.5 32.6 34.7 
5 23.3 31.4 20.1 23.5 5.8 
10 10.9 6.2 12.8 11.7 22.8 
–15 °C 
400 
15 9.6 5.7 13.8 13.5 21.6 
5 43.7 10.9 14.5 19.1 3.8 
10 9.9 20.6 19.5 23.5 27.8 100 
15 6.9 21.8 23.9 29.8 31.0 
5 56.8 56.0 46.3 55.3 23.5 
10 8.6 8.7 7.1 7.7 17.3 200 
15 10.0 7.8 10.7 10.7 17.9 
5 70.6 60.6 85.7 56.6 42.2 
10 27.5 6.9 21.9 4.0 9.1 
–30 °C 
400 
15 31.8 6.6 16.7 5.1 11.9 
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(a) Gungor and Winterton (1986) (b) Wattelet et al. (1994) 
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(c) Liu and Winterton (1991) (d) Shah (1982) 
1 2 3 4 5 6 7 8 9
-60
-40
-20
0
20
40
60
 
B
ia
s 
E
rr
or
 [%
]
Measured flow boiling HTC [kW/m2K]
      q           G [kg/m2s]
  [kW/m2] 100   200   400
      5         
     10        
     15        
 
(e) modified Gungor and Winterton (1987) 
Figure 5.23 Bias errors from measured R410A flow boiling heat transfer coefficients in the 6.1 mm tube at an 
evaporation temperature of –15 °C for predictions by the (a) Gungor and Winterton (1986) (b) Wattelet et al. 
(1994) (c) Liu and Winterton (1991) (d) Shah (1982) (e) modified Gungor and Winterton (1987) correlations  
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Figure 5.24 shows bias error of correlations for measured R410A heat transfer coefficients in the 6.1 mm 
tube at an evaporation temperature of –30 °C. The Gungor and Winterton (1986) correlation in Figure 5.24(a) 
predicts heat transfer coefficients well with the bias error from –5 to 20%. The Wattelet et al. (1994) correlation in 
Figure 5.24(b) predicts well for the mass flux of 400 kg/m2s and heat fluxes of 10 and 15 kW/m2; also, this 
correlation gives good predicted values for the lower heat and mass flux condition, such as the mass flux of 100 
kg/m2s and the heat flux of 5 kW/m2. The Liu and Winterton (1991) correlation in Figure 5.24(c) shows good 
predictions for the mass fluxes of 200 kg/m2s and the heat flux of 10 and 15 kW/m2 with the bias errors from –20 to 
0%. The Shah (1982) correlation in Figure 5.24(d) predicts relatively well for the mass flux 200 kg/m2s except the 
heat flux of 5 kW/m2; however, it has a tendency to underpredict in most flow conditions except the heat flux of 5 
kW/m2. The modified Gungor and Winterton (1987) correlation in Figure 5.24(e) gives very accurate predictions for 
the mass flux of 100 kg/m2s and heat flux of 5 kW/m2; however, it underpredicts heat transfer coefficients for the 
heat fluxes of 10 and 15 kW/m2.  
Based on Figures 5.23 and 24, the following trends can be inferred for predicting R410A flow boiling heat 
transfer coefficients in the 6.1 mm tube. 
• For the evaporation temperatures of –15 and –30 °C, the Gungor and Winterton (1986) can predict 
heat transfer coefficients relatively well for all mass fluxes except the heat flux of 5 kW/m2.  
• For the evaporation temperature of –15 °C and the heat flux of 5 kW/m2, the Liu and Winterton (1991) 
correlation is recommended for the mass flux of 100 and 200 kg/m2s, and the modified Gungor and 
Winterton (1987) shows good predictions for the mass flux of 400 kg/m2s. 
• For the evaporation temperature of –30 °C and the heat flux of 5 kW/m2, the modified Gungor and 
Winterton (1987) is recommended to predict heat transfer coefficients for the mass flux of 100 kg/m2s, 
and none of theses correlations can correctly predict for the mass fluxes of 200 and 400 kg/m2s. 
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(a) Gungor and Winterton (1986) (b) Wattelet et al. (1994) 
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(c) Liu and Winterton (1991) (d) Shah (1982) 
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(e) modified Gungor and Winterton (1987) 
Figure 5.24 Bias errors from measured R410A flow boiling heat transfer coefficients in the 6.1 mm tube at an 
evaporation temperature of –30 °C for predictions by the (a) Gungor and Winterton (1986) (b) Wattelet et al. 
(1994) (c) Liu and Winterton (1991) (d) Shah (1982) (e) modified Gungor and Winterton (1987) correlations  
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5.5 CO2 Flow Boiling Heat Transfer Coefficients in a 0.89 mm Multi Ported Tubes 
5.5.1 Measured heat transfer coefficients 
The tube diameter effect on flow boiling heat transfer coefficients is usually not as significant as pressure 
drop and this trend is presented in Figure 5.7 and 5.8 for the 3.5 and 6.1 mm tubes. As described with Eq. (5.2) and 
(5.3), the tube diameter affects the convective boiling heat transfer by making a thinner film on the tube wall with 
the decrease of tube diameter. Convective boiling contribution is smaller for CO2 than for other refrigerant flow 
boiling. As a result, CO2 flow boiling is not significantly changed with the reduction in tube size.  
Figure 5.25 shows the tube diameter effect on CO2 flow boiling heat transfer coefficients for the saturation 
temperature of –30 °C, heat flux of 5 kW/m2 at the mass fluxes from 200 to 400 kg/m2s in the tube diameters of 
0.89, 3.5 and 6.1 mm. In Figure 5.25, the CO2 heat transfer coefficients in the 0.89 mm tubes increase with the 
increase of vapor quality for all mass fluxes, which indicates that the convective boiling is an active heat transfer 
mechanism. For the mass flux of 200 kg/m2s, the heat transfer coefficients in the 0.89 mm tubes are higher than 
those in the 6.1 mm tube, and they are close to those on the 3.5 mm tube at high vapor qualities. However, they are 
lower than the heat transfer coefficients in the 3.5 and 6.1 mm tubes at low vapor qualities. For the mass flux of 400 
kg/m2s, the heat transfer coefficients in the 0.89 mm tubes are higher than those in the 6.1 mm tube, however they 
are slightly lower than those in the 3.5 mm tube at mid and high vapor qualities. It is noticeable that the nucleate 
boiling suppression due to a high mass flux at low vapor qualities does not occur in the 0.89 mm tubes. From this 
measurement, it can be inferred that the nucleate boiling is not the dominant heat transfer mechanism in the 0.89 mm 
tubes, whereas it is very active in the 3.5 and 6.1 mm tubes.  
 
(a) 0.89 mm (b) 3.5 mm (c) 6.1 mm 
Figure 5.25 CO2 flow boiling heat transfer coefficients at the evaporation temperature of –30 °C, mass fluxes 
from 200 to 400 kg/m2s, and heat flux of 5 kW/m2 in (a) 0.89 (b) 3.5 (c) 6.1 mm tubes 
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5.5.2 Prediction of heat transfer coefficients 
The comparison of measured CO2 flow boiling heat transfer coefficients with the calculated values is also 
performed for the mini-scale 0.89 mm tube. The flow boiling heat transfer coefficients in this small channel are 
determined by two types of heat transfer correlations; one is developed from macro-scale tubes (Dh > 3 mm) and the 
other is based on the data of mini- or micro-scale tubes. The five correlations presented in the previous chapters are 
applied as the heat transfer coefficient correlations for macro-scale tubes and the following models for micro-scale 
tubes are used; the Lazarek and Black (1982), Tran et al. (1996), Tran (1998), Yan and Lin (1998), Lee and Lee 
(2001b), Yu et al. (2002), Warrier et al. (2002), Tu (2004), and Koşar et al. (2005). More information about these 
correlations is presented in Chapter 2.1. With the absolute average deviation (AAD) defined as Eq. (5.4), the CO2 
flow boiling heat transfer coefficient prediction accuracies for macro-scale and mini-scale tube models are presented 
in Table 5.7 and 5.8, respectively.  
Table 5.7 Absolute average deviation (AAD) of predicted CO2 flow boiling heat transfer coefficients from 
measured values with macro-scale tube correlations at the evaporation temperature of –30 °C, and mass fluxes of 
200, 300, and 400 kg/m2s at heat flux of 5 kW/m2 in the 0.89 mm tube  
Mass flux 
[kg/m2s] 
Thome and El 
Hajal (2004) 
Gungor and 
Winterton 
(1986) 
Wattelet et al. 
(1994) 
Liu and 
Winterton 
(1991) 
Shah (1982) 
200 197.3 83.5 47.9 31.1 27.6 
300 189.3 86.0 64.3 44.2 43.0 
400 228.7 108.9 97.7 71.5 74.9 
Table 5.8 Absolute average deviation (AAD) of predicted CO2 flow boiling heat transfer coefficients from 
measured values with mini-scale tube correlations at the evaporation temperature of –30 °C, and mass fluxes of 
200, 300, and 400 kg/m2s at heat flux of 5 kW/m2 in the 0.89 mm tube  
Mass flux 
[kg/m2s] 
Lazarek 
and 
Black 
(1982) 
Tran et 
al. 
(1996) 
Tran 
(1998) 
Yan 
and Lin 
(1998) 
Lee and 
Lee 
(2001b) 
Yu et 
al. 
(2002) 
Warrier 
et al. 
(2002) 
Tu 
(2004) 
Koşar 
et al. 
(2005) 
200 32.9 69.7 203.1 471.4 368.8 667.8 66.7 433.5 1603.8 
300 35.7 74.4 155.7 964.7 340.9 547.8 73.6 698.6 1419.5 
400 34.0 75.5 145.2 1740.4 366.5 520.7 82.8 739.4 1368.3 
 
Tables 5.7 and 5.8 show that any correlations for macro and mini-scale tubes cannot accurately predict the 
measured CO2 flow boiling heat transfer coefficients in the 0.89 mm tube. Many previous studies commented that 
the heat transfer correlations for mini- or micro-scale channels should be developed because the liquid phase flow, 
which was usually turbulent flow in macro-scale tubes, was laminar flow in small channels. However, they 
presented that their measured data for mini-scale tubes could be calculated by correlations for macro-scale tubes in 
some measurement conditions. Moreover, it was reported that the predictions by correlations for mini-scale tubes 
sometimes more deviated from the measured values in small channels than those by correlations for macro-scale 
tubes. Table 5.8 also presents that only a small number of correlations for mini-scale tubes, such as the Lazarek and 
Black (1982), the Tran et al. (1996), and the Warrier et al. (2002) correlations, can give a similar level of accuracy 
as some correlations for macro-scale tubes. Some predictions are significantly different from measured values in 
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Table 5.8, which can be explained by the limited database for developing correlations. Applying these correlations 
may result in a significant error to calculate heat transfer coefficients for different fluids, heat and mass flux, channel 
shapes, and evaporation temperatures. 
Figures 5.26 and 5.27 present bias errors defined as Eq. (6.2) for the heat transfer correlations for macro- 
and mini-scale tubes, respectively. The higher measured flow boiling heat transfer coefficient for an identical 
symbol means the higher vapor quality condition, because the heat transfer coefficient usually increases with the 
increase of vapor quality The measurement conditions for theses figures are the mass fluxes of 200, 300, and 400 
kg/m2s, heat flux of 5 kW/m2, and the saturation temperature of –30 °C. 
The Thome and El Hajal (2004) correlation in Figure 5.26(a) significantly overpredicts the heat transfer 
coefficients for all measured values. The Gungor and Winterton (1986) correlation in Figure 5.26(b) also gives that 
the bias errors are higher than 60% for all predictions. The Wattelet et al. (1994), Liu and Winterton (1991), and 
Shah (1982) correlations in Figure 5.26(c), (d),and (e) show that predictions more deviate from measured values 
with the increase of mass flux and vapor quality. This trend can be explained as the smaller convective boiling 
contribution to the total flow boiling heat transfer for CO2 than that for other refrigerants. For the mass flux of 200 
kg/m2s, heat transfer coefficients can be calculated relatively well by the Liu and Winterton (1991) and the Shah 
(1982) correlations with the bias error from 0 to 40%.  
As presented in Table 2.3, the heat transfer correlations for mini-scale tubes can be classified into two 
types. One is the correlations for nucleate boiling dominant heat transfer, and the other is for convective boiling 
dominant heat transfer. The Lazarek and Black (1982), Tran et al. (1996), and Yu et al. (2002) correlations were 
developed for nucleate boiling dominant heat transfer, and the Lee and Lee (2001b), and Tu (2002) correlations 
were generated for convective boiling dominant heat transfer condition. The Warrier et al. (2002) correlation was 
based on the heat transfer where both of the nucleate and convective boiling was active. The Lazarek and Black 
(1982) correlation in Figure 5.27(a) gives accurate predictions at low vapor qualities and the bias errors become 
greater with the increase of vapor quality. From the calculation results of the Lazarek and Black (1982) correlation, 
it can be inferred that the CO2 heat transfer in the 0.89 mm tube is dominated by nucleate boiling at low qualities 
and the contribution of convective boiling is enhanced with the increase of vapor quality. The Tran et al. (1996) 
correlation in Figure 5.27(b) underpredicts heat transfer coefficients for every measurement condition. Amazingly, 
the bias errors of this correlation are located within a small range from –50 to –80% and they can be connected with 
a curved line for all mass fluxes. The comparison of the two correlations presented by Lazarek and Black (1982), 
and Tran et al. (1996) can give some pieces of idea about developing correlation and understanding of heat transfer 
mechanism for the measured CO2 heat transfer coefficients. Both correlations apply boiling number (Bo) to consider 
the nucleate boiling effect on heat transfer in small tubes. However, the Lazarek and Black (1982) correlation uses 
Reynolds number to include the inertia and viscosity effect and the Tran et al. (1996) correlation applies Weber 
number to contain the inertia and surface tension effect on heat transfer. As shown in Figure 5.27, the consideration 
of surface tension makes the bias errors distributed within a narrow range. Many researchers comment that the 
surface tension effect on heat transfer increases with the decrease of tube diameters. If a heat transfer correlation 
should be developed for the measured values in this study, it is recommendable to modifying the Tran et al (1996) 
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correlation with vapor qualities. The Yu et al. (1996) correlation which has the same equation format as the Tran et 
al (1996) correlation except a multiplying constant, overpredicts the heat transfer coefficients in Figure 5.27(d). The 
Lee and Lee (2001b) and the Tu (2004) correlations which assumed the convective boiling dominant heat transfer 
show significant over predictions in Figure 5.27(c) and (f), respectively. The comparison of predicted and measured 
heat transfer comparison is performed in limited measurement conditions, such as the evaporation temperature of –
30 °C and the heat flux of 5 kW/m2, with only CO2 in this study. At this point, more heat transfer coefficient data for 
various conditions are needed to evaluate the correlations for mini-scale tubes or to develop a new heat transfer 
correlation.  
From Figure 5.26 and 27, the following trends can be inferred for predicting CO2 flow boiling heat transfer 
coefficients the evaporation temperature of –30 °C and the heat flux of 5 kW/m2 in the 0.89 mm tubes. 
• The heat transfer correlations for macro-scale tubes tend to overpredict the heat transfer coefficients 
for all measurement conditions. 
• For the mass flux of 200 kg/m2s, heat transfer coefficients can be calculated relatively well by the Liu 
and Winterton (1991) and the Shah (1982) correlations with the bias error from 0 to 40%. 
• Due to the limited data base to develop the heat transfer correlations for mini-scale tubes, their 
accuracy is not better than the accuracy of the correlations for macro-scale tubes. 
• The Lazarek and Black (1982) correlation can predict the heat transfer coefficients with the bias errors 
from –60 to 20%. 
• The bias errors of the Tran et al. (1996) correlation which uses Weber number to consider the surface 
tension effect are located within a small range from –50 to –80%. From this comparison, it can be 
recommendable to modifying the Tran et al (1996) correlation with vapor qualities for developing a 
heat transfer correlation for the measured values in this study. 
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(a) Thome and El Hajal (2004) (b) Gungor and Winterton 
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(c) Wattelet et al. (1994) (d) Liu and Winterton (1991) 
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Figure 5.26 Bias errors from measured CO2 flow boiling heat transfer coefficients in the 0.89 mm tube at the 
evaporation temperature of –30 °C and the heat flux of 5 kW/m2 for predictions by the (a) Thome and El Hajal 
(2004) (b) Gungor and Winterton (1986) (c) Wattelet et al. (1994) (d) Liu and Winterton (1991) (e) Shah (1982) 
correlations  
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Figure 5.27 Bias errors from measured CO2 flow boiling heat transfer coefficients in the 0.89 mm tube at the 
evaporation temperature of –30 °C and the heat flux of 5 kW/m2 for predictions by the (a) Lazarek and Black 
(1982) (b) Tran et al. (1996) (c) Lee and Lee (2001b) (d) Yu et al. (2002) (e) Warrier et al. (2002) (f) Tu (2004) 
correlations  
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5.6 Summary and Conclusion 
From the study of the CO2 flow boiling heat transfer coefficients in the 6.1 and 3.5 copper tubes, the 
following conclusions can be inferred:  
• The CO2 heat transfer coefficients for the 6.1 mm tube are the strong function of heat flux, whereas 
they are not strongly dependent on quality and mass flux except at the low mass flux condition of 100 
kg/m2 s. Consequently, they show the nucleate dominant heat transfer mechanism.  
• The CO2 heat transfer coefficients for 3.5 mm tube at the mass flux of 200 kg/m2 s indicate the 
dominance of nucleate boiling, however those at the mass flux of 400 kg/m2 s present that the 
convective boiling contribution to heat flux is significant especially at low heat flux condition.  
• The comparison of the CO2 heat transfer coefficients for 6.1 and 3.5 mm tubes shows that the change 
of tube diameter does not influence much to heat transfer coefficient at the mass flux of 200 kg/m2 s. It 
also demonstrates that the smaller tube does not always bring out a higher heat transfer coefficients at 
an identical condition.  
• The reduction of CO2 heat transfer coefficients with increasing mass flux in low quality regions is 
experimentally shown.  
• The CO2 heat transfer coefficients for the 6.1 mm tube at the mass flux of 100 kg/m2 s decrease with 
the increase of quality because the mass flux is insufficient to wet the entire inner surface area of the 
tube. When designing the CO2 heat exchangers for low temperature applications, the mass flux should 
be high enough to sufficiently wet the inside area of the tube.  
• For the evaporation temperature of –15 and –30 °C, the Gungor and Winterton (1986) and Wattelet et 
al. (1994) correlations can predict the CO2 heat transfer coefficients in the 6.1 mm tube relatively well 
for most of the flow conditions except the mass flux of 400 kg/m2s and heat flux of 5 kW/m2 at the 
evaporation temperature of –30 °C.  
• For the evaporation temperature of –15 °C, the Gungor and Winterton (1986) correlation is 
recommendable to determine the CO2 heat transfer coefficients in the 3.5 mm tube for the mass flux of 
200 kg/m2s and the Wattelet et al. (1994) correlation can predict very well for the mass flux of 400 
kg/m2s. 
• For the evaporation temperature of –30 °C, the Wattelet et al. (1994) correlation shows acceptable bias 
errors for predicting the CO2 heat transfer coefficients in the 3.5 mm tube at the mass flux of 200 
kg/m2s and the Liu and Winterton (1991) and Shah (1982) correlations predict relatively well for the 
mass flux of 400 kg/m2s. 
• The surface roughness of the 6.1 and 3.5 mm tube are presented by SEM and AFM images and surface 
profiles, and it is shown that the rougher surface of the 6.1 mm tube can affect the flow boiling heat 
transfer. 
From the investigation of the CO2, R410A, and R22 flow boiling heat transfer coefficients in the 6.1 mm 
copper tube, the following conclusions can be proposed:  
• The investigation of flow boiling heat transfer coefficients and pressure drop is performed in the 
horizontal smooth tube of 6.1 mm inner diameter for CO2, R410A, and R22.  
• Flow boiling heat transfer for CO2 is much higher than those for R410A and R22 especially at low 
quality ranges for an identical heat flux, mass flux and evaporation temperature. 
 93
• The lower molecular weight and the higher reduced pressure of CO2 than those of R410A and R22 
result in higher flow boiling heat transfer coefficients by enhancing the nucleate boiling heat transfer 
contribution.  
• For the evaporation temperatures of –15 and –30 °C, the Gungor and Winterton (1986) can predict 
R410A heat transfer coefficients relatively well for all mass fluxes except the heat flux of 5 kW/m2.  
• For the evaporation temperature of –15 °C and the heat flux of 5 kW/m2, the Liu and Winterton (1991) 
correlation is recommendable to predict the R410A heat transfer coefficients for the mass flux of 100 
and 200 kg/m2s, and the modified Gungor and Winterton (1987) shows good predictions for the mass 
flux of 400 kg/m2s. 
• For the evaporation temperature of –30 °C and the heat flux of 5kW/m2, the modified Gungor and 
Winterton (1987) is most recommendable to predict R410A heat transfer coefficients for the mass flux 
of 100 kg/m2s, and no correlation can correctly predict for the mass fluxes of 200 and 400 kg/m2s. 
From the research of the CO2 flow boiling heat transfer coefficients in the 0.89 mm aluminum tube at the 
heat flux of 5 kW/m2, the following conclusions can be suggested: 
• The CO2 heat transfer coefficients in the 0.89 mm tubes increase with the increase of vapor quality for 
all mass fluxes, which means that the convective boiling is an active heat transfer mechanism. Also, 
they are not significantly increased, compared with the heat transfer coefficients in 3.5 and 6.1 mm 
tubes. 
• The CO2 heat transfer correlations for macro-scale tubes tend to overpredict the heat transfer 
coefficients for all measurement conditions. 
• For the mass flux of 200 kg/m2s, the CO2 heat transfer coefficients can be calculated relatively well by 
the Liu and Winterton (1991) and the Shah (1982) correlations with the bias error from 0 to 40%. 
• Due to the limited data base to develop the heat transfer correlations for mini-scale tubes, their 
accuracy is not better than the accuracy of the correlations for macro-scale tubes. 
• It can be recommendable to modify the Tran et al (1996) correlation with vapor qualities for 
developing a heat transfer correlation for the measured values in this study. 
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Chapter 6. Pressure Drop 
6.1 Chapter Overview 
Two-phase flow pressure drop is a critical design parameter for heat exchanger designers because the 
performance of a system is strongly influenced by pressure drop in heat exchangers. As a result, two-phase flow 
pressure drop for numerous kinds of fluids has been measured under various conditions and empirical or semi-
empirical models to calculate pressure drop have been proposed by many researchers. Fundamental theory including 
some general correlations about pressure drop for two-phase flow is presented in section 2.2.  
In this chapter, two-phase pressure drop of CO2 is investigated with experimental data and numerical 
results based on some correlations to predict two-phase flow pressure drop. CO2 pressure drop is measured in 6.1 
and 3.5 mm copper tubes at low saturation temperatures and the measured pressure drop is compared with predicted 
values. In order to examine the pressure drop characteristics of CO2, the pressure drop of R410A and R22 is 
measured in a 6.1 mm copper tube and the pressure drop is compared with CO2 pressure drop. Finally, the CO2 
pressure drop in a small channel, the diameter of 0.89 mm, is investigated by experimental and predictive methods. 
In this study, the two-phase flow pressure drop is measured in horizontal tubes under diabetic conditions. As a 
result, the presented pressure drop data show the frictional pressure drop without any acceleration or gravitational 
effect on the pressure drop.   
6.2 CO2 Pressure Drop in 6.1 and 3.5 mm Tubes 
6.2.1 Measured pressure drop 
In this study, two-phase pressure drops of CO2 flow for 6.1 and 3.5 mm tubes are measured at adiabatic 
condition. The saturation temperatures for the pressure drop measurement are –15 and –30 °C and vapor quality is 
varied from 0.1 to 0.8. The mass fluxes are 100, 200, and 400 kg/m2s for the 6.1 mm tube and they are 200, 400, and 
600 kg/m2s for the 3.5 mm tube for measuring pressure drop. The accuracy of pressure drop measurement is ±0.086 
kPa. Figure 6.1 and 6.2 present the CO2 pressure drop in 6.1 and 3.5mm tubes, respectively. From the Figures 6.1 
and 6.2, the following trends can be inferred: 
• Pressure drop increases with the increase of mass flux and the decrease of tube diameter. 
• At low and mid vapor qualities, pressure drop significantly increases with the increase of vapor 
quality. However, the increase of pressure drop is not considerable at high qualities.  
• Pressure drop increases with the decrease of saturation temperature. 
The trend of two-phase flow pressure drop with respect to vapor qualities can be explained by the change of 
void fraction for vapor qualities. As will be discussed later, and shown in Figure 7.1, void fraction steeply increases 
with the increase of vapor quality at low quality regions, and the void fraction does not drastically increase at high 
qualities. The void fraction presented in Figure 7.1 is calculated based on the Rouhani and Axelsson (1970) model. 
Generally, pressure drop is a strong function of fluid velocity. For a constant mass flux condition, the significant 
increase of void fraction means the considerable increase vapor velocity with the increase of vapor quality. As a 
result, pressure drop steeply increases at low vapor quality regions. For an identical tube diameter and mass flux, the 
temperature influence on two-phase flow pressure drop is not trivial as shown in Figures 6.1 and 6.2. Also, the 
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average kinetic energy method, proposed by Niño et al. (2002), can be applied to explain the pressure drop. The 
average kinetic energy of a two-phase flow can be defined by Eq. (6.1). 
⎥⎦
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⎡ −+==
lvaverage
average
xxGGKE ρρρ
)1(
22
22
 (6.1) 
At a high vapor quality, very thin liquid film exists on a tube wall, and no more energy dissipation occurs between 
liquid phase and the tube wall with the increase of vapor quality. As a result, the pressure drop does not increase at 
the high vapor qualities. Even though many physical properties are relevant to two-phase flow pressure drop, the 
properties most strongly affecting the pressure drop are viscosity and density for the liquid and vapor phases. Table 
6.1 presents the viscosity and density of liquid and vapor for CO2 at evaporation temperatures of –15 and –30 °C. 
Usually, the two-phase flow pressure drop increases with the decrease of density and the increase of viscosity for 
liquid and vapor phases. Based on the properties in Table 6.1, it can be concluded that the increase of liquid 
viscosity and the decrease of vapor density contribute the pressure drop increase at a lower saturation temperature.  
Table 6.1 Viscosity and density of liquid and vapor for CO2 
Saturation 
temperature lμ  [μPa·s] vμ  [μPa·s] lρ  [kg/m3] vρ  [kg/m3] 
–15 °C 134.1 13.45 1008 60.73 
–30 °C 169.4 12.45 1076 37.1 
 
 
(a) Saturation temperature –15 °C (b) Saturation temperature –30 °C 
Figure 6.1 CO2 pressure drops of adiabatic tow-phase flow for the inner diameter 6.1 mm tube at the mass fluxes 
of 100, 200, and 400 kg/m2s for the saturation temperatures of (a) –15 °C and (b) –30 °C 
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(a) Saturation temperature –15 °C (b) Saturation temperature –30 °C 
Figure 6.2 CO2 pressure drops of adiabatic tow-phase flow for the inner diameter 3.5 mm tube at the mass fluxes 
of 200, 400, and 600 kg/m2s for the saturation temperatures of (a) –15 °C and (b) –30 °C 
6.2.2 Prediction of pressure drop 
Even though there have been a lot of studies to find out appropriate correlations and to develop a new 
model for an accurate prediction of two-phase flow pressure drop, most of the previous studies commented that 
some correlations could be applied to a certain range of flow conditions. In this study, the measured CO2 pressure 
drop is compared with calculated values based on general correlations for macro-scale tubes. The prediction of 
pressure drop is performed by the homogeneous model with McAdams et al. (1942) two-phase viscosity definition, 
the Lockhart and Martinelli (1949), the Chisholm (1973), the Friedel (1979), the Grönnerud (1979), and the Müller-
Steinhagen and Heck (1986) models. More information about the above models is presented in section 2.2. Table 6.2 
and 6.3 shows the absolute average deviation (AAD) of the predicted pressure drop from measured values for each 
correlation at a saturation temperature and mass flux for the vapor quality range from 0.1 to 0.8. The definition of 
AAD is presented in Eq. (6.2) and Table 6.2 and 6.2 gives the AAD for the 6.1 and 3.5 mm tubes, respectively. 
100
)(1[%] ×−= ∑
measured
measuredpredicted
dP
dPdP
N
AAD  (6.2) 
In Table 6.2, the AAD’s of predicted pressure drop for the 6.1 mm tube at various saturation temperatures 
and mass fluxes are presented and the AAD lower than 30% is shown as bold characters. The AAD’s in Table 6.2 
shows a certain trend of each model. The Friedel (1979) model is a good choice to predict the pressure drop at the 
high mass flux of 400 kg/m2s, whereas the homogeneous model predicts well at the low mass flux of 100 kg/m2s. 
These results of pressure drop predictions can be explained as the difference of flow model for each correlation. The 
Friedel (1979) model is based on the separated flow model which assumes that the liquid and vapor velocities in a 
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two-phase flow are different, whereas the homogeneous model was developed from the assumption that the liquid 
and vapor velocities are identical. Usually, the difference in liquid and vapor velocities becomes significant with the 
increase of mass flux. As a result, the Friedel and homogeneous model can predict pressure drop relatively well for 
the high and low mass flux, respectively. The Müller-Steinhagen and Heck (1986) model, another correlation based 
on the separated flow model, can estimate pressure drop relatively well for the mass fluxes of 200 and 400 kg/m2s, 
and it shows a better prediction for the low mass flux of 100 kg/m2s than the Friedel (1979) model.  
Table 6.2 Absolute average deviation (AAD) of predicted CO2 pressure drop from measured values at saturation 
temperatures of –15 and –30 °C and mass fluxes of 100, 200, and 400 kg/m2s in the 6.1 mm tube 
Tsat 
Mass flux 
[kg/m2s] 
Friedel 
(1979) 
Homo-
geneous 
model 
Lockhart 
and 
Martinelli 
(1949) 
Grönnerud 
(1979) 
Chisholm 
(1973) 
Müller-
Steinhagen 
and Heck 
(1986) 
100 106.6 16.7 199.7 63.8 150.2 49.2 
200 41.5 27.0 146.8 61.6 84.9 11.5 –15 °C 
400 13.7 41.3 108.8 71.5 54.3 16.3 
100 94.6 25.2 141.1 30.5 156.4 35.0 
200 53.0 43.3 144.9 42.9 123.9 25.3 –30 °C 
400 22.0 47.1 61.2 49.6 50.2 23.8 
 
For more detail in the comparison between the measured and predicted pressure drop, Figure 6.3 presents 
the bias error, defined as Eq. (6.3), for these six pressure drop models at a saturation temperature, mass flux, and 
vapor quality. In Figure 6.3, the higher measured pressure drop for the symbols having a same shape and color 
means the higher vapor quality condition, because the pressure drop increases with the increase of vapor quality in 
most of the measurements. 
100
)(
[%] ×−=
measured
measuredpredicted
dP
dPdP
errorBias  (6.3) 
The Friedel (1979) model in Figure 6.3(a) shows the large deviation of prediction at a low mass flux of 100 
kg/m2s; however it gives a good estimation with the increase of mass flux. The homogeneous model in Figure 6.3(b) 
presents the relatively good predictions at low mass flux of 100 kg/m2s under 50% bias error and it underestimates 
the pressure drops for a mass flux of 400 kg/m2s by about –50% bias error. The Lockhart and Martinelli (1949) 
model in Figure 6.3(c) and the Chisholm (1973) model in Figure 6.3(e) significantly overestimate the pressure drop 
at a low mass flux of 100 kg/m2s and the bias errors are getting smaller with the increase of mass flux and vapor 
quality. The Grönnerud (1979) model in Figure 6.3(c) shows a relatively good agreement with the measured 
pressure drop at low vapor qualities, and it overestimates with the increase of vapor qualities. The Müller-
Steinhagen and Heck (1986) model in Figure 6.3(f) determines the pressure drop relatively well for the mass fluxes 
of 200 and 400 kg/m2s and it overestimates for the mass flux of 100 kg/m2s under 100% bias error. Based on Figure 
6.3, the following trends can be inferred for predicting pressure drop in the 6.1 mm tube: 
• For the mass flux of 100 kg/m2s, the homogeneous model is the best model among the above six 
models. 
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• For the mass fluxes of 200 and 400 kg/m2s, the Friedel (1979) and the Müller-Steinhagen and Heck 
(1986) models are both good choices for predicting pressured drop. 
In Table 6.3, the AAD’s of predicted CO2 pressure drop for the 3.5 mm tube at various saturation 
temperatures and mass fluxes are presented and the bold characters means the AAD lower than 30%. The Friedel 
(1979) model could predict the pressure drop at all mass fluxes of 200, 400, and 600 kg/m2s. On the other hand, the 
homogeneous model poorly estimated the pressure drop in the 3.5 mm tube at all mass fluxes. The Chisholm (1973) 
model predicts relatively well for the high mass fluxes of 400 and 600 kg/m2s. The Müller-Steinhagen and Heck 
(1986) model presents relatively good predictions for the all mass flux conditions.  
Table 6.3 Absolute average deviation (AAD) of predicted CO2 pressure drop from measured values at saturation 
temperatures of –15 and –30 °C and mass fluxes of 200, 400, and 600 kg/m2s in the 3.5 mm tube 
Tsat 
Mass flux 
[kg/m2s] 
Friedel 
(1979) 
Homo-
geneous 
model 
Lockhart 
and 
Martinelli 
(1949) 
Grönnerud 
(1979) 
Chisholm 
(1973) 
Müller-
Steinhagen 
and Heck 
(1986) 
200 12.1 42.3 84.3 49.2 44.2 17.9 
400 14.8 49.2 75.7 75.3 31.6 27.0 –15 °C 
600 16.2 49.4 75.8 118.4 19.2 27.4 
200 6.7 48.7 40.6 46.4 34.8 24.0 
400 21.9 55.0 37.8 63.9 25.9 33.9 –30 °C 
600 25.6 55.2 35.4 96.0 20.5 34.5 
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(c) Lockhart and Martinelli (1949) (d) Grönnerud (1979) 
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(e) Chisholm (1973) (f) Müller-Steinhagen and Heck (1986) 
Figure 6.3 Bias error from measured CO2 pressure drop values for predictions by the (a) Friedel (1979) (b) 
Homogeneous (c) Lockhart and Martinelli (1949) (d) Grönnerud (1979) (e) Chisholm (1973) (f) Müller-
Steinhagen and Heck (1986) in the 6.1 mm tube 
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Figure 6.4 presents bias errors for the above six pressure drop models at a saturation temperature, mass 
flux, and vapor quality. Compared with the bias errors for the 6.1 mm tube, the bias errors for 3.5 mm in Figure 6.4 
are smaller. It is because the pressure drop for the mass flux of 100 kg/m2s is not measured. The presented models to 
calculate pressure drop are all developed from the separated flow assumption except the homogeneous model. As 
shown in Figure 6.3, the most of significant bias errors occur for the mass flux of 100 kg/m2s. The Friedel (1979) 
model in Figure 6.4(a) shows good pressure drop predictions for all mass fluxes within the bias error range from –50 
to 25%. The homogeneous model in Figure 6.4(b) consistently underestimates the pressure drop around –50% bias 
errors at every flow condition. The Lockhart and Martinelli (1949) model in Figure 6.4(c) considerably 
overestimates the pressure drop at low vapor qualities; however its accuracy noticeably improved with the increase 
of vapor quality. The Grönnerud (1979) model in Figure 6.4(d) shows a small underestimation of pressure drop. 
However, it starts to overestimate with the increase of vapor quality and the bias error for the overestimation 
becomes more obvious as the vapor quality increases. The Chisholm (1973) model in Figure 6.4(e) has a similar 
tendency to predict pressure drop as the Lockhart and Martinelli (1949) model. However, the bias errors of the 
Chisholm (1973) model’s overestimation at low vapor qualities are less than 80% and it shows the good predictions 
at high vapor qualities or at high mass fluxes where the velocity difference between liquid and vapor phase is 
significant. The Müller-Steinhagen and Heck (1986) model in Figure 6.4(f) determines the pressure drop relatively 
well for all mass fluxes with the bias error range from –50% to 0%. Based on Figure 6.4, the following trends can be 
inferred for predicting pressure drop in the 3.5 mm tube: 
• The Friedel (1979) and the Müller-Steinhagen and Heck (1986) model can be good predictors for two-
phase flow pressure drop, even though they tend to underestimate up to –50%. 
• The Chisholm (1973) model can determine pressure drop relatively well at the flow conditions with 
high vapor qualities or high mass fluxes of 400 and 600 kg/m2s. 
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(e) Chisholm (1973) (f) Müller-Steinhagen and Heck (1986) 
Figure 6.4 Bias error from measured CO2 pressure drop values for predictions by the (a) Friedel (1979) (b) 
Homogeneous (c) Lockhart and Martinelli (1949) (d) Grönnerud (1979) (e) Chisholm (1973) (f) Müller-
Steinhagen and Heck (1986) in the 3.5 mm tube 
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For heat exchanger designers, it is useful to know the information about the appropriate models to calculate 
pressure drop based on the evaporation temperatures, vapor quality and mass fluxes. In addition, it is also valuable 
to find out the correct pressure drop model based on flow patterns because the flow patterns can be approximately 
identified by the flow pattern maps that were presented in section 2.3. For designing a heat exchanger with a direct 
expansion device, the accurate prediction of two-phase flow pressure drop for mid and high vapor quality regions 
where an annular flow commonly occurs is critical because these vapor quality regions occupy most of tubes in the 
heat exchanger. Whereas, the prediction of pressure drop in all vapor qualities is important for designing a heat 
exchanger with a sub-cooled liquid input. In this study, the measured pressured drop values are compared with the 
calculated pressured drop according to various flow patterns in the 6.1 and 3.5 mm tubes and the results are 
presented in Table 6.4. Even though the flow patterns could be sub-classified into many different types, only 4 types 
of flow patterns, “slug + stratified”, “stratified”, “intermittent”, and “annular” flow, are proposed in this study for 
the convenience of comparison. In this study, the “intermittent” flow is a broad category including any flow pattern 
that exhibited time varying characteristics. Table 6.4 presents some pressure drop models which is appropriate 
according to each flow pattern and the proposed models are not identical compared to the previously 
recommendable models based on saturation temperatures and mass fluxes. The Friedel (1979) model is a good 
predictor for an annular flow pattern in the 6.1 mm tube and for all kind of flow patterns in the 3.5 mm tube. The 
Grönnerud (1979) model determines pressure drop relatively well for the “slug + stratified” and intermittent flow in 
the 6.1 and 3.5 mm tubes. The Chisholm (1973) can estimate the pressure drop for the annular flow in the 3.5 mm 
tube. The Müller-Steinhagen and Heck (1986) model can be recommended for any kind of flow patterns in the 6.1 
and 3.5 mm tubes except the “slug + stratified” and stratified flow patterns in the 6.1 mm tube. 
Figures 6.5 and 6.6 show bias errors for different flow patterns for the six pressure drop models at a 
measured pressure drop value in the 6.1 and 3.5 mm tubes, respectively. The models predicting the pressure drop 
relatively well are presented as solid symbols, whereas the models giving poor predictions are shown as open 
symbols in Figures 6.5 and 6.6. In Figure 6.5 (a) “slug + stratified” flow in the 6.1 mm tube, the Grönnerud (1979) 
and the homogeneous models are good predictors for pressure drop. For stratified and intermittent flow, the 
homogeneous model can estimate the pressure drop within the bias error of 50%. Due to the small velocity 
difference between the liquid and vapor phase in stratified and intermittent flows in the 6.1 mm tube, the pressured 
drop in these flow patterns can be predicted by the homogeneous model as shown in Figure 6.5(a), (b), and (c). In 
Figure 6.5(d), the Friedel (1979) and Müller-Steinhagen and Heck (1986) models which are based on a separate flow 
model can calculate the pressure drop relatively well for the annular flow patterns in the 6.1 mm tube. The pressured 
drop measurement for the 3.5 mm tube was performed at the mass fluxes of 200, 400, and 600 kg/m2s, whereas the 
pressure drop in the 6.1 mm tube was determined at the mass fluxes of 100, 200, and 400 kg/m2s. As a result, the 
stratified and intermittent flows in the 3.5 mm tube (Figure 6.6) seem to have a different mechanism for pressure 
drop from those flow patterns in the 6.1 mm tube (Figure 6.5). As a result, the pressure drop for the stratified and 
intermittent flow patterns in the 3.5 mm tube cannot be estimated accurately with the homogeneous model as 
presented in Figure 6.6(a), (b), and (c). Instead, the Friedel (1979) and Grönnerud (1979) models can determine the 
pressure drop relatively well for the stratified and intermittent flow in the 3.5 mm tube. As the annular flow in the 
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6.1 mm tube, the pressure drop for annular flow in the 3.5 mm tube can be predicted with the Friedel (1979) and 
Müller-Steinhagen and Heck (1986) models within the bias error of 50% in Figure 6.6(d). Also, the Chisholm 
(1973) model can determine the pressure drop in the 3.5 mm tube for the annular flow pattern.  
Table 6.4 Absolute average deviation (AAD) of predicted CO2 pressure drop from measured values at various 
flow patterns in the 6.1 and 3.5 mm tubes 
Tube 
size 
[mm] 
Flow 
patterns 
Data 
point 
Friedel 
(1979) 
Homo-
geneous 
model 
Lockhart 
and 
Martinelli 
(1949) 
Grönnerud 
(1979) 
Chisholm 
(1973) 
Müller-
Steinhagen 
and Heck 
(1986) 
Slug + 
Stratified 7 104.8 33.1 278.5 22.7 206.6 37.6 
Stratified 10 85.3 19.2 132.0 50.3 128.0 38.1 
Intermittent 1 53.1 18.4 189.2 17.5 160.0 10.3 
6.1 
Annular 18 19.3 42.3 75.4 68.8 46.2 17.3 
Slug + 
Stratified 4 10.5 40.8 115.7 24.3 70.8 29.7 
Stratified 2 8.1 45.3 114.9 9.8 69.3 27.0 
Intermittent 4 6.7 43.0 120.2 12.9 53.8 27.5 
3.5 
Annular 26 19.2 52.8 35.6 97.2 16.2 27.1 
 
From the Figures 6.5 and 6.6, the following trends can be inferred for predicting pressure drop according to 
flow patterns and tube size: 
• The homogeneous model can predict the pressure drop well for the “slug + stratified”, “stratified”, and 
“intermittent” flow patterns in the 6.1 mm tube. 
• The Friedel (1979) and the Müller-Steinhagen and Heck (1986) model can be good pressure drop 
predictors for annular flow in the 6.1 mm tube. 
• The Friedel (1979) and the Müller-Steinhagen and Heck (1986) models determine the pressure drop 
within the bias error of 50% for all flow patterns in the 3.5 mm tube.  
• The Grönnerud (1979) model can be a good method to predict the pressure drop for the “slug + 
stratified”, “stratified”, and “intermittent” flow patterns in the 3.5 mm tube. 
• The Chisholm (1973) model can determine pressure drop relatively well for the annular flow patterns 
in the 3.5 mm tube.  
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(c) Intermittent (d) Annular 
Figure 6.5 Bias error from measured CO2 pressure drop values for predictions by six pressure drop prediction 
models for (a) Slug + Stratified (b) Stratified (c) Intermittent (d) Annular flow pattern in the 6.1 mm tube 
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(c) Intermittent (d) Annular 
Figure 6.6 Bias error from measured CO2 pressure drop values for predictions by six pressure drop prediction 
models for (a) Slug + Stratified (b) Stratified (c) Intermittent (d) Annular flow pattern in the 3.5 mm tube 
6.3 CO2, R410A and R22 Pressure Drop in a 6.1 mm Tube 
6.3.1 Measured pressure drop 
In addition to measuring two-phase flow pressure drop of CO2, the same measurement was performed for 
R410A and R22 in the 6.1 mm tube at adiabatic condition. The saturation temperatures for the pressure drop 
measurements were –15 and –30 °C and vapor quality was varied from 0.1 to 0.8. The mass flux range was from 
100 to 400 kg/m2s. Figures 6.7 and 6.8 present the CO2, R410A and R22 pressure drop in the 6.1 tube at the 
saturation temperatures of –15 and –30 °C, respectively. From the Figures 6.7 and 6.8, the following trends can be 
inferred: 
• CO2 pressure drop is much smaller than R410A and R22, and R410A pressure drop is slightly smaller 
than R22 at an identical flow condition. 
• Pressure drop increases with the increase of mass flux and vapor quality and the decrease of saturation 
temperature. 
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The difference of pressure drop for each refrigerant can be explained by various methods. In this study, the pressure 
drop difference is described by the difference of average phase velocity and a model with the difference of physical 
properties for CO2, R410A and R22.   
 
(a) CO2 (b) R410A (c) R22 
Figure 6.7 Adiabatic two-phase flow pressure drop for the inner diameter 6.1mm tube at the mass fluxes from 
100 to 400 kg/m2s and the saturation temperature –15 °C for (a) CO2 (b) R410A (c) R22 
 
(a) CO2 (b) R410A 
Figure 6.8 Adiabatic two-phase flow pressure drop for the inner diameter 6.1 mm tube at the mass fluxes from 
100 to 400 kg/m2s and the saturation temperature –30 °C for (a) CO2 (b) R410A 
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(a) CO2 (b) R410A (c) R22 
Figure 6.9 Average liquid and vapor phase velocity for the inner diameter 6.1 mm tube at the mass fluxes from 
100 and 400 kg/m2s and at the saturation temperature –15 °C for (a) CO2 (b) R410A (c) R22 
Figure 6.9 shows the average liquid and vapor velocity at the mass flux of 100 and 400 kg/m2s and the 
saturation temperature of –15 °C for CO2, R410A and R22. The average liquid and vapor velocities are defined as 
the Eq. (6.4) and (6.5) and the void fraction is calculated by the Rouhani and Axelsson (1970) model. Also, some 
physical properties for the three refrigerants are presented in Table 6.5. 
)1(
)1(
αρ −
−=
l
l
xGu  (6.4) 
αρvv
Gxu =  (6.5) 
Table 6.5 Relevant thermophysical properties of CO2, R410A, and R22 at the saturation temperature of –15 and 
–30 °C 
 –15 °C –30 °C 
Properties CO2 R410A R22 CO2 R410A R22 
lρ  [kg/m3] 1008 1236 1321 1076 1291 1367 
vρ  [kg/m3] 60.73 18.53 12.81 37.1 10.62 7.332 
vl ρρ /  16.60 66.70 103.1 29.00 121.56 186.44 
lμ  [μPa·s] 134.1 204.5 238.4 169.4 247.2 281.8 
vμ  [μPa·s] 13.45 11.18 11.34 12.45 10.37 10.63 
vl μμ /  9.97 18.29 21.02 13.61 23.84 26.51 
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Generally, two-phase flow pressure drop is strongly dependent on the liquid and vapor velocities. The 
average vapor velocities of R410A and R22 are much higher than CO2 in Figure 6.9, which causes the significantly 
higher pressure drop of R410A and R22 than that of CO2. In Figure 6.8, it can be shown that the R410A average 
vapor velocity is smaller than R22, which results in the smaller pressure drop for R410A than R22. The average 
vapor velocity is an inverse function of vapor density as presented in the Eq. (6.5) and the CO2 vapor density is 
much higher than R410A and R22 in Table 6.5. In order to better explaining the physical property influence on the 
difference of pressure drop for three refrigerants, the Müller-Steinhagen and Heck (1986) model is applied because 
this correlation has a relatively simple form and it can predict the pressure drop relatively well at a wide range as 
shown in section 6.4. The the Müller-Steinhagen and Heck (1986) model for turbulent flows of liquid and vapor is 
presented in Eq. (6.6), (6.7) and (6.8). 
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At an identical mass flux, evaporation temperature and quality condition, the pressure drop is determined by the 
viscosity and density of liquid and vapor of a refrigerant. Some properties of CO2, R410A and R22 are shown in 
Table 6.5 and the most significant property difference of CO2 between the other two refrigerants is the vapor 
density. The vapor density of CO2 is 230% and 370% higher than that of R410A and R22 respectively. As presented 
in Eq. (6.6), the frictional pressure drop is proportional to the pressure drop of vapor phase, “b”, and the vapor 
pressure drop is an inverse function of vapor density in Eq. (6.8). Even though the CO2 vapor viscosity is about 20% 
higher than R410A and R22, the difference between them is much smaller than vapor density difference. Also, the 
influence of viscosity difference is not significant in Eq. (6.8) because the term including viscosity is the power of 
0.25. Consequently, CO2 pressure drop is much less than R410A and R22 mainly due to the higher vapor density 
which results in lower average vapor phase velocity at an identical mass flux. 
6.3.2 Prediction of pressure drop 
The comparison of measured CO2 pressure drop with the calculated values is presented with the six 
different pressure drop models in section 6.2. In this chapter, the measured R410A and R22 pressure drop is 
compared with calculated values based on the six different pressure drop models, such as the homogeneous model 
with McAdams et al. (1942) two-phase viscosity definition, the Lockhart and Martinelli (1949), the Chisholm 
(1973), the Friedel (1979), the Grönnerud (1979), and the Müller-Steinhagen and Heck (1986) models.  
The prediction accuracies for R410A at the measured saturation temperatures and mass fluxes are presented 
in Table 6.6 where the absolute average deviation (AAD) was defined in Eq. (6.2). For the pressure drop at the 
evaporation temperature of –15 °C and mass flux of 100 kg/m2s, no pressure drop correlations can be recommended 
from the presented six correlations. The Grönnerud (1979) model, which could not correctly predict CO2 pressure 
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drop in most of the flow conditions, gives a relatively good predictor for the R410A pressure drop at the saturation 
temperature of –15 °C and the mass fluxes of 200 and 300 kg/m2s and good equation for the all measured mass 
fluxes at the evaporation temperature of –30 °C. The Friedel (1979) and Müller-Steinhagen and Heck (1986) models 
are appropriate for pressure drop prediction at the mass fluxes more than 200 kg/m2s, which is similar to the trend of 
the CO2 pressure drop prediction. The homogeneous model, which gave relatively good predictions for CO2 with a 
mass flux of 100 kg/m2s, could not accurately determine the pressure drop at the low mass flux for R410A. This 
inaccuracy of the homogeneous model for R410A pressure drop can be explained with Figure 6.9. The average 
vapor velocity of R410A is considerably higher than that of CO2 due to the much smaller R410A vapor density than 
CO2. As a result, the velocity difference between the vapor and liquid phase becomes significant for R410A, which 
violates the homogeneous flow assumption.  
Table 6.6 Absolute average deviation (AAD) of predicted R410A pressure drop from measured values at 
saturation temperatures of –15 and –30 °C and mass fluxes from 100 to 400 kg/m2s in the 6.1 mm tube 
Tsat 
Mass flux 
[kg/m2s] 
Friedel 
(1979) 
Homo-
geneous 
model 
Lockhart 
and 
Martinelli 
(1949) 
Grönnerud 
(1979) 
Chisholm 
(1973) 
Müller-
Steinhagen 
and Heck 
(1986) 
100 213.3 76.6 204.1 84.2 393.1 128.1 
200 41.6 45.5 77.5 19.1 107.2 25.6 
300 29.9 43.6 47.0 26.9 67.6 25.0 
–15 °C 
400 27.5 45.7 33.8 44.6 56.7 22.4 
100 71.0 34.7 36.4 17.6 178.7 34.8 
200 27.2 41.5 45.5 23.4 83.7 20.3 –30 °C 
400 22.1 35.1 33.4 13.7 123.7 20.6 
 
Figure 6.10 presents bias errors defined as Eq. (6.3) for the above six pressure drop models from the 
measured R410A pressure drop at a saturation temperature, mass flux, and vapor quality. In Figure 6.10, the higher 
measured pressure drop for the symbols having a same shape and color means the higher vapor quality condition, 
because the pressure drop increases with the increase of vapor quality in most of the measurements. For all six 
models, the bias errors are significantly high for the mass flux of 100 kg/m2s at low vapor qualities. The Friedel 
(1979) model in Figure 6.10(a) gave relatively good pressure drop predictions for the mass fluxes of 200, 300 and 
400 kg/m2s except the low vapor qualities with the bias error range from –50 to 50%. The homogeneous model in 
Figure 6.10(b) tended to overestimate the pressured drop for the mass flux of 100 kg/m2s at low vapor qualities 
however it predicted well at the mid and high vapor qualities. The homogeneous model consistently underestimated 
the pressure drop around –50% bias errors for the mass fluxes of 200, 300, and 400 kg/m2s. The Lockhart and 
Martinelli (1949) model in Figure 6.10(c) over-predicted the pressure drop at low vapor qualities and it under-
predicted at high vapor qualities. The Grönnerud (1979) model in Figure 6.10 (d) shows good predictions at low 
vapor qualities except the mass flux of 100 kg/m2s and the saturation temperature of –15 °C, and it starts to 
overestimate with the increase of vapor quality. The Chisholm (1973) model in Figure 6.10 (e) has a similar 
tendency to predict pressure drop as the Lockhart and Martinelli (1949) model as shown in Figures 6.3 and 6.4. The 
Chisholm (1973) model tended to overestimate at low vapor qualities and it gives good predictions at high vapor 
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qualities where the velocity difference between liquid and vapor phase is significant. The Müller-Steinhagen and 
Heck (1986) model in Figure 6.10(f) seems to have a similar prediction trend as the Friedel (1979) shows; such as 
the over-predictions at a low mass flux and vapor qualities, and relatively good predictions for wide range of flow 
conditions. Based on Figure 6.10, the following trends can be inferred for predicting R410A pressure drop in the 6.1 
mm tube: 
• The Friedel (1979) and the Müller-Steinhagen and Heck (1986) model can be good predictors except 
the mass flux of 100 kg/m2s with low vapor qualities: 
• The Chisholm (1973) model can determine pressure drop relatively well for the mass fluxes of 300 and 
400 kg/m2s with high vapor qualities. 
• For predicting pressure drop at low vapor qualities, the Grönnerud (1979) model can be the best choice 
among the proposed six models. 
The prediction accuracies of pressure drop models for R22 for the saturation temperature of –15 °C and at 
mass fluxes from 200 to 400 kg/m2s are presented in Table 6.7 where the absolute average deviation (AAD) was 
defined in Eq. (6.2). The Friedel (1979) and Müller-Steinhagen and Heck (1986) models which are based on the 
separated flow model predicted R22 pressure drop relatively well at all mass flux conditions because the R22 two-
phase flow has a significant average velocity difference between the liquid and vapor phases due to its low vapor 
density. The separated flow character of R22 two-phase flow results in the inaccuracy of homogeneous model, 
which is observed from the results presented in Table 6.7. The Grönnerud (1979) model gives a relatively good 
predictor for the R22 pressure drop for the mass flux of 200 kg/m2s as similar to its prediction for R410A. The 
Lockhart and Martinelli (1949) model, known as a typical separated flow model, can estimate R22 pressure drop 
relatively well at the relatively high mass fluxes of 300 and 400 kg/m2s. Whereas, the Lockhart and Martinelli 
(1949) model tended to overpredict the CO2 and R410A pressure drop in most of flow conditions.  
Table 6.7 Absolute average deviation (AAD) of predicted R22 pressure drop from measured values at the 
saturation temperature of –15 and mass fluxes at 200, 300 and 400 kg/m2s in the 6.1 mm tube 
Tsat 
Mass flux 
[kg/m2s] 
Friedel 
(1979) 
Homo-
geneous 
model 
Lockhart 
and 
Martinelli 
(1949) 
Grönnerud 
(1979) 
Chisholm 
(1973) 
Müller-
Steinhagen 
and Heck 
(1986) 
200 23.7 38.5 45.2 23.8 81.7 16.7 
300 23.0 46.1 29.4 35.6 54.6 20.7 –15 °C 
400 21.9 45.9 21.2 56.8 53.9 20.0 
 
The bias errors for predicting R22 pressure drop with the above six pressure drop models are presented in 
Figure 6.11 for the saturation temperature of –15 °C and three different mass fluxes. Without the comparison of the 
pressure drop at the mass flux of 100 kg/m2s, the bias error can be shown with y-axis with a smaller range of bias 
error. In fact, the bias error of pressure drop predictions for low mass fluxes tends to be shown exaggerated because 
the absolute value of the pressure drop is small for the low mass fluxes. The Friedel (1979) model in Figure 6.11(a) 
over-estimated the pressure drop at the quality of 0.1 and it slightly underestimated at most of flow conditions. 
However, the Friedel (1979) model shows relatively good agreement with the measured R22 pressure drop. The 
homogeneous model in Figure 6.11(b) consistently underestimates the pressure drop around –50% bias errors due to 
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the significant difference of average velocities for liquid and vapor. The Lockhart and Martinelli (1949) model in 
Figure 6.11(c) tend to overpredict the pressure drop at low vapor qualities and underpredict at high vapor qualities. 
The Grönnerud (1979) model in Figure 6.11(d) gives good predictions at the low vapor qualities and it overpredict at 
high vapor quality. The Chisholm (1973) model in Figure 6.11(e) has a similar trend of pressure drop prediction as 
the Lockhart and Martinelli (1949) model. However, the Chisholm (1973) model can determine R22 pressure drop 
accurately at high vapor qualities. The Müller-Steinhagen and Heck (1986) model in Figure 6.11(f) shows a best 
accuracy among the six models with the bias error range from –40% to 0%. Based on Figure 6.11, the following 
trends can be inferred for predicting R22 pressure drop in the 6.1 mm tube: 
• The Friedel (1979) and the Müller-Steinhagen and Heck (1986) model can predict two-phase flow 
pressure drop relatively well at most of the flow conditions in this study.  
• The Lockhart and Martinelli (1949) model shows an acceptable pressure drop predictions for the mass 
fluxes of 300 and 400 kg/m2s, and the Chisholm (1973) model can determine pressure drop relatively 
well at high vapor qualities. 
• The Grönnerud (1979) model can be a good choice to predict the pressure drop at the low mass flux, 
such as 100 kg/m2s or at vapor qualities lower than 0.4 
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(a) Friedel (1979) (b) Homogeneous 
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(c) Lockhart and Martinelli (1949) (d) Grönnerud (1979) 
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(e) Chisholm (1973) (f) Müller-Steinhagen and Heck (1986) 
Figure 6.10 Bias error from measured R410A pressure drop values for predictions by the (a) Friedel (1979) (b) 
Homogeneous (c) Lockhart and Martinelli (1949) (d) Grönnerud (1979) (e) Chisholm (1973) (f) Müller-
Steinhagen and Heck (1986) in the 6.1 mm tube 
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(a) Friedel (1979) (b) Homogeneous 
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(c) Lockhart and Martinelli (1949) (d) Grönnerud (1979) 
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(e) Chisholm (1973) (f) Müller-Steinhagen and Heck (1986) 
Figure 6.11 Bias error from measured R22 pressure drop values for predictions by the (a) Friedel (1979) (b) 
Homogeneous (c) Lockhart and Martinelli (1949) (d) Grönnerud (1979) (e) Chisholm (1973) (f) Müller-
Steinhagen and Heck (1986) in the 6.1 mm tube 
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In section 6.2, the comparison of predicted and measured CO2 pressure drop is presented according to 
different flow patterns and the similar comparison is shown in this chapter for R410A pressure drop in the 6.1 mm 
tubes. The flow patterns are obtained from the R410A flow visualization in section 7.2. For the convenience of the 
comparison, the flow patterns in section 7.2 are grouped into four major flow patterns: such as “slug + stratified”, 
“stratified”, “intermittent”, and “annular” flow. Table 6.8 gives some models to predict R410A pressure drop 
appropriately for a specific flow pattern. The Friedel (1979) and the Müller-Steinhagen and Heck (1986) model are 
recommendable for R410A pressure drop in annular flow and this result is identical as the CO2 pressure drop 
prediction in this flow pattern. Also as the CO2 pressure drop prediction in “slug + stratified” flow, the Grönnerud 
(1979) model demonstrates a relatively good R410A pressure drop estimation in the 3.5 mm tube. The Lockhart and 
Martinelli (1949) model gives a relatively good prediction for R410A pressure drop in the annular flow. 
Table 6.8 Absolute average deviation (AAD) of predicted R410A pressure drop from measured values at various 
flow patterns in the 6.1 tube 
Tube 
size 
[mm] 
Flow 
patterns 
Data 
point 
Friedel 
(1979) 
Homo-
geneous 
model 
Lockhart 
and 
Martinelli 
(1949) 
Grönnerud 
(1979) 
Chisholm 
(1973) 
Müller-
Steinhagen 
and Heck 
(1986) 
Slug + 
Stratified 4 257.1 86.8 307.0 34.0 535.8 122.6 
Stratified 2 286.2 111.1 230.1 104.7 594.6 182.3 
Intermittent 2 34.0 17.5 91.2 7.1 179.6 6.4 
6.1 
Annular 24 27.4 38.8 24.2 33.4 61.4 23.4 
 
Figure 6.12 shows more detailed information about bias errors of the six pressure drop models for different 
flow patterns in the 6.1 mm tube. The models predicting the pressure drop relatively well are presented as solid 
symbols, whereas the models giving poor predictions are shown as open symbols in Figure 6.12. In Figure 6.12(a), 
the Grönnerud (1979) and the homogeneous models show good predictors for R410A pressure drop for “slug + 
stratified” flow in the 6.1 mm and they are also good predictors for CO2 in the same flow pattern. For the stratified 
and intermittent flow, it is hard to determine appropriate model for R410A pressure drop prediction due to the small 
number of data point. However, the Grönnerud (1979) model is most acceptable among the six models in the 
stratified and intermittent flow. In Figure 6.12(d), the Friedel (1979) and Müller-Steinhagen and Heck (1986) 
models can calculate the R410A pressure drop relatively well for the annular flow patterns as the CO2 pressure drop 
prediction. In addition, the R410A pressure drop prediction based on the Lockhart and Martinelli (1949) model 
shows relatively small bias errors in Figure 6.12(d). From the Figure 6.12, the following trends can be inferred for 
predicting R410A pressure drop according to flow patterns: 
• The Grönnerud (1979) model can predict the pressure drop well for the “slug + stratified” and 
“intermittent” flow patterns. 
• The Friedel (1979), the Lockhart and Martinelli (1949) and the Müller-Steinhagen and Heck (1986) 
model can determine the R410A pressure drop relatively well for annular flow. 
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(c) Intermittent (d) Annular 
Figure 6.12 Bias error from measured R410A pressure drop values for predictions by six pressure drop 
prediction models for (a) Slug + Stratified (b) Stratified (c) Intermittent (d) Annular flow pattern in the 6.1 mm 
tube 
6.4 CO2 Pressure Drop in a 0.89 mm Multi-ported Tube 
6.4.1 Measured pressure drop 
The tube diameter effect on pressure drop is significant. For an example for single-phase turbulent flow, the 
pressure drop is proportional to (1/Dh)1.25, which means the pressure drop increases with the decrease of tube 
diameter. The diameter of a tube or channel gives a considerable effect on two-phase flow pressure drop, and Figure 
6.13 shows the effect on CO2 pressure drop for the saturation temperature of –30 °C at the mass fluxes from 200 to 
400 kg/m2s for the tube diameters of 0.89, 3.5 and 6.1 mm. In Figure 6.3, the CO2 pressure drop in the 0.89 mm tube 
increases with the increase of vapor quality as in the 3.5 and 6.1 mm tubes due to the rise of average velocity of 
liquid and vapor phase. For a given mass flux and vapor quality at the saturation temperature of –30 °C, Figure 6.14 
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presents the relation between the tube diameter and pressure drop. The pressure drop increase with the decrease of 
tube diameter can be demonstrated as a linear line on the logarithmic pressure drop scale.  
 
(a) d = 0.89 mm (b) d = 3.5 mm (c) d = 6.1 mm 
Figure 6.13 CO2 pressure drop of adiabatic two-phase flow for the saturation temperature of –30 °C at the mass 
fluxes from 200 to 400 kg/m2s for the inner diameter of (a) 0.89 (b) 3.5 (c) 6.1 mm  
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Figure 6.14 Relation between CO2 pressure drop and tube diameters (0.89, 3.5, and 6.1 mm) for the saturation 
temperature of –30 °C, and the mass fluxes of 200 and 400 kg/m2s at the vapor qualities of 0.1, 0.4, and 0.7 
6.4.2 Prediction of pressure drop 
The comparison of measured CO2 pressure drop with the calculated values is also performed for the mini-
scale channel, the 0.89 mm tube. The pressure drop prediction in this small channel was calculated by two types of 
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pressure drop models; the first type was developed from macro-scale tubes (Dh > 3 mm) and the second type was 
developed from data of mini- or micro-scale tubes. The six correlations presented in the previous sections are 
applied as the pressure drop models for macro-scale tubes and the following models for micro-scale tubes are used; 
the Mashima and Hibiki (1996), the Yan and Lin (1999), the Tran et al. (2000), the Chen et al. (2001), the Zhang 
and Webb (2001), the Lee and Mudawar (2005), the Lee and Lee (2001), the Niño et al. (2005), and the Tu (2005) 
models. More information about these models was given in section 2.2. Before comparing the measured and 
calculated pressure drop for this small tube, it should be mentioned that the pressure drops were measured in a 
multi-ported tube which has 10 round channels with the diameter of 0.89 mm. Some of the above pressure drop 
models for micro-scale tubes were developed from two-phase flow in a single tube. For the flow homogeneity in all 
channels, liquid phase is supplied to the pre-heater and the specially designed pressure taps shown in section 4.3 
make it possible to measure pressure at a location without any recirculation between the two tubes. With the 
absolute average deviation (AAD) defined as Eq. (6.2), the CO2 pressure drop prediction accuracies for macro-scale 
and mini-scale tube models are presented in Table 6.9 and 6.10, respectively.  
It is shown in Table 6.9 that some models for macro-scale tubes can predict relatively well the pressure 
drop in the 0.89 mm channels. For the pressure drop at the evaporation temperature of –30 °C and mass flux of 200 
kg/m2s, the homogeneous flow model predicted the pressure drop quite well. However its accuracy becomes lower 
with the increase of mass flux. The homogeneous model accuracy trend with the change of mass fluxes could be 
explained with the enhanced viscosity and surface tension effect on pressure drop in small tubes. Generally, it is 
known that the viscosity and surface tension effect on two-phase flow increases with the decease of tube diameter, 
which results in a decreased velocity difference between liquid and vapor phases especially at low mass fluxes. 
Consequently, the homogeneous model was able to predict the pressure drop quite well at lower mass fluxes. For the 
higher mass fluxes of 300 and 400 kg/m2s, the Friedel (1979) and the Müller-Steinhagen and Heck (1986) models 
which are typical separated flow models are appropriate for pressure drop prediction. Also, the Lockhart and 
Martinelli (1949) model determines the pressure drop quite well at the mass flux of 400 kg/m2s. From this relations 
between the accuracy of models for pressure drop and mass fluxes, it can be inferred that the CO2 two-phase flow in 
the 0.89 mm is notably affected by viscosity and surface tension at the mass flux of at 200 kg/m2s, however the flow 
is dominated by inertia effect at higher mass fluxes of 300 and 400 kg/m2s. 
Table 6.9 Absolute average deviation (AAD) of predicted CO2 pressure drop from measured values with macro-
scale tube pressure drop models at the saturation temperature –30 °C and mass fluxes of 200, 300, and 400 
kg/m2s in the 0.89 mm multi-pored tube 
Tsat 
Mass flux 
[kg/m2s] 
Friedel 
(1979) 
Homo-
geneous 
model 
Lockhart 
and 
Martinelli 
(1949) 
Grönnerud 
(1979) 
Chisholm 
(1973) 
Müller-
Steinhagen 
and Heck 
(1986) 
200 66.9 9.5 72.2 233.5 118.6 31.2 
300 28.2 31.59 29.4 205.9 123.6 23.4 –30 °C 
400 8.6 46.1 12.1 187.5 117.3 23.1 
 
The accuracy of CO2 pressure drop prediction for the mini-scale tube models is presented in Table 6.10. 
This table shows that the most of the models for mini-scale tubes cannot predict more accurately than the models for 
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macro-scale tubes. At most, the Niño et al. (2005) model based on the data for 1.02 and 1.54 mm multi-ported tubes 
with R410A, R134a, and air-water can give acceptable predictions among the nine models. The poor predictions of 
the models could be explained by the limited database to develop the models. Most of the models for micro-scale 
tubes were generated from their own experimental data with air-water or a few refrigerants. As a result, the models 
can be accurate only for the limited fluids and flow conditions. 
Table 6.10 Absolute average deviation (AAD) of predicted CO2 pressure drop from measured values with mini-
scale tube pressure drop models at the saturation temperature –30 °C and mass fluxes of 200, 300, and 400 
kg/m2s in the 0.89 mm multi-pored tube 
Mass 
flux 
[kg/ 
m2s] 
Mishima 
and Hibiki 
(1996) 
Yan 
and Lin 
(1999) 
Tran et 
al. 
(2000) 
Chen at 
al. 
(2001) 
Zhang 
and 
Webb 
(2001) 
Lee and 
Mu-dawar 
(2005) 
Lee and 
Lee 
(2001) 
Niño et 
al. 
(2005) 
Tu 
(2004) 
200 51.9 483.9 260.5 55.9 57.2 85.5 80.6 34.8 204.5 
300 54.5 330.5 259.1 60.8 17.4 101.7 93.5 36.1 299.7 
400 56.1 231.7 253.2 64.7 41.3 120.9 103.2 34.6 189.1 
 
Figures 6.15 and 6.16 present bias errors defined as Eq. (6.3) for the drop models for macro-scale and mini-
scale tubes, respectively. The flow conditions on these figures at the mass fluxes of 200, 300, and 400 kg/m2s and 
the saturation temperature of –30 °C. The Friedel (1979) model in Figure 6.15(a) shows excellent agreement with 
the pressure drop at the mass flux of 400 kg/m2s, and it gives relatively good predictions at 300 kg/m2s. The 
homogeneous model in Figure 6.15(b) predict well at the mass flux of 200 kg/m2s, and it tends to underestimate the 
pressure drop under –50% bias errors for the mass fluxes of 300 and 400 kg/m2s. The Lockhart and Martinelli 
(1949) model in Figure 6.15(c) is a good predictor at the mass flux of 400 kg/m2s, however it over-predicts the 
pressure drop at the mass fluxes of 200 and 300 kg/m2s except at low vapor qualities. The Grönnerud (1979) model 
in Figure 6.15(d) only works at the vapor quality of 0.1 and it significantly overpredicts at other flow conditions. 
The Chisholm (1973) model in Figure 6.15(e) overestimates the pressure drop at every flow condition over the bias 
error of 50%. The Müller-Steinhagen and Heck (1986) model in Figure 6.15(f) predicts relatively well at low and 
mid vapor qualities for every mass flux and it can give an acceptable pressure drop prediction at high vapor qualities 
around the bias error of 50%. Based on Figure 6.15, the following trends can be inferred for predicting CO2 pressure 
drop in the 0.89 mm channels with the models for macro-scale tubes: 
• The Friedel (1979) and the Müller-Steinhagen and Heck (1986) model predict relatively well at the 
mass fluxes of 300 and 400 kg/m2s.  
• The predicted pressure drop with the homogeneous model can show an excellent agreement with the 
measured values at the mass flux of 200 kg/m2s. 
• The Lockhart and Martinelli (1949) model, a typical separate flow model, gives good predictions for 
the pressure drop at the mass flux of 400 kg/m2s. 
The Mishima and Hibiki (1996) model in Figure 6.16(a) underestimates the pressure drop in every flow 
condition and the bias errors become smaller with the increase of vapor qualities. It is notable that the bias errors of 
the Mishima and Hibiki (1996) model prediction are similar at an identical vapor quality for all mass fluxes. The 
Chen et al. (2001) model in Figure 6.16(b), which is a modified Friedel model, under predicts the pressure drop at 
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every flow condition within the narrow bias error range from –80% to –50%. The Zhang and Webb (2001) model in 
Figure 6.16(c) predicts well for the mass fluxes of 300 and 400 kg/m2s except at high vapor qualities for 400 kg/m2s. 
However, it overestimated the pressured drop for the mass flux of 100 kg/m2s, which seems to be caused by the 
application of a different equation for the lower mass flux. The Lee and Mudawar (2005) model in Figure 6.16(d) 
and the Lee and Lee (2001) model in Figure 6.16(e) shows an over predictions of pressure drop at every flow 
condition except lowest vapor quality and mass flux. However, the ranges of bias error for the two models, Lee and 
Mudawar (2005), and Lee and Lee (2001) models, are quite narrow. The Niño et al. (2005) model in Figure 6.16(f) 
shows that its accuracy becomes better as the increase of the mass flux and vapor quality. It is because that their 
model was originally developed for annular flow pattern which occurs easier with the increase of mass flux and 
vapor quality. Based on Figure 6.16, the following trends can be inferred for predicting CO2 pressure drop in the 
0.89 mm channels with the models for mini-scale tubes: 
• Due to the limited data base to develop the pressure drop models for mini-scale tubes, their accuracy is 
not better than the accuracy of pressure drop model for macro-scale tubes. 
• The Niño et al. (2005) model shows acceptable predictions for high mass flux and vapor quality flow 
conditions.  
• The Chen et al. (2001), Lee and Mudawar (2005), and Lee and Lee (2001) models overestimate or 
underestimate the pressure drop. However, the bias error ranges of these models are relatively narrow, 
which means that their analysis scheme can be applied to develop a correlation for the measured CO2 
pressure drop in this study. 
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(a) Friedel (1979) (b) Homogeneous 
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(c) Lockhart and Martinelli (1949) (d) Grönnerud (1979) 
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(e) Chisholm (1973) (f) Müller-Steinhagen and Heck (1986) 
Figure 6.15 Bias error from measured CO2 pressure drop values for predictions by the (a) Friedel (1979) (b) 
Homogeneous (c) Lockhart and Martinelli (1949) (d) Grönnerud (1979) (e) Chisholm (1973) (f) Müller-
Steinhagen and Heck (1986) in the 0.89 mm multi-ported tube 
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Figure 6.16 Bias error from measured CO2 pressure drop values for predictions by the (a) Mishima and Hibiki 
(1996) (b) Chen et al. (2001) with separate flow model (c) Zhang and Webb (2001) (d) Lee and Mudawar (2005) 
(e) Lee and Lee (2001) (f) Niño et al. (2005) in the 0.89 mm multi-ported tube 
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6.5 Summary and Conclusion 
Based on the conducted experiment and comparison with calculated two-phase flow pressure drop, the 
following conclusions can be drawn: 
• CO2, R410A, and R22 two-phase flow pressure drop is measured in the 6.1 and 3.5mm copper tubes 
and the measured pressure drop is compared with the six pressure drop models for macro-scale tubes. 
• The appropriate pressure drop models are suggested according to mass fluxes and flow patterns, 
separately. 
• In the 6.1 mm tube, the homogeneous model gives well predicted CO2 pressure drop values for the 
mass flux of 100 kg/m2s and the Friedel (1979) and the Müller-Steinhagen and Heck (1986) models 
predict relatively well for the mass fluxes of 200 and 400 kg/m2s. 
• In the 3.5 mm tube, the Friedel (1979) and the Müller-Steinhagen and Heck (1986) models can be 
good predictors of CO2 pressure drop for the mass fluxes range from 200 to 600 m2s. 
• CO2 pressure drop is much smaller than R410A and R22, and R410A pressure drop is slightly smaller 
than R22 at an identical flow condition. 
• The Friedel (1979) and the Müller-Steinhagen and Heck (1986) model can predict R410A and R22 
two-phase flow pressure drop in the 6.1 mm tube relatively well at most of the flow conditions where 
the velocity difference between the liquid and vapor phase are relatively high.  
• CO2 two-phase flow pressure drop is measured in the 0.89 mm multi-ported aluminum tube and the 
measured pressure drop is compared with the six pressure drop models for macro-scale tubes and the 
nine models for mini-scale tubes. 
• In the 0.89 mm channel, the Friedel (1979) and the Müller-Steinhagen and Heck (1986) model predict 
the CO2 pressure drop relatively well at the mass fluxes of 300 and 400 kg/m2s, and the homogeneous 
model can show an excellent agreement with the measured values at the mass flux of 200 kg/m2s. 
• Due to the limited data base to develop the pressure drop models for mini-scale tubes, their accuracy is 
not better than the accuracy of pressure drop model for macro-scale tubes. 
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Chapter 7. Two-Phase Flow Pattern 
7.1 Flow Patterns for CO2 
7.1.1 Observed flow patterns 
Flow patterns for two-phase flow provide crucial information for analyzing heat transfer coefficients and 
pressure drops. Recently, Kattan et al. (1998a, b) and Ould Didi et al. (2002) presented the usefulness of flow 
patterns to analyze phase-change phenomena. In section 2.1, general flow patterns and their development during the 
flow boiling process are explained. For the identification of two-phase flow patterns, significant differences exist 
among researchers in open literature due to the subjectivity of the definition for each flow pattern. In this study, the 
basic definitions of the flow patterns follow the classification presented by Taitel (1990): 
• Stratified flow: The liquid flows at the bottom of the pipe with gas at the top. This flow pattern can be 
subdivided into stratified smooth and stratified wavy flow patterns. 
• Intermittent flow: The flow takes the form of liquid slugs that fill the pipe and are separated by gas 
zones. The gas zones are characteristically elongated bubbles that contain a stratified liquid layer 
flowing along the bottom of the liquid. This flow pattern can be subdivided into plug and slug flow 
patterns. 
• Annular flow: A liquid film flows adjacent to the pipe wall and the gas flows in the center core. 
• Bubbly flow: Small discrete bubbles are distributed in a continuous liquid phase. 
However, some modifications should be applied to Taitel’s (1990) definition, because the intermittent flow includes 
several distinct flow patterns. As proposed by Wojtan et al. (2005), “Intermittent (Plug or Slug)” flow is subdivided 
into “Slug + Stratified Smooth”, “Slug + Stratified Wavy”, and “Intermittent” flow. In this study, “Intermittent” 
flow is defined as the flow containing slug, wavy, and annular flow; the combination of which makes the 
classification of the flow pattern vague. Annular flow is classified into “Annular + Wavy” and “Annular” flow, as 
used by Wang et al. (1997). “Annular + Wavy” flow is basically annular flow, but contains an amount of liquid that 
forms a wavy flow pattern at the bottom of a tube.  
Void fraction is one of the most important parameters for two-phase flow patterns, because the flow 
patterns are the results of liquid-vapor interactions with physical properties of the two phases. Figure 7.1 shows the 
CO2 void fraction calculated from the Rouhani and Axelsson (1970) model. Based on this model, the following 
trends can be inferred: 
• Void fraction increases significantly with the increase of quality in low quality regions. Liquid volume 
fraction is less than 20% in every visualization condition at qualities higher than 0.5.  
• Void fraction at a lower saturation temperatures are higher for an identical mass flux and vapor quality 
condition. However, the difference in void fraction between the saturation temperatures of –15 and –30 
°C is not significant. 
• For a lower mass flux condition such as 100 kg/m2s, void fraction increases as the mass flux increase. 
Conversely, void fraction does not change significantly for the variation of mass fluxes at higher mass 
flux conditions, such as 400 or 600 kg/m2s. As a result, the flow patterns are influenced not by the 
change of void fraction, but by the dynamic interaction between liquid and vapor at the high mass flux 
conditions. 
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(a) Saturation temperature of –15 °C (b) Saturation temperature of –30 °C 
Figure 7.1 CO2 void fraction for the evaporation temperatures of (a) –15 °C and (b) –30 °C with the change of 
mass flux and vapor quality calculated from the Rouhani and Axelsson (1970) model 
In this study, the two-phase flow visualization for CO2 was performed for the evaporation temperatures of –
15 and –30 °C under adiabatic conditions, and the test facility for the visualization is described in section 4.2. Mass 
fluxes of 100, 200 and 400 kg/m2s were supplied to the 6 mm glass tube, and 200, 400 and 600 kg/m2s mass flux 
were supplied to the 3 mm glass tube. The flow patterns were visualized in a quality range of 0.1 to 0.9, and the 
summary of the flow patterns observed in this study is presented in Table 7.1.  
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Table 7.1 Flow patterns for 3 and 6 mm tubes at the evaporation temperatures of –15 and –30 °C with varying 
mass fluxes and vapor qualities 
The saturation temperature of –15 °C 
 6 mm tube 3 mm tube 
quality G=100 G=200 G=400 G=200 G=400 G=600 
0.1 S.+SS. S.+SW. S.+SW. S.+SW. S.+SW. I. 
0.2 S.+SW. S.+SW. I. S.+SW. I. I. 
0.3 S.+SW. SW. A.+W. SW. I. A.+W. 
0.4 SW. A.+W. A.+W. I. A.+W. A. 
0.5 SW. A.+W. A. A.+W. A.+W. A. 
0.6 SW. A. A. A. A. A. 
0.7 SW. A. A. A. A. A. 
0.8 SW. A. A. A. A. A. 
0.9 SW. A. A. A. A. A. 
The saturation temperature of –30 °C 
 6 mm tube 3 mm tube 
quality G=100 G=200 G=400 G=200 G=400 G=600 
0.1 S.+SS. S.+SW. S.+SW. S.+SW. S.+SW. I. 
0.2 S.+SW. SW. A.+W. S.+SW. I. A.+W. 
0.3 SW. I. A. SW. A.+W. A.+W. 
0.4 SW. A.+W. A. A.+W. A.+W. A. 
0.5 SW. A.+W. A. A. A. A. 
0.6 SW. A.  A. A. A. 
0.7 SW. A.  A. A. A. 
0.8 SW. A.  A. A. A. 
0.9 SW. A.  A. A. A. 
A.: annular, I.: intermittent, S.: slug, SS.: stratified smooth, SW.: stratified wavy, W.: wavy flow 
 
For a mass flux of 100 kg/m2s in the 6 mm glass tube, an annular flow pattern is not observed and the flow 
patterns for the evaporation temperatures of –15 and –30 °C are presented in Figure 7.2. This is the result of the 
vapor velocity at the mid and high vapor quality region not being fast enough to generate shear force on the liquid 
phase to develop the annular flow pattern. Notably, the void fraction for the mass flux of 100 kg/m2s is lower than 
that for the higher mass fluxes from Figure 7.1. From Figure 7.2, liquid slugs can be seen, and the interface between 
the liquid and vapor is smooth at the quality of 0.1. As quality increases, the interface becomes wavy and liquid slug 
disappears. The vapor quality where the liquid slug is absent is lower for the evaporation temperature of –30 °C than 
at –15 °C, which can be explained by relation between the evaporation temperature and void fraction. The void 
faction for the evaporation temperature of –30 °C is higher than at –15 °C at an identical quality; a higher void 
fraction indicates a lower amount of liquid, which makes it difficult to form a liquid slug. A stratified flow pattern 
creates a dry wall surface condition at the top part of a tube and nucleate boiling can not be generated in the dry 
region. With the increase of quality, the dry region area becomes larger, which results in a decrease of flow boiling 
heat transfer coefficients. The decrease of heat transfer coefficients with the increase of quality at the stratified flow 
patterns was experimentally measured in this study and the results are presented in Chapter 5.  
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(a) Saturation temperature of –15 °C (b) Saturation temperature of –30 °C 
Figure 7.2 CO2 two-phase flow patterns in the 6 mm glass tube for the mass flux of 100 kg/m2s, vapor quality 
from 0.1 to 0.9, and the evaporation temperatures of (a) –15 °C and (b) –30 °C 
For the mass flux of 200 and 400 kg/m2s in the 6 mm glass tube, annular flow can be seen in the 
visualization as shown in Figure 7.3 and 7.4. Even at the lowest vapor quality, 0.1, the stratified smooth flow pattern 
is not observed because the vapor velocity is high enough to make the interface between the liquid and vapor phase 
unstable. With the increase of vapor quality, slug and stratified wavy flow develops to intermittent, annular and 
wavy, and annular flow. Due to the higher void fraction at the lower evaporation temperature, the wavy liquid layer 
in annular flows disappears at the vapor quality of 0.3 for the mass flux of 400 kg/m2s and the evaporation 
temperature of –30 °C. However, the liquid layer remains until the vapor quality of 0.4 for the same mass flux and a 
evaporation temperature of –15 °C.  
 
x = 0.1 Slug + SS. 
x = 0.2 Slug + SW. 
x = 0.3 Slug + SW. 
x = 0.4 Stratified Wavy 
x = 0.5 Stratified Wavy 
x = 0.6 Stratified Wavy 
x = 0.7 Stratified Wavy 
x = 0.8 Stratified Wavy 
x = 0.9 Stratified Wavy 
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(a) Saturation temperature of –15 °C (b) Saturation temperature of –30 °C 
Figure 7.3 CO2 two-phase flow patterns in the 6 mm glass tube for the mass flux of 200 kg/m2s, vapor quality 
from 0.1 to 0.9, and the evaporation temperatures of (a) –15 °C and (b) –30 °C 
  
(a) Saturation temperature of –15 °C (b) Saturation temperature of –30 °C 
Figure 7.4 CO2 two-phase flow patterns in the 6 mm glass tube for the mass flux of 400 kg/m2s, vapor quality 
from 0.1 to 0.9, and the evaporation temperatures of (a) –15 °C and (b) –30 °C 
x = 0.1 Slug + SW. 
x = 0.2 Annular + Wavy 
x = 0.3 Annular 
x = 0.4 Annular 
x = 0.5 Annular 
x = 0.1 Slug + SW. 
x = 0.2 Intermittent 
x = 0.3 Annular + Wavy 
x = 0.4 Annular + Wavy 
x = 0.5 Annular 
x = 0.6 Annular 
x = 0.7 Annular 
x = 0.8 Annular 
x = 0.9 Annular 
x = 0.1 Slug + SW. 
x = 0.2 Stratified Wavy 
x = 0.3 Intermittent 
x = 0.4 Annular + Wavy 
x = 0.5 Annular + Wavy 
x = 0.6 Annular 
x = 0.7 Annular 
x = 0.8 Annular 
x = 0.9 Annular 
x = 0.1 Slug + SW. 
x = 0.2 Slug + SW. 
x = 0.3 Stratified Wavy 
x = 0.4 Annular + Wavy 
x = 0.5 Annular + Wavy 
x = 0.6 Annular 
x = 0.7 Annular 
x = 0.8 Annular 
x = 0.9 Annular 
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For the 3 mm glass tube, the flow patterns at the evaporation temperature of –15 and –30 °C, and the mass 
fluxes of 200, 400, and 600 kg/m2s are presented in Figure 7.5, 7.6, and 7.7, respectively. Looking at the flow 
patterns in the 6 mm tube, the annular flow patterns appear at a lower vapor quality for the lower evaporation 
temperature of –30 °C at an identical mass flux condition due to the relation between void fraction and saturation 
temperature. A considerable difference is not found in the flow patterns between the 6 and 3 mm glass tubes. For the 
mass flux of 600 kg/m2s, stratified flow is not seen at every vapor quality because the vapor velocity is high enough 
to disturb the liquid vapor interface severely, even at the lowest quality of 0.1.. The interface stability can be 
described by the theory of Kelvin-Helmholtz instability. Carey (1992) proposed an unstable interface condition for 
an idealized one-dimensional two-phase flow, shown in Eq. (7.1) and (7.2). The average velocities for liquid and 
vapor phase can be calculated by Eq. (7.3) and (7.4), respectively. The Rouhani and Axelsson (1970) model can be 
applied to determine void fraction. 
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From Eq. (7.2), the critical velocities can be estimated as 0.501 and 0.726 m/s for the evaporation temperatures of –
15 and –30 °C, respectively. At the mass flux of 600 kg/m2s and the vapor quality of 0.1, the velocity differences 
between the liquid and vapor phases are 0.583 and 0.976 m/s for the evaporation temperatures of –15 and –30 °C, 
respectively. Even though the prediction of the interface stability is performed with the equations based on a 
simplified model, it can be shown that the stable interface can not exist for the high mass flux condition of 600 
kg/m2s, even at the low quality of 0.1, because the velocity difference is higher than the critical velocity calculated 
by Eq. (7.2). 
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(a) Saturation temperature of –15 °C (b) Saturation temperature of –30 °C 
Figure 7.5 CO2 two-phase flow patterns in the 3 mm glass tube for the mass flux of 200 kg/m2s, vapor quality 
from 0.1 to 0.9, and the evaporation temperatures of (a) –15 °C and (b) –30 °C 
  
(a) Saturation temperature of –15 °C (b) Saturation temperature of –30 °C 
Figure 7.6 CO2 two-phase flow patterns in the 3 mm glass tube for the mass flux of 400 kg/m2s, vapor quality 
from 0.1 to 0.9, and the evaporation temperatures of (a) –15 °C and (b) –30 °C 
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(a) Saturation temperature of –15 °C (b) Saturation temperature of –30 °C 
Figure 7.7 CO2 two-phase flow patterns in the 3 mm glass tube for the mass flux of 600 kg/m2s, vapor quality 
from 0.1 to 0.9, and the evaporation temperatures of (a) –15 °C and (b) –30 °C 
7.1.2 Prediction of flow patterns 
As discussed in section 2.3, numerous flow pattern maps have been proposed and some of them such as the 
Baker (1954), Mandhane et al. (1974), Taitel and Dukler (1976), Weisman et al. (1979), and Kattan et al. (1998a) 
maps are widely used. In this study, the visualized CO2 flow patterns are compared with the Weisman et al. (1979) 
and Kattan et al. (1998a) flow pattern maps. In Figure 7.8, the comparison of visualized flow patterns with Weisman 
et al.’s (1979) flow pattern map is presented for CO2 in 6 and 3 mm glass tubes. For each line representing a mass 
flux, a vapor quality of a visualization condition starts from 0.1 and it increases by 0.1 to the next visualization 
condition in Figure 7.8. Weisman et al.’s (1979) flow pattern map shows that the transition from slug or plug to 
stratified flow and the transition to annular flow occur at a lower superficial liquid velocity for an identical 
superficial vapor velocity with the decrease of tube diameters. Also, Weisman et al.’s (1979) flow pattern map 
presents that the transition to annular flow can be observed at a higher superficial liquid velocity for an identical 
superficial vapor velocity with the decrease of evaporation temperatures, whereas the influence of evaporation 
temperatures on the transition from slug or plug flow to stratified flow can not be found. As shown in Figure 7.8, 
Weisman et al.’s (1979) flow pattern map gives a good agreement with the visualized flow patterns for CO2 in 6 and 
3 mm glass tubes. For the flow patterns in the 6 mm glass tube, the Weisman et al.’s (1979) flow pattern map can 
predict well the transition from slug or plug flow to stratified flow for the lower mass flux condition of 100 kg/m2s. 
However, the transition from the slug or plug to annular flow for the mass fluxes of 200 and 400 kg/m2s is not 
accurately determined by the flow pattern map. The incorrect prediction of the transition to annular flows also can 
be found in the comparison with the flow patterns in the 3 mm glass tube. However, the flow patterns in the 6 and 3 
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mm tubes can be predicted well with the Weisman et al.’s (1979) flow pattern map, except for the flow conditions 
adjacent to the transition line of annular flows.  
G
=100
x increase
G
=200
G
=400
G
=100
G
=200
G
=400
0.1 1 10
1E-3
0.01
0.1
1
6mm tube
-30oC
-15oC
Annular
Slug or Plug
Stratified Wavy
 
j l [
m
/s
]
j
v
 [m/s]
-15oC -30oC
 Slug+Strat.Smooth
 Slug+Strat.Wavy 
 Stratified Wavy
 Intermittent
 Annular + Wavy
 Annular
G
=200
x increase
G
=400
G
=200
G=400
0.1 1 10
1E-3
0.01
0.1
1
3mm tube
-15oC
-30oC
Annular
Slug or Plug
Stratified Wavy
j l [
m
/s
]
jv [m/s]
-15oC -30oC
 Slug+Strat.Smooth
 Slug+Strat.Wavy 
 Stratified Wavy
 Intermittent
 Annular + Wavy
 Annular
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Figure 7.8 Comparison of the visualized CO2 two-phase flow patterns with the Weisman et al. (1979) flow 
pattern map for (a) 6 mm and (b) 3 mm glass tubes 
Before a coordinate system containing a vapor quality and mass flux on each axis was proposed to pattern 
maps, most of the previous flow pattern maps applied the superficial velocities of liquid and vapor to the coordinate 
axis because the velocities have a physical value for each phase. However, a flow pattern map using a vapor quality 
and mass flux for its coordinate system is very useful for application engineers. As a result, the visualized flow 
patterns can be compared with the Wojtan et al. (2005) flow pattern map, which is a modified version of the Kattan 
et al. (1998a) flow pattern map. The comparison of visualized flow patterns at the evaporation temperatures of –15 
and –30 °C is presented in Figure 7.9 and 7.10 for the 6 and 3 mm glass tubes, respectively. In the Wojtan et al. 
(2005) flow pattern map, the transitions from intermittent to annular flow was presented as a fixed vapor quality, 
determined by the ratio of liquid to vapor for density and viscosity. Also, the vapor quality separated the stratified 
flow region into a “slug and stratified wavy flow” and “stratified wavy flow”. For the observed CO2 flow patterns, 
the Wojtan et al. (2005) flow pattern map predicts relatively well for distinguishing stratified flow patterns from a 
flow condition. However, the fixed vapor quality cannot predict the transition either from intermittent to annular 
flow, nor from the slug and stratified wavy to stratified flow. Instead, the vapor quality for the transition from 
intermittent to annular flow decreases with the increase of mass flux. This trend is shown in Figure 7.9 and an 
approximate transition line from intermittent to annular flow is proposed as a dotted line based on the observed flow 
patterns. Schael and Kind (2005) reported that the transition to annular flow did not occur at a constant quality, 
based on their CO2 two-phase flow visualization. They also concluded that the transition quality was a function of 
mass fluxes, as shown in Figure 7.9. For the flow patterns in the 3 mm glass tube, stratified flow patterns are not 
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observed in the visualization, which can be predicted by the Wojtan et al. (2005) flow pattern map as shown in 
Figure 7.10. The transition line from intermittent to annular flow is not correct for the flow patterns in the 3 mm 
tube. Based on the visualized flow patterns, an approximate transition line to an annular flow pattern is shown as a 
dotted line in Figure 7.10. However, the Wojtan et al. (2005) flow pattern map can determine a flow pattern 
relatively well except for the conditions close to the transition regions for intermittent and annular flows. 
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(a) Saturation temperature –15 °C (b) Saturation temperature –30 °C 
Figure 7.9 Comparison of the visualized CO2 two-phase flow patterns for the 6 mm glass tube with the Wojtan et 
al. (2005) flow pattern map flow pattern map at the saturation temperatures of (a) –15 °C and (b) –30 °C 
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(a) Saturation temperature –15 °C (b) Saturation temperature –30 °C 
Figure 7.10 Comparison of the visualized CO2 two-phase flow patterns for the 3 mm glass tube with the Wojtan 
et al. (2005) flow pattern map flow pattern map at the saturation temperatures of (a) –15 °C and (b) –30 °C 
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7.2 Flow Patterns for R410A 
7.2.1 Observed flow patterns 
In this study, flow visualization for R410A was performed to compare its flow patterns with CO2 for the 6 
mm glass tube. The visualization conditions were the mass fluxes of 100, 200, and 400 kg/m2s, the evaporation 
temperature of –15 and –30 °C, and the vapor quality range from 0.1 to 0.9. To compare the flow patterns between 
CO2 and R410A, void fraction, which is one of the most critical parameter influencing two-phase flow patterns, was 
investigated first. Figure 7.11 shows the void fraction of CO2 and R410A at the saturation temperature of –15 and –
30 °C for the mass flux of 100 and 400kg/m2s, and the Rouhani and Axelsson (1970) model was used to calculate 
the void fraction. In Figure 7.11, the R410A void fraction is higher than for CO2 and the following phenomena can 
be inferred for an identical flow condition: 
• Stratified flow has difficulty in occurring because R410A has a higher void fraction than CO2 at a 
given saturation temperature.  
• For an identical mass flux condition, a vapor phase velocity for R410A is higher than for CO2 due to 
the higher void fraction and the lower liquid to vapor density ratio of R410A. As a result, an annular 
flow pattern can be commonly observed because the shear force generating the annular flow pattern 
becomes stronger with the increase of vapor phase velocity. 
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Figure 7.11 R410A and CO2 void fraction for the saturation temperatures of (a) –15 °C and (b) –30 °C varying 
mass flux and vapor quality calculated from the Rouhani and Axelsson (1970) model 
Table 7.2 presents the comparison of flow patterns between CO2 and R410A, and shows that the expected 
trends of flow patterns, as stated above, were observed in this study. At the mass flux of 100 kg/m2s, stratified flow 
pattern occurs at low vapor quality regions for R410A, and it developed to annular flow at mid and high quality 
regions. The vapor quality where annular flow patterns begin is lower for R410A than for CO2 at an identical 
saturation temperature and mass flux. Figure 7.12 and 7.13 shows the R410A flow patterns for the evaporation 
temperature of –15 and –30 °C, respectively. 
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Table 7.2 Flow patterns for the 6 mm glass tube at the evaporation temperatures of –15 and –30 °C with varying 
mass flux and vapor quality 
The saturation temperature of –15 °C 
 CO2 R410A 
quality G=100 G=200 G=400 G=100 G=200 G=400 
0.1 S.+SS. S.+SW. S.+SW. S.+SS. S.+SW. I. 
0.2 S.+SW. S.+SW. I. SW. A.+W. A. 
0.3 S.+SW. SW. A.+W. SW. A.+W. A. 
0.4 SW. A.+W. A.+W. A.+W. A. A. 
0.5 SW. A.+W. A. A. A. A. 
0.6 SW. A. A. A. A. A. 
0.7 SW. A. A. A. A. A. 
0.8 SW. A. A. A. A. A. 
0.9 SW. A. A. A. A. A. 
The saturation temperature of –30 °C 
 CO2 R410A 
quality G=100 G=200 G=400 G=100 G=200 G=400 
0.1 S.+SS. S.+SW. S.+SW. S.+SW. S.+SW. I. 
0.2 S.+SW. SW. A.+W. SW. A.+W. A. 
0.3 SW. I. A. SW. A. A. 
0.4 SW. A.+W. A. A.+W. A.  
0.5 SW. A.+W. A. A. A.  
0.6 SW. A.  A. A.  
0.7 SW. A.  A. A.  
0.8 SW. A.  A. A.  
0.9 SW. A.  A. A.  
A.: annular, I.: intermittent, S.: slug, SS.: stratified smooth, SW.: stratified wavy, W.: wavy flow 
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x = 0.1 Slug + SS. 
x = 0.2 Stratified Wavy 
x = 0.3 Stratified Wavy 
x = 0.4 Annular + Wavy 
x = 0.5 Annular 
x = 0.6 Annular 
x = 0.7 Annular 
x = 0.8 Annular 
x = 0.9 Annular  
 
x = 0.1 Slug + SW. 
x = 0.2 Annular + Wavy 
x = 0.3 Annular + Wavy 
x = 0.4 Annular 
x = 0.5 Annular 
x = 0.6 Annular 
x = 0.7 Annular 
x = 0.8 Annular 
x = 0.9 Annular  
 
x = 0.1 Intermittent 
x = 0.2 Annular 
x = 0.3 Annular 
x = 0.4 Annular 
x = 0.5 Annular 
x = 0.6 Annular 
x = 0.7 Annular 
x = 0.8 Annular 
x = 0.9 Annular  
(a) 100 kg/m2s (b) 200 kg/m2s (c) 400 kg/m2s 
Figure 7.12 R410A two-phase flow patterns in the 6 mm glass tube for the evaporation temperature of –15 °C, 
vapor quality from 0.1 to 0.9, and mass fluxes of (a) 100 kg/m2s (b) 200 kg/m2s, and (c) 400 kg/m2s  
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x = 0.3 Stratified Wavy 
x = 0.4 Annular + Wavy 
x = 0.5 Annular 
x = 0.6 Annular 
x = 0.7 Annular 
x = 0.8 Annular 
x = 0.9 Annular  
 
x = 0.1 Slug + SW. 
x = 0.2 Annular + Wavy 
x = 0.3 Annular 
x = 0.4 Annular 
x = 0.5 Annular 
x = 0.6 Annular 
x = 0.7 Annular 
x = 0.8 Annular 
x = 0.9 Annular  
 
x = 0.1 Intermittent 
x = 0.2 Annular 
x = 0.3 Annular  
(a) 100 kg/m2s (b) 200 kg/m2s (c) 400 kg/m2s 
Figure 7.13 R410A two-phase flow patterns in the 6 mm glass tube for the evaporation temperature of –30 °C, 
vapor quality from 0.1 to 0.9, and mass fluxes of (a) 100 kg/m2s (b) 200 kg/m2s, and (c) 400 kg/m2s  
7.2.2 Prediction of flow patterns 
In this study, the comparison of visualized R410A flow patterns with flow pattern maps was performed 
with the Weisman et al. (1979) and the Wojtan et al. (2005) flow pattern map. Figure 7.14 shows the comparison of 
the observed flow patterns for R410A and CO2 in the 3 mm glass tube with the Weisman et al. (1979) flow pattern 
map. Each point for a mass flux starts from the vapor quality of 0.1 and the vapor quality increment between points 
is 0.1. Figure 7.14 shows that a R410A superficial vapor velocity is significantly higher than for CO2 for an identical 
vapor quality and mass flux condition, which is caused by much lower vapor density in R410A than in CO2. 
Usually, a higher superficial vapor velocity generates an annular flow pattern, and this trend can be found out in 
Figure 7.14. An annular flow pattern starts to appear at a lower vapor quality in R410A than in CO2 for identical 
mass fluxes. For the R410A mass flux of 100 kg/m2s and the saturation temperature of –15 °C, the Weisman et al. 
(1979) flow pattern map cannot accurately predict the transition from stratified to annular flow pattern, and the flow 
patterns are not correctly estimated at the mass flux of 100 kg/m2s and the vapor quality of 0.1.  
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Figure 7.14 Comparison of the visualized R410A two-phase flow patterns with the Weisman et al. (1979) flow 
pattern map for the 6 mm glass tube 
Another flow pattern map presented by Wojtan et al. (2005) can be compared with the observed flow 
patterns, and the results are presented in Figure 7.14 and 7.15. There are two obvious discrepancies between the 
Wojtan et al. (2005) flow pattern map and visualized flow patterns in this study. One is the incorrect transition line 
between the intermittent and annular flow. As discussed in section 7.1.2, the fixed quality line for the transition is 
not accurate in separating the flow patterns into intermittent and annular flow; not only for CO2, but also for R410A. 
Approximate transition lines from intermittent to annular flow are proposed as dash-dot lines in Figure 7.15. The 
other discrepancy is the prediction of flow patterns at the low mass flux of 100 kg/m2s. Due to the high vapor-phase 
velocity (or high void fraction) for R410A, visualized two-phase flow images show an annular flow patterns at mid 
and high vapor qualities for the mass flux of 100 kg/m2s, whereas the flow patter estimated by the Wojtan et al. 
(2005) flow pattern map is a stratified flow. Their flow pattern map gives relatively good predictions for the mass 
fluxe of 200 and 400 kg/m2s at mid and high vapor qualities. 
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(a) Saturation temperature of –15 °C (b) Saturation temperature of –30 °C 
Figure 7.15 Comparison of the visualized R410A two-phase flow patterns for the 6 mm glass tube with the 
Wojtan et al. (2005) flow pattern map at the saturation temperatures of (a) –15 °C and (b) –30 °C 
7.3 Summary and Conclusion 
From the flow visualization of CO2 and R410A, the flowing summary and conclusions can be presented:  
• CO2 and R410A two-phase flow visualizations are performed in the 6 and 3 mm glass tubes and the 
observed flow patterns are compared with the Weisman et al. (1979) and the Wojtan et al. (2005) flow 
pattern maps. 
• An annular flow pattern has not been detected for CO2 two-phase flow at the mass flux of 100 kg/m2s 
in the 6 mm glass tube, which results in the decrease of flow boiling heat transfer coefficients with the 
increase of vapor quality. The reason is that the nucleate boiling cannot occur at the top part of a tube 
in a stratified flow pattern. 
• For an identical flow condition, there is no significant difference in CO2 flow patterns between the3 
and 6 mm glass tubes. 
• The Weisman et al. (1979) and the Wojtan et al. (2005) flow pattern maps can predict the CO2 flow 
patterns in the 3 and 6 mm glass tubes relatively well, except under the flow conditions adjacent to the 
transition line for the intermittent (slug or plug) and annular flow patterns. 
• Visualized R410A flow patterns show that an annular flow occurs more commonly for R410A than 
CO2 because R410A vapor-phase velocity is higher than for CO2 at an identical flow condition. 
• R410A flow patterns can be determined relatively well by the Weisman et al. (1979) for most of flow 
conditions. However, the Wojtan et al. (2005) flow map does not accurately predict the R410A flow 
patterns especially for the transition from intermittent to annular flow and for the mass flux condition 
of 100 kg/m2s. 
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Appendix A. Evaporation Test Data 
Table A.1 CO2 data for the 6.1 mm tube at the evaporation temperature of –15 °C 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
4860 0.1106 -15.03 98.34 4.984 -14.01 892.3 0.05904 -5.98 -8.866 
4648 0.2633 -15.03 98.22 5.151 -13.92 821.3 0.1034 -5.647 -8.653 
4333 0.4097 -15.04 98.19 5.021 -13.88 779.6 0.1881 -5.7 -8.645 
4160 0.5675 -15.03 98.17 4.953 -13.84 755.1 0.297 -5.663 -8.581 
4014 0.6968 -15.04 99.72 5.02 -13.79 718.1 0.2982 -5.603 -8.567 
3757 0.8218 -15.11 99.79 4.948 -13.79 679.8 0.3436 -5.801 -8.708 
7227 0.09369 -15.03 97.54 10.18 -13.62 764.8 0.0907 -4.302 -8.208 
6314 0.2532 -15.02 98.11 10.09 -13.43 659.5 0.1161 -4.156 -8.041 
6141 0.4008 -15.03 100.5 10.1 -13.39 638.2 0.1174 -4.084 -7.976 
5957 0.5428 -15.03 100.8 10.12 -13.34 615.9 0.1743 -3.994 -7.895 
5707 0.6936 -15.03 99.87 9.988 -13.28 594.4 0.2629 -4.032 -7.885 
5426 0.8101 -15.03 98.03 10.03 -13.18 559.9 0.2629 -3.882 -7.758 
8266 0.09891 -15.04 98.3 15.38 -13.18 675.8 0.05147 -1.471 -5.474 
7615 0.251 -15.02 99.76 15.27 -13.02 620.7 0.1579 -1.71 -5.665 
7510 0.3943 -15.04 100.5 15.08 -13.03 619 0.08581 -1.999 -5.878 
7125 0.5437 -15.02 99.8 15.03 -12.91 584.7 0.2237 -1.896 -5.777 
6740 0.7043 -15.03 98.07 15.14 -12.78 546.4 0.2541 -1.662 -5.585 
6384 0.811 -15 99.66 15.15 -12.62 514.6 0.287 -1.453 -5.385 
5444 0.09894 -15.05 202.9 4.984 -14.14 1010 0.1237 -3.604 -6.553 
5448 0.2495 -15.04 201 5.137 -14.1 979.9 0.5868 -3.155 -6.195 
5607 0.3957 -15.04 199.5 5.246 -14.1 992.4 0.6095 -3.081 -6.179 
5515 0.5445 -15.04 201.1 5.163 -14.11 989.2 0.8463 -3.141 -6.196 
5507 0.7064 -15.04 200.1 5.002 -14.13 1019 1.113 -3.425 -6.381 
5662 0.823 -15.02 198.2 5.16 -14.11 1021 1.288 -3.247 -6.286 
7968 0.1026 -15.04 200.7 10.08 -13.78 846.8 0.2714 -0.08592 -4.101 
7763 0.2462 -15.04 199.5 10.08 -13.74 821.5 0.4689 -0.1314 -4.132 
7859 0.3998 -15.03 199.4 9.967 -13.76 840.2 0.5853 -0.2406 -4.249 
7924 0.5534 -15.03 199.8 9.987 -13.77 847.9 0.8701 -0.3266 -4.332 
8000 0.7138 -15.03 200.5 10.01 -13.77 856.2 1.283 -0.247 -4.257 
8273 0.8064 -15.02 199.2 10.2 -13.79 878.4 1.245 -0.08721 -4.168 
7496 0.1022 -15.03 200.3 10.04 -13.7 792.4 0.2932 1.059 -2.847 
7504 0.2494 -15.05 201.6 10.07 -13.71 789.9 0.5755 1.155 -2.802 
7745 0.4504 -15.04 200.4 10.1 -13.73 818.4 0.683 1.108 -2.855 
7821 0.5614 -15.04 200.4 10.37 -13.71 809.2 0.8639 1.394 -2.664 
7717 0.6987 -15.03 199.9 10.24 -13.7 804.6 1.16 1.43 -2.58 
7654 0.8115 -15.02 197.8 10.05 -13.71 813 1.255 0.4832 -3.461 
8924 0.1022 -15.05 202.8 15.17 -13.35 740.6 0.2338 0.9366 -3.104 
8950 0.2574 -15.05 199.9 14.98 -13.37 750.8 0.4109 0.8469 -3.139 
9172 0.4036 -15.04 200.4 15.13 -13.39 767.5 0.6791 0.8461 -3.169 
9101 0.5453 -15.04 201.6 15.01 -13.39 765.3 0.9791 0.8669 -3.112 
9151 0.699 -15.03 199.8 14.91 -13.4 774.6 1.245 0.7234 -3.238 
9225 0.8147 -15.03 199.9 15.06 -13.39 775.7 1.266 0.8484 -3.145 
4250 0.09677 -15.05 399.6 5.112 -13.85 745.3 0.9613 -3.448 -6.492 
4728 0.2477 -15.03 400.7 5.107 -13.95 839.5 1.924 -3.656 -6.662 
5124 0.3982 -15.02 399 5.091 -14.02 921.6 3.097 -3.78 -6.762 
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Table A.1 Continued 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
5537 0.5683 -15.01 395.3 5.206 -14.07 985 4.439 -3.704 -6.718 
6148 0.6842 -15.01 401.1 5.173 -14.17 1121 5.359 -3.875 -6.848 
6603 0.8082 -15.02 401.5 5.422 -14.2 1165 5.531 -3.566 -6.68 
6981 0.09691 -15.03 403.2 9.983 -13.6 728.8 1.09 -0.01717 -4.045 
7046 0.2493 -15.05 401.2 9.82 -13.66 748.8 1.778 -0.251 -4.19 
7473 0.3925 -15.04 403.6 9.964 -13.7 794.6 3.028 -0.251 -4.184 
7898 0.5384 -15.02 402.6 10.07 -13.74 843.2 4.225 -0.2158 -4.145 
8303 0.6978 -15.01 402.1 10.14 -13.79 889.3 5.403 -0.1081 -4.123 
8460 0.8101 -15.01 398.5 10.14 -13.81 911.8 5.548 -0.2087 -4.182 
6717 0.1076 -15.05 401.5 10.12 -13.54 703.8 0.7374 -3.371 -7.378 
6917 0.2463 -15.04 401.6 10.11 -13.58 728.5 1.893 -3.418 -7.421 
7217 0.3987 -15.04 399.1 10.31 -13.61 752.6 2.771 -3.31 -7.379 
7538 0.5469 -15.03 402.5 10.38 -13.65 787.9 4.433 -3.303 -7.383 
7930 0.704 -15.01 401.8 10.41 -13.69 835.8 5.447 -3.365 -7.438 
8131 0.8056 -15.01 398.9 10.18 -13.76 879.6 5.54 -3.643 -7.615 
8808 0.1031 -15.03 402.5 15.08 -13.32 732.5 1.052 1.217 -2.75 
8658 0.2469 -15.02 399.4 15.06 -13.29 720 1.778 1.039 -2.904 
8936 0.3947 -15.01 402.6 15.29 -13.3 739 3.049 1.103 -2.879 
9342 0.5489 -15.02 402.1 15.49 -13.36 770.4 4.561 1.392 -2.648 
9412 0.6982 -15.01 400.9 15.27 -13.38 786.2 5.358 1.151 -2.843 
9344 0.7964 -15.01 401.6 15.19 -13.38 783 5.664 1.184 -2.787 
Table A.2 CO2 data for the 6.1 mm tube at the evaporation temperature of –30 °C 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
3086 0.0981 -29.99 97.77 5.044 -28.36 595.4 0.1148 -19.81 -22.8 
3265 0.243 -29.99 101.3 5.103 -28.42 625.2 0.1857 -19.82 -22.83 
3065 0.4134 -29.99 99.95 5.101 -28.32 586.1 0.1857 -19.65 -22.67 
3098 0.5639 -29.99 98.73 5.166 -28.32 585.8 0.3566 -19.63 -22.68 
3053 0.6991 -29.98 100.4 5.114 -28.3 582.4 0.4554 -19.61 -22.64 
2820 0.8185 -29.99 98.58 5.016 -28.21 547.4 0.515 -19.66 -22.64 
5239 0.1018 -30 100.9 10.05 -28.08 567.3 0.06271 -18.12 -22.13 
5289 0.2483 -29.97 100.4 10.09 -28.07 570.7 0.1855 -18.09 -22.12 
5146 0.4022 -29.97 98.52 10.03 -28.02 557.2 0.302 -18.07 -22.08 
5145 0.5659 -30 98.02 10.14 -28.02 552.1 0.3955 -18 -22.05 
5042 0.7112 -29.99 98 10.04 -27.99 544.7 0.4297 -18.02 -22.04 
4930 0.7959 -29.98 101.7 9.96 -27.96 535 0.5371 -17.96 -21.98 
6428 0.09749 -29.99 100.5 15.01 -27.65 538.4 0.1008 -16.29 -20.3 
6296 0.2525 -29.99 98.2 14.92 -27.62 528.9 0.1111 -16.3 -20.31 
6266 0.4041 -29.99 100.1 15.07 -27.59 522.2 0.2527 -16.12 -20.16 
6258 0.5539 -29.98 98.06 15.01 -27.58 523.2 0.3313 -16.18 -20.2 
6198 0.7001 -29.97 100.5 14.93 -27.57 519.9 0.4642 -16.21 -20.22 
5969 0.8094 -29.97 100.6 15.09 -27.45 495.3 0.4669 -15.95 -20.01 
3886 0.09615 -30 200.5 5.108 -28.68 745.9 0.198 -19.4 -22.46 
3874 0.2566 -30 201.4 5.176 -28.67 735.1 0.6359 -19.43 -22.52 
3897 0.3862 -29.99 201.6 5.2 -28.66 736.2 1.299 -19.36 -22.46 
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Table A.2 Continued 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
3875 0.5553 -30.03 198.7 4.977 -28.75 764.5 1.913 -19.61 -22.57 
4123 0.7165 -29.96 198.7 5.214 -28.7 779.4 2.36 -19.39 -22.48 
4037 0.8148 -29.98 200.1 5.106 -28.71 777.6 2.465 -19.44 -22.46 
6088 0.098 -30.01 198.8 9.997 -28.36 657.3 0.1854 -13.88 -17.85 
6102 0.2561 -30 200.7 10.01 -28.36 656.3 0.7347 -13.32 -17.29 
6312 0.3953 -29.99 198.9 10.08 -28.4 677.7 1.217 -13.42 -17.41 
6433 0.5594 -29.98 197.7 10.12 -28.41 689.2 1.843 -13.44 -17.44 
6499 0.7132 -29.98 197.8 10.01 -28.44 704.2 2.26 -13.6 -17.55 
6634 0.801 -29.98 200 10.15 -28.45 712 2.408 -13.57 -17.57 
7244 0.09097 -29.99 201.3 15.17 -27.9 608.8 0.3626 -15.96 -20.01 
7593 0.2526 -29.99 198.7 15.18 -28 642.3 0.6892 -16 -20.01 
7740 0.4063 -29.99 196.7 15.19 -28.02 655.3 1.142 -16.01 -20.03 
7847 0.5436 -29.98 200.1 14.96 -28.08 673.8 1.852 -16.2 -20.16 
7973 0.707 -30 197.9 15.14 -28.1 678.7 2.252 -16.09 -20.1 
7981 0.8078 -29.99 200.4 15.1 -28.09 681.8 2.427 -16.16 -20.14 
3176 0.09394 -30 401 5.124 -28.38 595.9 1.365 -17.54 -20.55 
3560 0.2426 -29.98 401.8 5.079 -28.55 676 3.266 -17.79 -20.76 
3865 0.4004 -29.84 397 5.024 -28.54 744 5.871 -17.88 -20.8 
4294 0.5515 -29.94 403.7 5.073 -28.76 821.9 8.066 -17.99 -20.94 
4638 0.7034 -29.92 403 5.079 -28.83 891.5 9.551 -18.08 -21.02 
4855 0.7933 -29.92 402.3 5.094 -28.87 933.3 9.773 -18.06 -20.99 
5248 0.1022 -29.99 401.2 10.02 -28.08 567.5 1.372 -17.29 -21.3 
5698 0.2416 -29.98 403 10.09 -28.21 616.6 3.381 -17.53 -21.54 
6252 0.3997 -29.95 401.3 10.1 -28.34 680.5 5.931 -17.6 -21.59 
6723 0.541 -29.94 403.9 10.1 -28.44 738.2 8.049 -17.85 -21.81 
7166 0.7094 -29.93 400.3 10.33 -28.49 775.8 9.556 -17.62 -21.66 
7497 0.7929 -29.91 403 10.37 -28.53 813.6 9.683 -17.64 -21.67 
6724 0.09575 -29.99 403.5 15.39 -27.7 556.6 1.576 -15.76 -19.84 
7583 0.2469 -29.98 401.1 15.23 -27.97 641 3.485 -16.52 -20.52 
8195 0.3965 -29.96 403.6 15.3 -28.1 694.6 5.948 -16.57 -20.6 
8600 0.546 -29.94 405.5 15.06 -28.19 743.4 8.205 -16.82 -20.78 
8844 0.6061 -29.89 401.5 15.23 -28.17 760.2 8.751 -16.72 -20.72 
Table A.3 CO2 data for the 3.5 mm tube at the evaporation temperature of –15 °C 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
4966 0.0977 -15.04 198.1 5.166 -14 1059 0.6642 -9.652 -10.88 
5271 0.2511 -15.02 198.4 5.09 -14.06 1151 1.241 -10 -11.22 
5293 0.3907 -15.03 201.2 5.065 -14.07 1162 1.929 -10.01 -11.21 
5429 0.5475 -15.01 202.2 5.114 -14.07 1183 2.652 -9.964 -11.18 
5909 0.6931 -15.02 201.1 5.195 -14.14 1281 2.937 -10.03 -11.26 
6699 0.7975 -15.01 203.1 5.054 -14.25 1522 2.89 -10.23 -11.41 
7194 0.09411 -15.03 202.6 9.957 -13.65 825.7 0.711 -7.287 -9.706 
7271 0.2497 -15.03 201.5 10.09 -13.64 828 1.35 -7.203 -9.649 
7161 0.2525 -15.03 200.7 9.986 -13.63 821.5 1.346 -7.155 -9.573 
7374 0.3817 -15.02 204.9 10.01 -13.67 850.2 1.908 -7.293 -9.716 
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Table A.3 Continued 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
7577 0.5467 -15.02 200.2 10.07 -13.69 871.3 2.6 -7.251 -9.703 
8755 0.7277 -15.02 196.9 9.898 -13.89 1059 2.827 -7.57 -9.97 
9410 0.8282 -15.01 200 10.01 -13.95 1148 2.752 -7.594 -10.01 
7426 0.09061 -15.03 199.1 14.7 -13.05 634.6 0.706 -4.904 -7.862 
7902 0.2446 -15.03 200.7 14.93 -13.14 674.6 1.362 -4.887 -7.879 
8063 0.4022 -15.02 201.7 15.13 -13.15 682.9 2.166 -4.76 -7.788 
8132 0.5618 -15.07 199.7 14.84 -13.24 703 2.565 -5.012 -7.981 
8964 0.7158 -15.02 196 14.98 -13.35 784.2 2.784 -5.057 -8.042 
10189 0.8233 -15.01 196.9 15.09 -13.53 913.7 2.722 -5.214 -8.208 
7648 0.1054 -15.03 199.8 15.08 -13.06 615.4 0.7965 -4.375 -7.736 
8096 0.2578 -15.02 198.1 14.99 -13.16 663.5 1.493 -4.467 -7.788 
8350 0.4005 -15.03 202.4 15.1 -13.22 684.9 2.131 -4.449 -7.788 
8460 0.5612 -15.04 201.8 15.23 -13.24 693.5 2.785 -4.412 -7.768 
9034 0.6951 -15.03 201.5 15.07 -13.36 758.7 3.034 -4.617 -7.927 
10227 0.8209 -15.01 198.5 15.19 -13.53 880.2 2.765 -4.757 -8.078 
4284 0.1118 -15.05 396.2 5.09 -13.86 905 2.513 -10.01 -11.3 
5153 0.2464 -14.99 403.7 5.086 -14.01 1112 5.106 -10.07 -11.34 
6419 0.4032 -14.99 398.7 5.042 -14.2 1441 7.724 -10.28 -11.53 
7536 0.5427 -14.99 401.9 5.095 -14.31 1722 10.02 -10.4 -11.65 
8878 0.6913 -14.98 406.4 4.989 -14.42 2148 11.52 -10.58 -11.8 
9199 0.793 -14.98 403.4 4.975 -14.44 2253 11.43 -10.6 -11.82 
6034 0.09931 -15.03 397.2 10.04 -13.36 674.3 2.328 -7.052 -9.428 
6577 0.2462 -15.01 397.8 10.01 -13.49 747.9 4.998 -7.191 -9.543 
7318 0.3946 -15.01 405.4 10.11 -13.63 840.4 7.679 -7.277 -9.638 
8129 0.5542 -14.98 399.5 10.02 -13.75 963.7 10.22 -7.479 -9.811 
8796 0.709 -14.99 400.9 10.07 -13.85 1060 11.36 -7.56 -9.893 
9648 0.8208 -14.97 397.8 10.07 -13.93 1196 11.11 -7.655 -9.972 
6651 0.08899 -15.03 400.7 15.03 -12.77 531.1 2.472 -4.086 -7.414 
7440 0.2462 -15.01 398.9 15.03 -12.99 602.5 5.162 -4.33 -7.645 
8010 0.3983 -15.01 399.1 15.03 -13.13 657.5 7.821 -4.497 -7.794 
8414 0.5495 -14.99 399.8 15.04 -13.2 698 10.19 -4.553 -7.848 
8919 0.7074 -14.98 405.1 14.92 -13.31 756.1 11.57 -4.733 -7.99 
9462 0.8248 -14.98 399.5 15.01 -13.39 809.3 11.17 -4.814 -8.082 
6895 0.09948 -15.03 399.3 15.08 -12.84 573.3 2.618 -4.567 -7.568 
7354 0.2417 -15.01 407.3 15.04 -12.97 619.5 5.04 -4.725 -7.706 
7838 0.4037 -14.99 401.4 15.16 -13.06 662.2 8.001 -4.753 -7.747 
8368 0.5491 -14.99 402.4 15.11 -13.18 717.9 10.06 -4.929 -7.907 
8797 0.6977 -14.99 399.7 15.13 -13.27 762 11.33 -5.038 -8.011 
9320 0.8172 -15 399.3 15.18 -13.37 816.9 11.18 -5.147 -8.114 
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Table A.4 CO2 data for the 3.5 mm tube at the evaporation temperature of –30 °C 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
4069 0.09427 -29.99 198.6 4.973 -28.76 1017 1.168 -23.46 -24.8 
3806 0.2378 -29.97 206.3 5.03 -28.65 942.7 2.382 -23.25 -24.59 
3919 0.3975 -29.97 202.4 5.013 -28.69 978.1 3.575 -23.33 -24.67 
4323 0.5572 -29.96 201.2 5.005 -28.8 1086 4.434 -23.44 -24.77 
4805 0.7035 -29.95 205.1 5.055 -28.9 1199 4.814 -23.43 -24.77 
5572 0.8115 -29.93 203.5 5.025 -29.03 1414 4.859 -23.63 -24.95 
5542 0.09813 -29.99 204.2 10.09 -28.17 694.2 1.294 -20.44 -23.07 
5635 0.2469 -29.97 199.6 10.08 -28.18 707.2 2.286 -20.44 -23.07 
5777 0.4017 -29.98 201.6 10.1 -28.23 727.5 3.518 -20.5 -23.12 
6006 0.5524 -29.98 198.7 10.01 -28.31 765.3 4.24 -20.64 -23.24 
6921 0.7071 -29.98 200.4 10.01 -28.53 895.3 4.868 -20.84 -23.43 
7479 0.8131 -29.96 199.8 10.02 -28.62 975.9 4.664 -20.94 -23.52 
6633 0.1064 -29.99 200.6 15.06 -27.72 605.4 1.287 -18.62 -21.87 
6740 0.252 -29.98 200.6 14.96 -27.76 608.8 2.536 -18.36 -21.79 
6891 0.4104 -29.96 196.7 15.21 -27.75 614.3 3.691 -18.24 -21.72 
7253 0.5565 -29.96 203 15.36 -27.84 645.6 4.541 -18.26 -21.76 
7830 0.6975 -29.96 199.6 15.05 -28.03 718.2 4.721 -18.61 -22.03 
8781 0.7829 -29.93 204 15.05 -28.22 818.5 4.788 -18.82 -22.23 
6521 0.1074 -29.97 200.7 14.99 -27.67 600.9 1.29 -18.77 -21.92 
6851 0.2514 -29.95 197.9 14.92 -27.78 637 2.468 -18.9 -22.04 
7048 0.3809 -29.98 205.4 14.99 -27.85 654.6 3.614 -18.95 -22.1 
7273 0.5747 -29.89 196.7 14.94 -27.84 680.4 4.548 -18.98 -22.11 
8353 0.6784 -29.96 203.5 14.95 -28.17 794.5 5.074 -19.3 -22.43 
8818 0.8145 -29.92 202.6 14.96 -28.22 843.6 4.899 -19.36 -22.49 
3174 0.08267 -29.87 404.1 5.01 -28.29 778.1 3.385 -23.04 -24.39 
4372 0.246 -29.93 407.1 5.059 -28.78 1083 8.743 -23.43 -24.78 
5580 0.3971 -29.91 401 5.074 -29 1401 13.76 -23.78 -25.11 
6255 0.5486 -29.88 400.2 5.118 -29.06 1575 17.03 -23.82 -25.16 
7154 0.7139 -29.87 396 5.027 -29.17 1863 19.22 -24.06 -25.36 
7775 0.7815 -29.86 408.6 5.024 -29.21 2045 20.43 -24.15 -25.46 
4558 0.1049 -29.97 400.2 10.27 -27.71 552.5 4.167 -19.98 -22.66 
5563 0.2539 -29.94 399.6 10.03 -28.13 700.8 8.874 -20.5 -23.1 
6786 0.395 -29.9 402 10.04 -28.42 870.7 13.56 -20.82 -23.4 
7950 0.5537 -29.87 400.2 9.928 -28.62 1053 17.57 -21.1 -23.63 
8448 0.6949 -29.87 400.6 9.975 -28.69 1125 19.41 -21.08 -23.63 
9386 0.8241 -29.85 396.7 10.01 -28.79 1269 18.92 -21.18 -23.72 
5712 0.08747 -29.95 407.1 14.98 -27.33 499.7 3.9 -17.6 -21.29 
6710 0.2486 -29.93 401.3 15.02 -27.69 595.5 8.903 -17.99 -21.66 
7804 0.3994 -29.91 398.8 15.09 -27.98 704.2 13.48 -18.25 -21.92 
8823 0.5509 -29.87 401.5 14.97 -28.18 813.8 17.27 -18.51 -22.13 
9491 0.6933 -29.87 402.5 15.04 -28.28 882.8 19.57 -18.57 -22.2 
10463 0.8178 -29.85 401.9 15.06 -28.41 990.1 19.61 -18.71 -22.33 
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Table A.5 R410A data for the 6.1 mm tube at the evaporation temperature of –15 °C 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
2042 0.0985 -15.22 100.8 4.991 -12.77 366.3 0.00344 -5.206 -8.333 
2172 0.2547 -15.2 97.86 5.027 -12.89 387.8 0.09067 -5.24 -8.356 
2254 0.4142 -15.19 97.61 5.094 -12.93 397.8 0.5644 -5.305 -8.435 
2299 0.5772 -15.18 98.11 4.984 -13.01 414.1 0.591 -5.539 -8.588 
2268 0.7305 -15.04 97.36 4.823 -12.92 420.6 0.6871 -5.556 -8.535 
2106 0.8303 -15.16 97.38 4.931 -12.82 381.6 0.6403 -5.308 -8.397 
3429 0.1127 -15.2 94.15 10.18 -12.24 343.6 0.05526 -2.682 -6.627 
3560 0.2537 -15.19 96.8 9.99 -12.38 362.8 0.09827 -3.049 -6.912 
3581 0.4216 -15.15 97.98 10.08 -12.34 361.9 0.5796 -2.979 -6.877 
3640 0.5712 -15.17 96.81 10.01 -12.42 370.1 0.591 -3.101 -6.975 
3732 0.6955 -15.19 100.1 10.16 -12.47 374.4 0.7679 -3.018 -6.963 
3646 0.78 -15.2 102.8 10.17 -12.41 364.3 0.913 -2.82 -6.819 
4443 0.108 -15.17 102 15.3 -11.73 352.9 0.03757 -1.158 -5.088 
4489 0.2468 -15.21 98.39 14.9 -11.89 364.3 0.1353 -1.586 -5.397 
4508 0.4125 -15.16 95.68 15 -11.84 363.7 0.5783 -1.493 -5.324 
4604 0.5588 -15.17 97.93 14.97 -11.92 372.1 0.5948 -1.596 -5.408 
4650 0.7174 -15.14 99.45 15.07 -11.9 373.8 0.8007 -1.566 -5.395 
4256 0.8197 -15.11 100.4 14.78 -11.64 346 0.749 -1.342 -5.16 
2572 0.09626 -15.2 200.7 4.976 -13.26 465.4 0.3581 -5.524 -8.595 
2701 0.2527 -15.15 199.2 4.986 -13.3 488.3 1.436 -5.666 -8.71 
2989 0.3967 -15.13 199.3 4.971 -13.47 543 2.762 -5.897 -8.896 
3280 0.5544 -15.1 200.1 4.979 -13.58 595.3 4.122 -5.979 -8.957 
3601 0.725 -15.12 198.8 4.992 -13.73 654.2 4.728 -6.183 -9.133 
3829 0.8146 -15.11 202.7 4.963 -13.82 701.6 4.9 -6.353 -9.268 
3870 0.09604 -15.19 198.7 10.06 -12.59 389.3 0.3667 -3.136 -7.111 
4283 0.2582 -15.17 200.2 10.04 -12.82 432.4 1.533 -3.486 -7.397 
4568 0.4123 -15.18 197.9 10.05 -12.98 461.6 2.926 -3.686 -7.581 
4863 0.5576 -15.14 201.2 10.13 -13.06 489.6 4.288 -3.746 -7.641 
5201 0.7053 -15.1 197.9 10.03 -13.17 529.5 4.816 -3.991 -7.834 
5363 0.799 -15.07 202.7 10.01 -13.21 548.2 5.117 -4.043 -7.869 
4729 0.09805 -15.17 198 15.16 -11.97 373.1 0.3671 -1.011 -5.14 
5106 0.2548 -15.17 198.2 14.99 -12.23 408.2 1.412 -1.497 -5.508 
5361 0.4002 -15.15 198.4 15.05 -12.34 427.4 2.749 -1.611 -5.628 
5289 0.5407 -15.15 200.5 15.03 -12.31 420.5 4.097 -1.597 -5.645 
5687 0.704 -15.08 199.5 15.13 -12.42 450.8 4.78 -1.676 -5.722 
5661 0.8193 -15.1 199.1 15.06 -12.44 450.6 4.747 -1.72 -5.749 
3793 0.09604 -15.2 298.8 10.09 -12.54 382.2 1.086 -3.077 -7.037 
4623 0.2521 -15.17 297.7 10 -13.01 470.8 3.825 -3.729 -7.599 
5461 0.3916 -15.07 301.9 10.01 -13.23 559.8 6.877 -4.087 -7.916 
6165 0.5455 -15.09 301.3 10 -13.47 638.2 9.37 -4.384 -8.178 
6671 0.7033 -15.01 299.9 9.995 -13.51 695.9 10.59 -4.473 -8.234 
6997 0.7974 -14.99 298.5 10.07 -13.55 728.8 10.79 -4.501 -8.278 
2356 0.09662 -15.15 399 5.011 -13.03 423.8 2.164 -5.436 -8.483 
3694 0.2535 -15.02 399.5 5.053 -13.66 665.1 7.124 -6.296 -9.231 
4511 0.4042 -15.01 398.1 5.045 -13.89 821.7 11.9 -6.609 -9.483 
5168 0.5489 -14.88 399.8 4.944 -13.92 968.3 15 -6.823 -9.617 
5533 0.6966 -14.85 399.3 5.016 -13.95 1029 16.57 -6.741 -9.554 
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Table A.5 Continued 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
5696 0.8171 -14.89 396 5.085 -13.99 1047 17.02 -6.812 -9.653 
3735 0.0897 -15.19 399.6 10.09 -12.48 374.5 2.006 -2.826 -6.899 
5342 0.2409 -15.11 403.2 10.06 -13.23 545.4 6.865 -3.784 -7.723 
6302 0.3918 -14.98 400 10.05 -13.38 651.8 11.65 -4.12 -7.995 
7039 0.5495 -14.92 399.8 10.01 -13.5 738.9 15.07 -4.326 -8.159 
7516 0.6907 -14.86 399.7 10.07 -13.52 790 16.58 -4.382 -8.225 
8023 0.807 -14.84 400.9 10.1 -13.58 849.4 17.5 -4.44 -8.269 
4349 0.101 -15.15 401.1 14.98 -11.71 343.7 2.457 -0.9853 -5.048 
5698 0.2519 -15.03 397.6 15.18 -12.37 448.1 7.266 -1.708 -5.739 
6622 0.4049 -14.91 397.3 15.17 -12.62 524.9 12.02 -2.048 -6.032 
7299 0.5633 -14.96 399.3 15.15 -12.89 583.9 15.3 -2.386 -6.323 
7827 0.7088 -14.86 399.8 15.19 -12.92 628.9 16.92 -2.464 -6.389 
8362 0.8203 -14.91 404.2 15.14 -13.1 679.1 18.06 -2.712 -6.592 
Table A.6 R410A data for the 6.1 mm tube at the evaporation temperature of –30 °C 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
1531 0.08972 -30.06 101.7 4.935 -26.83 301.4 0.1501 -17.69 -20.92 
1770 0.2414 -30.04 103.4 5.1 -27.16 337.5 0.5973 -17.82 -21.1 
2019 0.3943 -30.02 102.3 5.122 -27.48 383.3 0.9966 -18.26 -21.49 
2099 0.5582 -29.97 101.3 5.155 -27.51 396.8 1.587 -18.35 -21.57 
2224 0.7082 -30 101.1 5.081 -27.72 427.2 1.799 -18.72 -21.88 
2480 0.8158 -29.92 100.5 5.136 -27.85 471.4 1.782 -18.8 -21.95 
2774 0.09417 -30.05 101.8 10.03 -26.43 301.8 0.1451 -16.47 -20.52 
3058 0.2564 -29.98 100.2 10.01 -26.71 332.8 0.5872 -16.86 -20.85 
3249 0.4001 -30.03 101 10.04 -26.94 353.1 1.057 -17.07 -21.05 
3309 0.5649 -29.99 99.56 10.04 -26.96 359.4 1.589 -17.11 -21.07 
3495 0.7132 -29.96 99.06 10.07 -27.08 378.3 1.791 -17.23 -21.19 
3528 0.8296 -29.95 98.25 10.02 -27.11 383.9 1.689 -17.34 -21.27 
3488 0.103 -30.16 100.1 14.84 -25.91 299.1 0.1755 -14.92 -18.81 
3811 0.2562 -30.03 100.6 15.13 -26.06 320.9 0.6049 -14.97 -18.89 
3891 0.4133 -29.98 98.88 15.12 -26.09 328.1 1.159 -15.02 -18.93 
3928 0.5538 -30 100.9 15.15 -26.14 330.6 1.701 -15.03 -18.95 
4015 0.7089 -29.96 101 14.9 -26.25 342.5 1.804 -15.36 -19.2 
4071 0.811 -29.92 101.5 15.07 -26.22 344.1 1.758 -15.3 -19.16 
1859 0.08642 -30.05 205 5.222 -27.24 349.2 0.8793 -17.53 -20.88 
2033 0.255 -30 199.9 5.087 -27.5 391.5 3.067 -17.87 -21.1 
2375 0.3943 -29.91 202.8 5.172 -27.73 449.8 5.442 -18.05 -21.28 
2746 0.5589 -29.84 198.9 5.205 -27.94 518.3 7.06 -18.39 -21.58 
3084 0.688 -29.76 205.9 5.167 -28.08 586.9 8.48 -18.66 -21.8 
3279 0.803 -29.83 202.1 5.239 -28.23 614.3 8.225 -18.73 -21.88 
3126 0.09855 -30.1 196.8 10.08 -26.87 340.5 0.792 -16.85 -20.9 
3529 0.2561 -30.01 199.2 10.14 -27.14 382 3.009 -17.14 -21.17 
4022 0.3984 -29.91 199.1 10.09 -27.41 437.3 5.307 -17.53 -21.49 
4542 0.5558 -29.87 199.5 10.16 -27.63 491.2 7.159 -17.76 -21.72 
4994 0.7135 -29.82 199.4 10.08 -27.81 545.3 7.991 -18.08 -21.97 
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Table A.6 Continued 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
Q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
5136 0.8053 -29.87 200.4 10.1 -27.9 560.3 8.026 -18.15 -22.03 
3652 0.09919 -30.06 201.8 15.07 -25.93 305.8 0.9944 -14.49 -18.58 
4064 0.2583 -30.01 197.2 15.06 -26.3 340.1 3.166 -14.91 -18.96 
4476 0.392 -29.89 204.4 15.08 -26.52 373.5 5.565 -15.14 -19.17 
4914 0.5319 -29.78 205.9 15.07 -26.72 410.3 7.502 -15.45 -19.44 
5235 0.7058 -29.82 199.6 15.14 -26.93 435.6 8.056 -15.64 -19.63 
5560 0.8034 -29.81 201.7 15 -27.11 465.8 8.168 -15.95 -19.87 
2020 0.092 -29.97 402.7 5.008 -27.49 393.7 3.839 -18.26 -21.4 
2741 0.1975 -29.79 399.2 5.077 -27.94 527.4 9.795 -18.82 -21.91 
3071 0.09113 -29.96 402.7 10.08 -26.68 330 3.8 -16.57 -20.68 
4514 0.1972 -29.8 400.3 10.09 -27.56 486.2 9.886 -17.66 -21.64 
3354 0.09612 -29.93 401.3 15.18 -25.41 276.1 4.442 -13.65 -17.92 
5029 0.2076 -29.74 399.6 15.13 -26.73 416.6 10.74 -15.29 -19.36 
Table A.7 R22 data for the 6.1 mm tube at the evaporation temperature of –15 °C 
HTC 
[W/m2K] x 
TEvap 
[°C] 
G 
[kg/m2s] 
q 
[kW/m2] 
Tw 
[°C] 
HTC 
uncertainty
[W/m2K] 
Pressure 
drop 
[kPa] 
THFE,i 
[°C] 
THFE,o 
[°C] 
3157 0.1001 -15.65 200.6 10.14 -12.44 309 0.7902 -2.771 -6.762 
3238 0.2489 -15.5 198.8 9.989 -12.42 320 2.406 -2.877 -6.844 
3696 0.3952 -15.55 198.9 10.08 -12.83 361.4 4.364 -3.23 -7.186 
4393 0.5796 -15.42 194.7 10.31 -13.07 419.9 5.901 -3.42 -7.392 
5060 0.6913 -15.32 200.4 10.28 -13.29 483.7 6.859 -3.778 -7.7 
5597 0.8004 -15.37 200.3 10.2 -13.55 538.7 6.812 -4.182 -8.041 
2841 0.1028 -15.53 297.6 10.14 -11.96 278.9 2.113 -2.396 -6.368 
3759 0.2424 -15.36 303.8 10.14 -12.66 366 6.136 -3.304 -7.183 
4729 0.3905 -15.28 300.2 10.18 -13.13 456.6 9.917 -3.863 -7.688 
5572 0.5557 -15.05 298.4 10.32 -13.2 530 12.65 -3.916 -7.742 
6538 0.7092 -15.12 298.6 10.36 -13.53 618.7 14.15 -4.293 -8.094 
7023 0.8087 -15.11 300.8 10.32 -13.64 667.1 14.87 -4.499 -8.265 
3037 0.09656 -15.45 401.8 10.23 -12.08 297.2 3.573 -2.481 -6.437 
4598 0.2463 -15.08 399.3 10.14 -12.88 448 10.58 -3.558 -7.359 
6099 0.4429 -15.01 402.6 10.46 -13.29 576.3 17.42 -3.906 -7.748 
6692 0.5455 -15.01 402.2 10.51 -13.44 629.3 19.3 -4.071 -7.899 
7485 0.6979 -14.94 400.8 10.31 -13.56 715.3 22.14 -4.393 -8.119 
8166 0.798 -14.91 402.3 10.48 -13.62 770.2 24.28 -4.354 -8.118 
 
